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Abstract 
 
Accurate and repeatable heat-transfer data are reported for forced-convection filmwise 
condensation of steam and ethylene glycol flowing vertically downward over two 
single, horizontal instrumented integral-fin tubes and one plain tube. Vapour-side, 
heat-transfer coefficients were obtained by direct measurement of the tube wall 
temperature using specially manufactured, instrumented tubes with thermocouples 
embedded in the tube walls. Both tubes had fin height of 1.6 mm and fin root diameter 
of 12.7 mm, with fin thickness and spacing of 0.3 mm and 0.6 mm, respectively for 
the first tube and 0.5 mm and 1.0 mm respectively for the second. Tests were 
performed at atmospheric pressure for steam with nominal vapour velocities from 
2.4 m/s to 10.5 m/s and at three pressures below atmospheric with nominal vapour 
velocities from 8.4 m/s to 57 m/s for steam and 13 m/s to 82 m/s for ethylene glycol. 
The data show that both the finned tubes provide an increase in heat flux at the same 
vapour-side temperature difference with increasing vapour velocity. Visual 
observations were made and photographs obtained of the condensate retention angle 
at each combination of vapour velocity and pressure. It was observed that the 
curvature of the meniscus was distorted by the increase in vapour velocity and in 
many cases, the extent of condensate flooding changed compared to its value in the 
quiescent vapour case. 
 
In parallel, experiments involving simulated condensation on finned tubes were 
conducted using horizontal finned tubes in a vertical wind tunnel. Condensate was 
simulated by liquid (water, ethylene glycol and R-113) supplied to the tube via small 
holes between the fins along the top of the tube. Downward air velocities up to 24 m/s 
were used and retention angles were determined from still photograph. Eight tubes 
with a diameter at the fin root of 12.7 mm were tested.  Five tubes of which had fin 
height of 0.8 mm and spacing between fins of 0.5 mm, 0.75 mm, 1.0 mm, 1.25 mm 
and 1.5 mm and three tubes had fin height 1.6 mm with fin spacings 0.6 mm, 1.0 mm 
and 1.5 mm. The results were repeatable on different days and suggested, for all tubes 
and fluids, that the retention angle asymptotically approached a value around 80
o
 to 
85
o
 (from either lower or higher values at zero vapour velocity) with increase in air 
velocity. Good agreement was found with observations taken during the condensation 
experiments. 
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Nomenclature 
 
𝐴  heat exchanger area;  
  constant in equation 2.27;  
  empirical constant in equations 2.68, 2.95 and 2.96;    
Ad  outside surface area of plain tube, 𝜋𝑑𝑙 
𝐴f  surface area of fin flank for horizontal finned tube 
𝐴i  inside surface area of tube, 𝜋dil 
𝐴r  surface area of inter-fin spaing  
𝐴ts   cross sectional area of test section 
𝐴   constant in equations 7.1 and 7.2 
𝑎   constant in equation 2.51; 
empirical constant in equations 2.95 and 2.96 
𝐵   defined in equation 2.36; 
empirical constant in equation 2.68 
𝐵1 dimensionless constant in equation 2.71 
𝐵flank  dimensionless constant in equation 2.70 
𝐵int  dimensionless constant in equation 2.71 
𝐵tip  dimensionless constant in equation 2.69 
𝑏  fin spacing at fin tip; 
constant in equation 2.52 
𝐶   constant defined in equation 2.92 
𝑐𝑃  specific isobaric heat capacity of condensate 
𝑐𝑃,c     specific isobaric heat capacity of coolant evaluated at the arithmetic 
                     mean coolant temperature between Tc,in and Tc,out  
𝑐𝑃,v   specific isobaric heat capacity of the vapour evaluated at 𝑇∞  
𝑑 outside tube diameter (or fin root diameter for finned tubes)  
𝑑h  diameter of holes along the top of tube in simulated condensation 
experiment 
𝑑i   internal diameter 
𝑑0 diameter at fin tip   
𝑑tc   diameter of thermocouple positions in test tubes 
𝐸  thermo-emf 
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𝐸diff   thermo-emf reading from the 10-junction thermopile 
Δ𝐸fric    thermo-emf reading due to frictional dissipation 
𝐸in   thermo-emf reading from the inlet thermocouple 
𝐸m  thermo-emf reading corresponding to midpoint of the tube 
𝐹  dimensionless quantity, 𝜇𝑕fg𝑑𝑔 𝑈v
2𝑘∆𝑇  
𝑓f   fraction of fin flank above 𝜙f  blanked by retained condensate 
𝑓s   fraction of inter-fin tube space blanked by retained condensate 
𝑓x   radial component of gravity 
𝐺   dimensionless quantity defined in equation 2.45 
𝑔  specific force of gravity 
𝑔x  x component of specific force of gravity 
𝐻   dimensionless quantity, 𝑐𝑃Δ𝑇/𝑕fg  
𝐻1,𝐻2,𝐻3 liquid levels of mercury and test fluid in manometer (see Fig. 4.12) 
𝑕   radial fin height 
𝑕fg   specific enthalpy of evaporation 
𝑕v  mean vertical fin height 
𝐼  actual current of each phase of the power input 
𝐼o,i  output of current transformers 
𝑖  𝑖𝑡𝑕  heater phase (i.e. red, blue or yellow) 
𝐽   dimensionless quantity, 𝑘Δ𝑇/𝜇𝑕fg  
𝐾L    a constant obtained from a heat loss experiment 
𝑘  thermal conductivity of condensate 
𝑘f  thermal conductivity of saturated liquid 
𝑘v   thermal conductivity of vapour 
𝑘w   thermal conductivity of tube material 
𝐿   total length of test tube  
𝐿f  mean vertical fin height as defined in equation 2.56b 
LMTD   Log mean temperature difference  
𝐿ϕ  vertical height of the meniscus above the bottom of tube at fin tip 
𝑀vap   molar mass of vapour 
𝑀air   molar mass of air  
𝑚   local condensate mass flux;  
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empirical constant in equation 2.96; 
defined in equation 2.77b 
𝑚   mass flow rate of the fluid 
𝑚 c    mass flow rate of coolant 
𝑚 v   mass flow rate of vapour 
𝑁𝑢  Nusselt number 
𝑁𝑢d   mean Nusselt number for horizontal tube 
𝑁𝑢Nu d   mean Nusselt number for horizontal tube from Nusselt theory 
𝑛   empirical constant in equation 2.89 
𝑃  pressure 
𝑃sat   saturation pressure 
𝑃sat (𝑇v) saturation pressure of vapour calculated from the measured upstream 
temperature 𝑇v   
𝑃ts   test section vapour pressure 
𝑃∗  dimensionless quantity, 𝜌v𝑕fg𝑣 𝑘∆𝑇  
𝑃∞   free stream vapour pressure 
𝑝  fraction of fin surface with intensive heat flux used in equation 2.85; 
fin pitch 
𝑃1  pressure at point 1 of cylinder‟s surface 
𝑃2  pressure at point 2 of cylinder‟s surface 
𝑃am   atmospheric pressure 
𝑃a    ambient pressure remote from the tube (used in Chapter 6) 
𝑃B   barometer pressure reading 
𝑃BC   barometer temperature correction  
𝑃𝑟   Prandtl number of condensate 
𝑃𝑟c  Prandtl number of coolant 
𝑃∞   test section vapour pressure 
𝑃ϕ   pressure at position 𝜙 around tube surface 
𝑃ϕf    pressure at the fluid retention position 𝜙f   
𝑃π   pressure at position π 
𝑄B  total power dissipated in all three boilers 
𝑄L   heat loss from apparatus  
𝑄   total heat-transfer rate to the test tube coolant 
13 
 
𝑞   heat flux 
𝑞flank  heat flux to fin flank in „unflooded‟ part of tube 
𝑞i  heat flux on the inside of the test tube 
𝑞int  heat flux to inter-fin space in „unflooded‟ part of tube 
𝑞o         heat flux on the outside of the test tube  base on diameter at fin tip 𝑑o  
𝑞tip  heat flux to fin tip 
𝑞tip ,flood  heat flux to fin tip in „flooded‟ part of tube 
𝑞∗  dimensionless local heat flux defined in equation 2.30 
R  specific ideal gas constant; 
  radius of tube; 
  resistance of the platinum resistance thermometer 
𝑅0  fin tip radius 
𝑅𝑒a  Reynolds number of air, 𝑈a𝜌a𝑑 𝜇a   
𝑅𝑒crit   critical Reynolds number 
𝑅𝑒v  Reynolds number of vapour, 𝑈v𝜌v𝑑 𝜇v  
𝑅 𝑒d   two-phase Reynolds number for horizontal tube, 𝑈∞𝜌𝑑 𝜇  
𝑅 𝑒t two phase Reynolds number based on fin tip, 𝑈v𝑑o 𝜈  
𝑅 𝑒r  two phase Reynolds number based on fin root, 𝑈v𝑑 𝜈   
𝑟   local radius of curvature of condensate surface 
𝑟w   radius of curvature of the fin surface 
𝑟x   local radius of curvature of the condensate surface in the radial plane 
𝑟ϕ  local radius of curvature of the condensate surface in the angular plane 
𝑟  defined in equation 2.34 
𝑠  fin spacing at fin root; 
  co-ordinate measured along the condensate surface 
𝑇  absolute temperature 
𝑇B   barometer temperature 
𝑇c   temperature of the cold fluid 
𝑇CR   condensate return temperature 
𝑇c,dif   coolant temperature difference between the inlet and outlet 
𝑇c,in   inlet coolant temperature 
𝑇c,out   outlet coolant temperature 
𝑇h   temperature of the hot fluid 
14 
 
𝑇int   tube surface temperature in inter-fin space 
𝑇ref   reference temperature, see equation 5.13 
𝑇root  fin-root temperature (equal to 𝑇int ) 
𝑇sat   saturation temperature 
𝑇sat  𝑃∞  saturation temperature of vapour evaluated at 𝑃∞  
𝑇tip ,flood  fin-tip temperature in flooded region 
𝑇wk   temperature measured by k
th
 wall thermocouple 
𝑇wi  mean inside wall temperature of test tube  
𝑇v   vapour temperature 
𝑇w   tube wall temperature 
𝑇∞   corrected vapour temperature 
𝑇δ   condensate surface temperature 
𝑇 B,1−3  mean measured vapour temperature in boilers 
𝑇   defined in equation 2.33 
𝑇 0  mean surface temperature of tube 
𝑇 w   non-dimensionalised wall temperature 
𝑇 tc   mean measured temperature from thermocouple 
𝑇 wi    mean inner tube wall temperature 
𝑇 wo   mean outside wall temperature 
𝑡  fin root thickness 
𝑡0 fin tip thickness 
𝑈  x-wise vapour velocity 
𝑈1  velocity at point 1 
𝑈c   velocity of coolant 
𝑈o   overall heat-transfer coefficient 
𝑈crit   critical velocity 
𝑈v   vapour velocity 
𝑈∞   free stream vapour velocity 
𝑢  x-wise condensate velocity 
𝑢δ   x-wise velocity at condensate surface 
𝑢∞   velocity of air in simulated condensation experiment 
𝑉  actual voltage of each phase of the power input; 
  y-wise vapour velocity 
15 
 
𝑉 c   volume flow rate of coolant 
𝑉o,i  output of voltage transformers 
𝑣  y-wise condensate velocity 
𝜈v   specific volume of saturated vapour 
𝑊  mass fraction of air present in the test section 
𝑋  Cartesian co-ordinate,  
 constant obtained from equation B.3 
𝑋w  𝑋 co-ordinate of fin surface 
𝑥 co-ordinate in streamwise direction along surface or co-ordinate 
radially outward along fin flank with 𝑥 = 0 at fin root 
𝑥g    characteristic length for gravity driven flow 
𝑥m   measured experimental value of the variable 
𝑥R     final result of an experiment 
𝑥σ   characteristic length of surface tension driven flow 
𝑌  Cartesian co-ordinate  
𝑌w  𝑌 co-ordinate of fin surface 
𝑦  co-ordinate normal to surface  
𝑦   defined in equation 2.35 
z   dimensionless condensate film thickness defined in equation 2.29 
 
Greek letters 
 
𝛼  mean vapour-side heat-transfer coefficient 
𝛼  constant in equation B.5 
𝛼BK   vapour-side heat-transfer coefficient for horizontal finned tube,  
using Beatty-Katz model (equation 2.61) 
𝛼flank  mean heat-transfer coefficient for un-flooded part of fin flank 
𝛼Nu  vapour-side heat-transfer coefficient calculated using Nusselt (1916) 
theory 
𝛼0  vapour-side heat-transfer coefficient for free-convection  
𝛼RW   vapour-side heat-transfer coefficient for horizontal finned tube,  
using Rudy-Webb model (equation 2.63) 
𝛼r   vapour-side heat-transfer coefficient for fin root 
16 
 
𝛼t   vapour-side heat-transfer coefficient for fin tip 
𝛼tip  heat-transfer coefficient for fin tip over un-flooded part of tube 
𝛼v   vapour-side heat-transfer coefficient for forced-convection  
𝛽  fin tip half angle i.e. angle between fin flank and plane normal to tube 
axis 
𝛽  constant in equation B.6 
𝛾  𝑐𝑃,v  𝑐𝑃,v − 𝑅   
∆𝑃1  mean pressure drop between remote vapour and condensate/vapour 
interface, defined in equation 2.51  
∆𝑃2  mean pressure drop at the condensate/vapour interface arising from 
interface mass-transfer, defined equation 2.52 
∆𝑇  vapour-side temperature difference 
∆𝑇      mean vapour-to-surface temperature difference  
∆𝑇a    temperature difference between hot and cold streams at end a of a heat 
exchanger 
∆𝑇b    temperature difference between hot and cold streams at end b of a heat 
exchanger 
∆𝑇c     coolant temperature rise corrected for frictional dissipation 
∆𝑇c,m   coolant temperature rise before correction for frictional dissipation 
∆𝑇co      temperature difference to account for depth of thermocouple  
∆𝑇flank  local vapour-side temperature difference 
∆𝑇    flank  average vapour-side temperature difference on fin flank 
Δ𝑇i interphase temperature drop due to “inter-face resistance” 
∆𝑇int  vapour-side temperature difference in inter-fin space 
𝛥𝑇i,flank  vapour-liquid interface temperature difference on fin flank 
𝛥𝑇i,int  vapour-liquid interface temperature difference on inter-fin tube surface 
𝛥𝑇i,tip  vapour-liquid interface temperature difference on fin tip 
∆𝑇tip  vapour-side temperature difference at fin tip 
∆𝑇tip,flood  vapour-side temperature difference at fin tip in flooded region 
𝛿  local condensate film thickness 
𝛿𝑥  estimated uncertainty in the measured value  
𝛿𝑥R    resulting uncertainty level in the dependent variable 
17 
 
𝜀∆𝑇  enhancement ratio (heat-transfer coefficient for finned tube based on 
plain tube area at fin root diameter and for same vapour-side 
temperature difference and vapour velocity) divided by heat-transfer 
coefficient for plain tube (at the same fin root diameter, vapour-side 
temperature difference and vapour velocity) 
𝜀0  enhancement ratio for free convection 
𝜁  defined in equation 2.86 
𝜂  temperature recovery factor due to high speed vapour flow over the 
thermocouple probe 
𝜂  fin efficiency 
𝜆  thermal conductivity of condensate 
𝜇  dynamic viscosity of condensate 
𝜇v   dynamic viscosity of vapour 
𝜈  kinematic viscosity of condensate, 𝜇 𝜌  
𝜉  active surface area enhancement, defined in equations 2.47, 2.56 
𝜉 𝜙f  function defined by equation 2.73 
𝜌  density of condensate 
𝜌a    density of air 
𝜌Hg   density of liquid mercury 
𝜌l   density of liquid 
𝜌TF        density of test fluid calculated at ambient temperature 
𝜌v   density of vapour 
𝜌   𝜌 − 𝜌v  
𝜍  surface tension 
𝜏δ   shear stress at condensate surface 
𝜙  angle around the tube measured from top of horizontal tube  
𝜙f  condensate retention angle or “flooding angle” measured from the top 
of a horizontal finned tube to the position at which the inter-fin space 
becomes full of condensate 
𝜙obs   observed “flooding” or retention angle measured from top of tube 
𝜓  angle between normal to fin surface and 𝑌 co-ordinate 
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Subscripts 
 
a  property of air 
a  end a of a heat exchanger 
b  end b of a heat exchanger  
c  property of coolant 
calc  calculated 
eq  equivalent 
exp  experimental 
f  flooding point, flooded region, property of condensate 
finned  finned tube 
i  interface 
l  property of the liquid 
o  outside of finned tube at the fin tip 
obs  observed 
plain  plain tube 
PRT  Platinum Resistance Thermometer 
r  fin root 
sat  saturation  
u  unflooded region 
v  property of vapour  
w  wall 
x  local 
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plain horizontal tube. Data of Lee et al. (1984) for R-113 
with theories of Nusselt (1916) and Fujii et al. (1972) for 
various values of 𝐺 (after Lee et al. (1984)).   
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Fujii et al. (1972) in equation 2.44 and Rose (1984) in 
equation 2.50 over a plain horizontal tube. Taking 𝑎 = 1 and 
𝑏 = 0.8. 
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condensation on horizontal integral-fin tubes (see Table 2.1 
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convection condensation on integral-fin tubes (after Briggs 
and Rose (2009)) (see Table 2.2 for key). 
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correspond to retention levels measured from the top and 
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Chapter 1 
Introduction 
 
Low-finned tubes are widely used in condensing applications, particularly in 
refrigeration and air conditioning. Owing to surface tension effects heat-transfer 
enhancement in excess of area increase due to the fins may be obtained. As well as 
enhancing heat-transfer by providing an additional drainage mechanism, surface 
tension has an adverse effect on heat-transfer due to capillary retention of condensate 
between fins inhibiting heat-transfer on the lower part of condenser tubes. For 
quiescent vapour the problem is now well understood. The extent of retention, 
characterised by the retention angle measured from the top of the tube to the position 
where the interfin space is fully filled with retained condensate, is governed by a 
balance between pressure drop across the meniscus and gravity and can be calculated 
with good accuracy, for example, Honda et al. (1983) and Masuda and Rose (1987). 
The heat-transfer coefficient, which involves retention angle, may be satisfactorily 
predicted for quiescent vapour by an algebraic equation in terms of the fin and tube 
geometry and the relevant fluid properties (see Rose (1994) and Briggs and Rose 
(1994)).  
 
In industrial condensers, the velocity of the vapour can be appreciable. When the 
velocity of the condensing vapour is very high, the resulting shear force on the 
condensate film can act to enhance the heat-transfer. In this case, for finned tubes a 
complete model requires inclusion of vapour velocity in the prediction of retention 
angle and hence heat-transfer. The combined effects of surface tension, gravity and 
vapour shear stress on condensation on integral-fin tubes is only recently receiving 
attention. Experimental data are becoming available, but at present there are no 
reliable models or correlations. A correlation of Briggs and Rose (2009) attempted to 
include these factors in a simple way but with limited success. 
 
The present work is focused on the effect of vapour velocity on heat-transfer and 
retention angle. Condensation is simulated on a tube located horizontally in a vertical 
wind tunnel by supplying a test fluid (water, ethylene glycol and R-113) through holes 
between the fins along the top of the tube. This is a simple means of obtaining 
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extensive systematic data on the dependence of retention angle on vapour velocity, 
geometric variables and fluid properties. Moreover, new experimental data for forced-
convection condensation have been obtained for steam and ethylene glycol 
condensing at atmospheric and low pressure. Two integral-fin instrumented tubes 
were tested with different fin spacings as well as one plain tube, allowing 
enhancement ratios to be calculated. All tubes had four thermocouples embedded in 
the tube wall, enabling very accurate measurements of tube wall temperature to be 
made. Tests were performed for a wide range of operating pressures and vapour 
velocities. Observations were also made of fluid retention angle and these were 
compared to the results for simulated condensation. 
 
This report will initially focus on a review of literature, assessing the achievements 
made on both plain and geometrically enhanced surfaces, for both free and forced 
convection and including theoretical and experimental investigations. The third 
chapter outlines the aim and scope of the present investigation. Following this, the 
experimental apparatus and instrumentation are described for forced-convection 
condensation experiments and simulated condensation experiments. Experimental 
procedures and methods of data processing are given in both cases. Measurements of 
retention angle for both simulated and actual condensation are presented and 
compared and visual observations are then discussed. A small modification is made to 
the Honda et al. (1983) theory to account for the pressure variation around a 
horizontal tube under velocity conditions. Heat-transfer data are presented for steam 
condensing at atmospheric and low pressure and ethylene glycol condensing at low 
pressure. Comparisons are made of the present experimental results with existing 
theoretical models for condensation on finned tubes for forced-convection 
condensation.  
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Chapter 2 
Literature Review 
 
2.1 Introduction 
Heat-transfer on integral-fin tubes has received a significant amount of attention over 
the past few decades. For laminar film condensation on integral fin tubes the effects of 
varying fin height, thickness, spacing and material on the heat-transfer coefficient has 
been well documented and reliable models exist. Less work has been done however, 
on the combined effects of gravity, vapour shear and surface tension, which all play a 
part in the flow of condensate and hence the heat-transfer to a geometrically enhanced 
surface.  
 
The present review is divided into three areas. A brief introduction to industrial heat 
exchangers is followed by detailed reviews of condensation on single plain horizontal 
tubes and condensation on single horizontal integral-fin tubes. Within each area, 
studies covering both free and forced convection condensation are reviewed and 
critically evaluated, including both theoretical and experimental investigations. 
Particular attention is paid to the roles of gravity, surface tension and vapour shear in 
enhancing the vapour-side heat-transfer coefficient. Attention is also paid to the 
phenomena of condensate retention and its effect on the heat-transfer.  
 
2.2 Condensation in industrial condensers 
2.2.1 Applications of condensation in industrial equipment 
The role of heat exchangers has become increasingly important in recent years as 
engineers want to optimize designs not only in terms of thermal analysis and 
economic return on the investment but also in terms of the energy payback of a 
system.  
 
In a regenerative heat exchanger, hot and cold fluids are separated by a wall and heat 
is transferred by a combination of convection to and from the wall and conduction 
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through the wall. The wall can include extended surfaces such as fins or other 
enhancement devices. 
 
A shell-and-tube condenser consists of a bank of tubes within a larger shell with one 
fluid flowing inside the tubes in one or more passes while the other fluid is forced 
through the shell and over the outside of the tubes. The fluid is forced to flow over the 
tubes rather than along the tubes because a higher heat-transfer coefficient can be 
achieved in cross flow than in axial flow. 
 
2.2.2 Log mean temperature difference  
In the design of equipment the concept of log mean temperature difference (LMTD) 
must be considered. The temperature of the fluid in a heat exchanger is not constant 
but varies from point to point as heat flows from the hotter to the colder fluid. 
Temperatures gradients may occur in either or both fluids in a shell-and-tube 
exchanger. For a case where a vapour is condensing at a constant temperature while 
the other fluid is being heated, the heat-transfer through a small element of the tube 
may be determined by,  
 
𝑑𝑞 = 𝑈o𝑑𝐴∆𝑇 
 
Application of the steady flow energy equation to the element gives,    
   
𝑑𝑞 = −𝑚 𝑐𝑝𝑑𝑇 = 𝑈o𝑑𝐴 𝑇h − 𝑇c  
 
where 𝑚  is the mass flow rate of the fluid and 𝑇h  and 𝑇c  are the temperatures of the 
hot and cold fluid respectively. If the overall heat-transfer coefficient 𝑈o  is constant 
and the shell of the exchanger is insulated, equation 2.2 can be integrated to give, 
  
𝑞 = 𝑈o𝐴
Δ𝑇a − Δ𝑇b
ln Δ𝑇a Δ𝑇b  
 
 
(2.1) 
(2.2) 
(2.3) 
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where subscripts a and b correspond to different ends of the heat exchanger and Δ𝑇a  is 
the temperature difference between the hot and cold streams at end a and Δ𝑇b  is the 
temperature difference between the hot and cold streams at end b. Thus we can write, 
 
𝑑𝑞 = 𝑈o𝑑𝐴Δ𝑇     
where 
Δ𝑇    =
Δ𝑇a − Δ𝑇b
ln Δ𝑇a Δ𝑇b  
 
 
This average temperature difference is called the logarithmic mean temperature 
difference which also applies when the temperature of one of the fluids is constant. 
However, the use of LMTD is only an approximation because in practice 𝑈o  is 
generally neither uniform nor constant. In design work however, the overall heat-
transfer coefficient is usually evaluated at the mean section halfway between the ends 
and treated as constant.  
 
2.3 Condensation on horizontal plain tubes  
2.3.1 Introduction 
For condensation on a horizontal tube with steady 2D incompressible laminar flow 
and uniform properties (see Fig. 2.1) the governing equations are: 
 
For the condensate film;  
continuity                                   
𝜕𝑢
∂x
+
∂𝑣
∂y
= 0 
momentum             
𝜌  𝑢
∂𝑢
∂x
+ 𝜈
∂𝑢
∂y
 = 𝜇
∂2𝑢
∂y2
−
d𝑃
dx
+ 𝜌𝑔 sin𝜙 
energy           
𝜌𝑐𝑃  𝑢
∂𝑇
∂x
+ 𝑣
∂𝑇
∂y
 = 𝑘
∂2𝑇
∂y2
 
 
 
(2.6) 
(2.7) 
(2.8) 
(2.4) 
(2.5) 
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and for the vapour boundary layer; 
continuity                     
∂𝑈
∂x
+
∂𝑉
∂y
= 0 
momentum                                     
𝜌v  𝑈
∂𝑈
∂x
+ 𝑉
∂𝑉
∂y
 = 𝜇v
∂2𝑈
∂y2
−
d𝑃
dx
 
 
For a pure, saturated vapour, temperature in the vapour is uniform and the energy 
equation is irrelevant. The above analysis is subject to the following boundary 
conditions: 
At the solid surface, y = 0;  
 Zero velocities 
𝑢 = 𝑣 = 0 
 either, uniform wall temperature 
𝑇 = 𝑇w = constant 
  
or, uniform heat flux at the wall 
∂𝑇/ ∂y = constant 
At the liquid-condensate interface, y = δ: 
 Conservation of mass       
𝜌  𝑣 − 𝑢
dδ
dx
 = 𝜌𝑣  𝑉 − 𝑈
dδ
dx
  
 Stream-wise velocity continuity                   
𝑢 = 𝑈 
 Continuity of shear stress       
𝜇
∂𝑢
∂𝑦
= 𝜇v
∂𝑈
∂y
 
  
Uniform surface temperature of condensate      
𝑇 = 𝑇δ = 𝑇v  
In the remote vapour, y → ∞; 
 For free-convection 𝑈 → 0 
(2.9) 
(2.10) 
(2.11) 
(2.12a) 
(2.12b) 
(2.13) 
(2.14) 
(2.15) 
(2.16) 
(2.17a) 
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For forced-convection, and assuming potential flow outside the vapour 
boundary layer, 
𝑈 → 2𝑈∞ sin𝜙 
The problem is closed by the relationship between condensation rate and heat transfer. 
Conservation of mass and energy in the film give, 
 
𝑘  
𝜕𝑇
𝜕𝑦
 
δ
= 𝜌𝑕fg
𝑑
𝑑𝑥
  𝑢dy
𝛿
0
  
 
𝑘  
∂𝑇
∂y
 
0
= 𝜌
d
dx
   𝑕fg + 𝑐𝑃 𝑇δ − 𝑇  𝑢dy
𝛿
0
  
 
2.3.2 Free-convection condensation  
Nusselt (1916) provided a theoretical solution for free-convection condensation for a 
uniform condensate surface to vapour side temperature difference. The study 
neglected the inertia and pressure gradient terms in equation 2.7 and the convection 
terms in equation 2.8. Drag of the stationary vapour on the condensate film was also 
neglected with the shear stress at the condensate surface set to zero. The conservation 
equations for the vapour were not therefore needed. By equating the forces of gravity 
and viscosity and assuming a linear temperature profile, expressions were obtained for 
the mean Nusselt number for a horizontal tube, 
                
𝑁𝑢d =
𝑞 d𝑑
𝑘Δ𝑇
= 0.728  
𝜌 𝜌 − 𝜌v 𝑔𝑕fg𝑑
3
𝜇𝑘Δ𝑇
 
1
4
 
 
where 𝑞 d =
𝑘∆𝑇
𝐿
 δ−1d𝜙
𝜋
0
 
 
In practice, both inertia and vapour shear stress act to retain the condensate film on 
the surface and neglecting these effects could in theory cause the model to over 
predict the heat-transfer. Moreover, convection acts to enhance the heat-transfer so 
neglecting the convection terms leads to an underestimate of the heat-transfer. The 
approximations in the theory therefore, may cancel each other to some degree.  
 
(2.17b) 
(2.20) 
(2.18) 
(2.19) 
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Sparrow and Gregg (1959) carried out a boundary layer analysis for laminar film 
condensation on a horizontal cylinder where both the inertia and convection terms in 
equations 2.7 and 2.8 were included. As with the Nusselt (1916) solution the shear 
stress at the liquid-vapour boundary was neglected. A similarity solution was used to 
show that the surface heat-transfer could be represented by the following form,    
                    
𝑁𝑢d
𝑁𝑢Nu d
= Φ 
𝑐𝑃Δ𝑇
𝑕fg
,𝑃𝑟  
 
Fig. 2.2 shows the Numerical results for a range of 𝑐𝑃∆𝑇/𝑕fg  and various values of 
𝑃𝑟. At high values of 𝑐𝑃∆𝑇/𝑕fg  the increase in 𝑁𝑢d /𝑁𝑢Nu d  at high 𝑃𝑟 and the 
decrease in 𝑁𝑢d /𝑁𝑢Nu d  for low 𝑃𝑟, are due to convection and inertia effects, 
respectively. However, in practice the value of 𝑐𝑃∆𝑇/𝑕fg  is rarely sufficiently high for 
these effects to be important.   
 
Chen (1961) treated the problem in the same way as Sparrow and Gregg (1959) but 
included the effect of vapour shear stress on the condensate film by eliminating the 
existing vapour boundary layer equations. Alternative, more realistic boundary 
conditions were employed  y = δ  for stationary vapour; i.e. instead of zero shear 
stress at the interface, the interfacial shear stress was defined as, 
 
𝜏δ = −𝑚 𝑢δ  
 
This is the asymptotic value of 𝜏δ  when 𝑚 → ∞ and its use eliminates the need to 
include the vapour boundary layer. The result was presented as follows, 
 
𝑁𝑢
𝑁𝑢Nu
= Φ 
𝑐𝑃Δ𝑇
𝑕fg
,
𝑘∆𝑇
𝜇𝑕fg
  
 
Chen suggested the following equation which approximates the numerical results to 
within 1 %, 
 
 
(2.21) 
(2.22) 
(2.23) 
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𝑁𝑢
𝑁𝑢Nu
=  
1 + 0.68𝐻 + 0.02𝐻𝐽
1 + 0.85𝐽 − 0.15𝐻𝐽
  
 
where 𝐻 = 𝑐𝑃Δ𝑇/𝑕fg   
and 𝐽 = 𝑘Δ𝑇/𝜇𝑕fg  
Note that 𝑃𝑟 = 𝐻 𝐽 .  
Comparison with the Sparrow and Gregg result in Fig. 2.3 highlights that the effect of 
surface shear is negligible at high values of 𝐻 and where 𝑃𝑟 is large. However, the 
effect becomes more significant at low Pr values, particularly for the highest values of 
𝐻 and 𝐽. Again, in practice 𝐻 is usually small and therefore this effect becomes 
insignificant. 
 
Memory and Rose (1991) addressed the Nusselt idealisation of uniform wall 
temperature. They pointed out that the experimental measurements show a significant 
temperature variation around the tube surface during condensation. They employed a 
cosine distribution of vapour to surface temperature drop, ∆𝑇 across the condensate 
film as follows,  
                        
∆𝑇 = ∆𝑇     1 − 𝐴 cos𝜙  
 
where 𝐴 is a constant  0 ≤ 𝐴 ≤ 1 . They determined, on the basis of mass, 
momentum and energy, a differential equation for the local condensate film thickness. 
This was non-dimensionalised to give, 
            
dz
d𝜙
4
3
𝑧 cot𝜙 −
2 1 − 𝐴 cos𝜙 
sin𝜙
= 0 
where 
𝑧 =
𝑔𝜌𝜌 𝑕fg
𝜇𝑑𝑘∆𝑇    
δ4 
 
The numerical results in Fig. 2.4 for various values of 𝐴 show that when 𝐴 = 0, the 
dependence of dimensionless film thickness on angle corresponds with the original 
uniform surface temperature result of Nusselt (1916), where surface temperature is 
(2.24) 
(2.25) 
(2.26) 
(2.27) 
(2.28) 
(2.29) 
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uniform. At the extreme case of 𝐴 = 1, the film thickness varies from zero at the top 
of the tube to a maximum value of twice the mean at the bottom of the tube. They 
then moved on to look at the local heat flux which they expressed in dimensionless 
form, 
 
𝑞∗ = 𝑞  
𝜇𝑑
𝜌𝜌 𝑔𝑕fg𝑘3Δ𝑇    3
 
1
4
=  1 − 𝐴 cos𝜙 𝑧−
1
4 
 
Numerical results shown in Fig. 2.5 for the dependence of the dimensionless heat flux 
 𝑞∗ on position around the tube 𝜙, for various values of 𝐴, show that maximum heat 
flux can be achieved on the lower half of the tube. This reaches a maximum of around 
1.15 at 𝜙 ≈ 2𝜋 3  before decreasing to zero at 𝜙 = 𝜋 where the film thickness 
becomes infinite. This can be seen in comparison to the Nusselt result of  𝑞∗  which 
decreases from about 0.9 at 𝜙 = 0 to zero at 𝜙 = 𝜋. Following this, an expression for 
the mean heat flux 𝑞  was given as, 
 
𝑞 =
1
𝜋
 𝑞𝑑𝜙 =  
𝜌𝜌 𝑔𝑕fg𝑘
3Δ𝑇    3
𝜇𝑑
 
1
4𝜋
0
1
𝜋
  1 − 𝐴 cos𝜙 𝑧−
1
4
𝜋
0
𝑑𝜙 
 
However, when equation 2.31 was evaluated numerically for various values of in the 
range of 0 - 1, (i.e. for cases with strong surface temperature variation), the value of 𝐴 
was constant to four significant figures indicating that the mean heat-transfer 
coefficient is largely unaffected by non-uniform surface temperature, i.e. calculations 
involving Δ𝑇      instead of the uniform ∆𝑇. It was consequently concluded that despite 
the wide variation with angle of 𝛿 and 𝑞, the effect on the mean heat-transfer 
coefficient were minimal, leading to the conclusion that the original Nusselt theory 
assuming an average value of Δ𝑇 still gives accurate mean heat-transfer coefficient. 
 
Zhou and Rose (1996) investigated the effect of two-dimensional conduction in the 
condensate film on a horizontal tube with non-uniform tube wall surface temperature. 
They aimed to address the problem of earlier solutions where the local radial 
conduction across the condensate film was assumed. The differential equation for the 
local film thickness is modified to give, 
(2.30) 
(2.31) 
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sin𝜙
𝑑𝑧
𝑑𝜙
+
4
3
𝑧 cos𝜙 + 2 
𝜕𝑇 
𝜕𝑦 
 
y =1
= 0 
where            
𝑇 =
𝑇∞ − 𝑇
𝑇∞ − 𝑇 0
=
𝑇∞ − 𝑇
∆𝑇    
 
 
and 𝑦 = 𝑦 𝛿 . The conduction for the condensate film was expressed as, 
            
1
𝑟 
𝜕
𝜕𝑟 
 𝑟 
𝜕𝑇 
𝜕𝑟 
 +
1
𝑟 2
𝜕2𝑇 
𝜕𝜙2
= 0 
 
where 𝑟 =  𝑅 + 𝑦 𝑅  and 𝑅 is the radius of the tube and 𝑦 the radial distance from 
the surface. The problem was solved iteratively to provide a solution for equation 2.33 
as follows, 
                      
 
𝜕𝑇 
𝜕𝑦 
 
y =1
= 2𝐵 𝑧 
1
4  
𝜕𝑇 
𝜕𝑟 
 
r =1+2Bz1 4 
 
 
where  
𝐵 =  
𝜇𝑘∆𝑇    
𝜌𝜌 𝑔𝑑3𝑕fg
 
1 4 
 
 
The numerical result shows that only for extreme values of 𝐵 is the Nusselt number in 
significant error, i.e. by around 15 % at 𝐵 = 0.1, in which case the Nusselt number 
would be conservative. For the normal range i.e. 𝐵 < 0.01 the analysis provides a 
marginally thinner condensate film and subsequently marginally higher heat fluxes. It 
was found that for values of 𝐵 ≤ 0.01  the values of 𝑧 and 𝑞∗ coincide in close 
agreement with that of the previous Memory and Rose (1991) solution, as can be seen 
from a comparison of the two results in Fig. 2.5.  
 
 
 
(2.36) 
(2.32) 
(2.33) 
(2.34) 
(2.35) 
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2.3.3 Forced-convection condensation  
(a) Theoretical investigations 
Sugawara et al. (1956) used boundary layer theory for flow over a cylinder to 
determine the vapour shear on the condensate. Interfacial shear stress was assumed to 
be the same as for flow over a dry, impermeable cylinder as follows, 
 
 𝜏𝛿 𝜙 =
𝜌𝑣𝑈∞
2
2 𝑅𝑒v,d
𝐴 𝜙  
where 
𝐴 𝜙 = 6.0222𝜙 − 2.1114𝜙3 − 0.4053𝜙5 
 
Equation 2.37 gives 𝜏δ = 0 at 𝜙 = 83.3°, at which point the vapour boundary layer is 
assumed to separate from the liquid film and condensation was assumed to take place 
under Nusselt conditions, where vapour shear stress is zero and drainage is by gravity 
only. Before this point i.e. the forward part of the tube, the local heat-transfer 
coefficient is higher than in the stationary vapour case due to the effect of vapour 
shear stress which acts to thin the condensate film. However, beyond this point, the 
heat-transfer rate is lower than the Nusselt result due to the increased condensate flow 
rate from the forward part of the tube. This is clearly illustrated in Fig. 2.6.    
 
Shekriladze and Gomelauri (1966) argued that the boundary layer does not separate 
due to the high suction caused by condensation and used an asymptotic, infinite 
condensation rate approximation for the interfacial shear stress as follows, 
 
𝜏𝛿 = 2𝑈∞𝑚 sin𝜙 
 
They showed that when gravity is omitted, this gives,  
 
𝑁𝑢d𝑅 𝑒d
−1 2 = 0.9 
 
 
 
 
(2.40) 
(2.37) 
(2.38) 
(2.39) 
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when gravity is included we have the following interpolation formula, 
                               
𝑁𝑢d
𝑅 𝑒d
1 2 
= 0.64 1 +  1 + 1.69𝐹 1 2  
1 2 
 
 
where 𝐹 = 𝜇𝑕fg𝑑𝑔 𝑈v
2𝑘∆𝑇  
 
The dimensionless parameter 𝐹 defines the relative significance of gravity with 
respect to vapour velocity for the condensate film. Equation 2.41 tends to the Nusselt 
solution for high 𝐹 values (i.e. low vapour velocities) and to equation 2.40 for low 
values of 𝐹 (i.e. high vapour velocities). 
                  
In practice, vapour boundary layer separation will occur at a position on the 
downstream side of the tube, therefore the results will only be valid up to the 
separation point. Beyond the separation point, where the actual shear stress is 
assumed to fall to zero, the approximate approach would over estimate the heat-
transfer. 
 
Fujii et al. (1972) treated the problem by matching the shear stress at the vapour-
condensate interface and chose quadratic velocity profiles such that the shear stress 
remains positive, again neglecting effects of vapour boundary layer separation. This 
gave the following results;  
 
for pure forced convection,                  
                 
𝑁𝑢d
𝑅 𝑒d
1 2 
= 0.9 1 + 𝐺−1 1 3  1 +
0.421𝐹
 1 + 𝐺−1 4 3 
 
1 4 
 
 
and for combined free and forced convection, 
 
𝑁𝑢d
𝑅 𝑒d
1 2 
= 0.9 1 + 𝐺−1 1 3  1 +
0.276𝐹
 0.9 1 + 𝐺−1 1 3  4
 
1 4 
 
 
(2.41) 
(2.42) 
(2.43) 
(2.44) 
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where 
𝐺 =  
𝑘f∆𝑇
𝜇f𝑕fg
  
𝜌f𝜇f
𝜌v𝜇v
 
1 2 
 
                    
As seen from Fig. 2.6, the result produces generally higher heat-transfer coefficients 
over most of the tube compared to the approaches of Sugawara et al. (1956) and 
Shekriladze and Gomelauri (1966), the zero and infinite condensation rate solutions, 
respectively. This shows that the actual shear stress at the surface is larger than either 
of the asymptotic solutions.  
 
Fujii et al. (1979) provided a modification to the Fujii et al. (1972) analysis by using 
an approximate solution for flow over a cylinder with suction for flow near the 
separation point. The approach includes a calculation for the surface shear stress 
distribution up to the separation point which predicts boundary layer separation. The 
surface shear stress was set to zero beyond the separation point. Numerical results 
show that for a uniform wall temperature and a downward vapour flow, the theory 
produces substantially different results from that of Fujii et al. (1972) where boundary 
layer separation was not accounted for. However, the calculations of Fujii et al. 
(1979) contained an error, pointed out by Lee and Rose (1982) who repeated the 
calculation and showed that the Nusselt numbers were in close agreement with the 
earlier Fujii et al. (1972) theory. 
 
In comparison with the Nusselt (1916) result, the above solutions show that for high 
vapour velocities the heat-transfer is weighted more heavily towards the upper part of 
the tube. This suggests that inaccuracies arising from error for the lower part of the 
tube (where the condensate film is relatively thick and vapour boundary layer 
separation occurs) have a weaker impact on the overall heat-transfer coefficient for 
the tube, for forced-convection cases. 
 
Lee and Rose (1982) continued the calculations of Fujii et al. (1979), however argued 
that the heat-transfer beyond the separation point should be neglected rather than 
continuing the calculation with zero shear stress. They proposed the expression, 
 
 
(2.45) 
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𝑁𝑢d
𝑅 𝑒d
1 2 
= 𝜉  1 +
0.28𝐹
𝜉4
 
1 4 
 
where 
𝜉 = 0.88 1 + 0.74𝐺−1 1 3  
 
This provides the correct behaviour for low velocity cases and is in general agreement 
with equation 2.44 and gives identical results to equation 2.41 for 𝐺 > 10.  
 
Rose (1984) extended the theory of Shekriladze and Gomelauri (1966) to incorporate 
the effect of pressure gradient around the tube. The following equation was provided 
for the general case, 
 
𝑁𝑢d
𝑅 𝑒d
−1 2 
=
0.64 1 + 1.81𝑃∗ 0.209 1 + 𝐺−1 1 3 + 0.728𝐹1 2 
 1 + 3.51𝐹0.53 + 𝐹 1 4 
 
 
where 𝑃∗ = 𝜌v𝑕fg𝑣 𝑘∆𝑇  
 
As in the Shekriladze and Gomelauri (1966) solution, inertia and convection terms 
were not included. By using the potential flow velocity distribution outside the 
boundary layer, the asymptotic (infinite condensation rate) value was use to determine 
the shear stress. It was shown that for  𝑃∗ > 𝐹/8  the rate of film thickness increases 
rapidly with angle and becomes infinite at some position on the lower half of the tube 
(where pressure gradient is acting in opposition to the shear stress and gravity), thus 
making solutions beyond this point impossible. The inclusion of the pressure term 
gives rise to a thinner film on the upstream side of the tube and a thicker film 
downstream. These two effects cancel each other and the overall heat-transfer 
coefficient agrees to within 1 %. When the pressure term is omitted (i.e. 𝑃∗ = 0), 
Rose (1984) obtained, 
 
𝑁𝑢d
𝑅 𝑒d
1 2 
=
0.9 + 0.728𝐹1 2 
 1 + 3.44𝐹1 2 + 𝐹 1 4 
 
 
(2.48) 
(2.50) 
(2.49) 
(2.46) 
(2.47) 
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The solution tends to the Nusselt result for low vapour velocities and to equation 2.40 
for high vapour velocity and predicts the numerical result by 0.4 %. The result of this 
model can be seen in Fig. 2.7 shows for extreme values of 𝐺 and 𝑃∗. 
 
A comparison can be seen in Fig. 2.7 between the Rose (1984) solution        
(equations 2.48 and 2.50), Shekriladze and Gomelauri (1966) in equation 2.41 and of 
Fujii et al. (1972) in equation 2.44 for a range of values of 𝐺. Equation 2.50 can be 
seen to approach the Nusselt (1916) result in equation 2.20 for low vapour velocities, 
(i.e. high F values) and at high vapour velocities (i.e. low values of F), it approaches 
the result of the pure forced-convection model of Shekriladze and Gomelauri (1966) 
given in equation 2.40. 
       
(b) Experimental investigations 
 
Lee et al. (1984) produced heat-transfer data for condensation of R-113 and ethylene 
glycol on a single plain horizontal tube with an outside diameter of 12.5 mm. Vapour 
velocities of up to 6 m/s were achieved for R-113 at atmospheric pressure and 
velocities above 100 m/s for tests at low pressure. Their results for R-113 in Fig. 2.8 
show that at low vapour velocities (i.e. high 𝐹 values) agreement with theory is good, 
however for higher vapour velocities the theory over estimates the data considerably. 
Moreover their data show an unexpected upturn with decreasing values of 𝐹 (i.e. 
higher vapour velocities). Fig. 2.8 compares their R-113 data to equation 2.44 with 
values of 𝐺 chosen to represent the extremes of their experimental data. The data 
therefore showed at higher vapour velocities a stronger rate of increase in heat-
transfer coefficient with vapour velocity than indicated by theory.  
 
Rahbar and Rose (1984) and Rahbar (1989) presented experimental data for 
condensation of ethylene glycol and R-113 on a horizontal tube of outside diameter of 
12.9 mm. Tests were performed over a range of low pressures, where due to the high 
specific volume of ethylene glycol, high vapour velocities could be obtained. For 
ethylene glycol, tests were performed between 2 kPa to 18 kPa, producing vapour 
velocities of between 2 m/s to 120 m/s. For R-113, tests were performed at 
atmospheric and sub-atmospheric pressure, producing vapour velocities up to 9 m/s. 
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Most of the data fell below the theory of Shekriladze and Gomelauri (1966). At higher 
pressures, the data show an upturn in 𝑁𝑢d /𝑅 𝑒d
1 2 
 with decreasing 𝐹 for refrigerant 
and this was thought to be evidence of the onset of turbulence in the condensate film. 
At low pressures however, a downturn was observed in 𝑁𝑢d /𝑅 𝑒d
1 2 
 and it was 
suggested that this was the result of pressure variation around the tube at high vapour 
velocity and also to the effect of interphase mass transfer resistance, which becomes 
significant at low pressure. 
 
Fig. 2.10 compares the data of 12 investigators using 4 fluids with the Nusselt (1916) 
solution and the Rose (1984) model in equation 2.48, using the extreme values of 𝐺 
and 𝑃∗ of the experiments. The plot shows the experimental data of various 
investigators including; Mandelsweig (1960), Gogonin and Dorokhov (1971, 1976), 
Fujii et al. (1972, 1979), Nobbs (1975), Lee (1982), Honda et al. (1982), Lee et al. 
(1983), Memory and Rose (1986) and Michael et al. (1988). At low velocity, most of 
the data are in line with the theoretical solutions. However, it can be seen that for the 
lowest values of 𝐺, the theoretical results over predicts 𝑁𝑢d /𝑅 𝑒d
1 2 
 for high vapour 
velocity steam data. This is thought to be due to the relatively strong variation in wall 
temperature around the tube, particularly in the case of steam where the thermal 
resistance of the condensate is relatively small. Nevertheless, overall the solution 
predicts experimental results with fairly good accuracy.    
 
Memory and Rose (1986) presented heat-transfer data for condensation of ethylene 
glycol on a single plain horizontal tube with experiments conducted at pressures from 
1 kPa to 20 kPa and vapour velocities of up to 135 m/s. A comparison of their 
experimental results with theory can be seen in Fig. 2.9a. A downturn in the results 
can be seen for the lowest values of 𝐹 (which were observed at low pressure and 
therefore low ∆𝑇 and high vapour velocity). It was suggested that at the highest 
vapour velocities the effect of pressure gradient around the tube becomes significant. 
It is thought by the authors that this pressure variation leads to a drop in condensate 
temperature at the tube surface which cannot be assumed to be equal to the saturation 
temperature corresponding to the bulk vapour pressure. Moreover, at the lowest 
pressures tested, the interface mass transfer resistance became important at the 
condensate-vapour interface. Correction factors were applied to their data to account 
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for the saturation temperature drop due to pressure variation around the tube wall as 
well as interface resistance, estimated by equations 2.51 and 2.52 respectively,  
 
∆𝑃1 = 𝑎 𝜌v𝑈∞
2 /2  
 
∆𝑃2 = 𝑏  
𝑞 𝛾 + 1  𝑅 𝑇sat  𝑃∞ − ∆𝑃1 
4𝑕fg 𝛾 − 1 
  
 
where 𝑎 is a constant of order unity and 𝑏 is thought to have a value around 1.5. 
Equations 2.51 and 2.52 were used to provide the correct temperature drop across the 
condensate film by evaluating the saturation temperature of the vapour at            
 𝑃∞ − ∆𝑃1 − ∆𝑃2 . Fig. 2.9b shows these “corrections” successfully bring the data 
into line with theory at low values of 𝐹, while having negligible effect on the data at 
high values of 𝐹.  
 
2.3.4 Concluding remarks 
For free-convection condensation on single horizontal plain tubes, the original 
approximations of the Nusselt (1916) theory have been shown to provide good 
agreement with more complete studies.  For example, the study of Sparrow and Gregg 
(1959) highlighted that convection within the condensate film. Memory and Rose 
(1991) explored the effect of non-uniform wall temperature while Zhou and Rose 
(1996) extended this to account for two-dimensional conduction on a horizontal tube. 
They showed that even for cases with strong surface temperature variation, a 
negligible effect was observed on the overall result. Therefore, the assumptions of the 
Nusselt (1916) theory are adequate when dealing with condensation of stationary 
vapour.  
 
In the case of forced-convection condensation on horizontal plain tubes, various 
theoretical approaches using different assumptions and approximations have been 
used. Shekriladze and Gomelauri (1996) used an asymptotic, infinite suction 
approximation to model the shear stress at the liquid-vapour interface whereas Fujii et 
al. (1972) used an approximate integral method to solve the equations for the vapour 
and condensate boundary layer. Fujii et al. (1979) presented an approximate solution 
(2.51) 
(2.52) 
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based on flow over a cylinder with suction to predict the effect of boundary layer 
separation. All of these approaches give virtually identical results at high 
condensation rates. Moreover, the solution of Rose (1984) which takes into account 
the pressure gradient around the tube also tends to the Nusselt result at high values of 
F.  
 
A large bank of experimental data exists for forced-convection on plain horizontal 
tubes. For low vapour velocities, most theoretical models were in good agreement 
with experimental data. In contrast, for higher vapour velocities, the majority of data 
fall below the various theoretical approximations. In the same way, data obtained for 
R-113 agreed with theory for lowest velocities tested, however, a distinctive upturn in         
𝑁𝑢/𝑅𝑒tp
1 2 
 was seen at higher velocities. This was considered to be caused by the 
presence of turbulence in the condensate film. A downturn in the heat-transfer was 
observed at low pressures due to the pressure variation around the tube at high 
velocities. Modifications made by Memory and Rose (1986) to account for saturation 
temperature drop and interphase resistance which become significant under these 
conditions, have proved satisfactory. 
 
2.4 Condensation on horizontal integral-fin tubes 
2.4.1 Introduction 
For integral-finned tubes, the vapour-side, heat-transfer coefficient can be enhanced 
during condensation by more than the increase in surface area due to fins. This is 
primarily attributed to surface tension induced pressure gradients which drain 
condensate from the tips and flanks of the fins, thinning the condensate film and 
consequently enhancing the heat-transfer. However, surface tension also has the 
adverse effect of causing an abrupt thickening of condensate at a particular position 
around the tube, known as condensate retention or flooding angle and this can have a 
detrimental effect on the heat-transfer. 
  
The performance of a finned tube relative to a plain tube can be quantified by means 
of an enhancement ratio. Here, this will be defined as the heat-transfer coefficient of a 
finned tube (based on a plain tube area using the fin-root diameter), divided by the 
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heat-transfer coefficient of a plain tube of the same fin-root diameter and at the same 
vapour side temperature difference. Thus, 
                   
𝜀 =  
𝛼finned
𝛼plain
 
at  same  ∆𝑇
=  
𝑞finned
𝑞plain
 
at  same  ∆𝑇
 
 
2.4.2 Free-convection condensation 
(a) Experimental investigations 
Early experimental investigations, in free-convection condensation on horizontal 
integral-finned tubes are difficult to interpret. These investigations include Beatty and 
Katz (1948), Kharkhu and Borovkhov (1971), Mills et al. (1975) and Carnavos 
(1980). Conclusions are difficult to draw primarily due to the unsystematic selection 
of tube dimensions and also due to the variety of methods chosen in determining 
vapour-side heat-transfer coefficients. For example, some investigators used the 
method of Wilson (1915) or a modified form thereof of coolant side subtraction was 
employed or direct tube wall temperature measurements. The investigations do 
however show a trend in increased heat-transfer for finned tubes, often above the 
increase in surface area due to the presence of fins. 
 
Wanniarachi et al. (1984, 1985) produced data for condensation of steam at 
atmospheric pressure and 11.3 kPa, systematically varying fin spacing, height and 
thickness. In all, 24 finned tubes were tested with a constant fin-root diameter of      
19 mm, fin heights of 0.5 mm to 2.0 mm, fin thicknesses of 0.5 mm to 1.5 mm and fin 
spacings of 0.5 mm to 9.0 mm. Vapour-side heat-transfer coefficients were found by 
subtracting the coolant-side and wall resistances from the measured overall 
resistances and by the “modified Wilson Plot” technique. The latter provided heat-
transfer coefficients approximately 10% lower than the former. Enhancement ratios 
were found to be strongly dependent on fin spacing with the optimum fin spacing 
between 1.5 mm and 2.0 mm for all fin heights and thicknesses. Enhancement ratios 
were found to be weakly dependent on fin thickness with an optimum between      
0.75 mm and 1.0 mm, while enhancement ratio increased with fin height, but at a 
lower rate than the relative increase in surface area. 
(2.53) 
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Yau et al. (1985, 1986) provided experimental data for steam condensing on 13 
integral-fin tubes with a constant fin-root diameter of 12.7 mm, fin height of 1.6 mm 
and fin thickness of 0.5 mm with fin spacings varying from 0.5 mm to 20 mm. 
Vapour-side heat-transfer coefficients were obtained by subtracting the calculated 
coolant-side and wall resistances from the overall thermal resistance. Heat-transfer 
enhancement was found to be strongly dependent on fin spacing, with an optimum fin 
spacing of 1.5 mm providing an enhancement ratio of 3.6 compared to a plain tube at 
the same vapour-side temperature difference. For the limited range of steam velocities 
(0.5 m/s to 1.1 m/s) there was no significant vapour velocity effect.  
 
Masuda and Rose (1985, 1988) obtained heat-transfer data for R-113 and ethylene-
glycol respectively using the same set of tubes as Yau et al. (1985, 1986) and one 
extra with a fin spacing of 0.25 mm. Vapour-side, heat-transfer coefficients were 
again obtained by both a predetermined coolant-side correlation and a “Modified 
Wilson Plot”. In both cases, it was shown for both fluids that vapour-side 
enhancement ratios were greater than the increase in surface area provided by the fins. 
Optimum fin spacings were identified for R-113 as 0.5 mm and 1.0 mm for ethylene 
glycol, providing enhancement ratios of 7.3 and 4.4 respectively. 
 
Marto et al. (1986) reported heat-transfer data for condensation of steam on four tubes 
with constant fin height, fin-root thickness and fin-root spacing, while varying the fin 
shape. It was found that rectangular, trapezoidal and triangular fin profiles all gave 
similar enhancement ratios at constant heat flux of 5.5 and 3.7 at atmospheric and low 
pressure, respectively. A parabolic fin profile gave enhancements of 6.1 and 4.3 at 
atmospheric and low pressure, respectively.  
 
Marto et al. (1990) used the same set of finned tubes as Wanniarachchi et al. (1985) 
to condense R-113 at atmospheric pressure. Vapour-side heat-transfer coefficients 
were found using the “modified Wilson plot” technique. Optimum fin spacing was 
found to lie between 0.2 mm and 0.5 mm and was dependent on fin thickness and fin 
height, as well as on tube root diameter. At the optimum fin spacing, vapour-side 
heat-transfer was enhanced (for the same ∆𝑇) by factors of between 4 and 7 compared 
to a plain tube.  
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Briggs et al. (1992) tested three finned tubes with four thermocouples embedded in 
the tube walls to measure the tube wall temperature directly. The tube geometries 
correspond to the optimum geometries found by Yau et al. (1985, 1986) and Masuda 
and Rose (1985, 1988) all with a constant root diameter of 12.7 mm, fin height of    
1.6 mm, fin thickness of 0.5 mm and spacings of 0.5 mm, 1.0 mm and 1.5 mm. Also 
three larger diameter finned tubes were tested with a root diameter, fin height and 
thickness of 19.1 mm, 1.0 mm and 1.0 mm, respectively with fin spacings of 0.5 mm,     
1.0 mm and 1.5 mm. Tests were performed for steam, ethylene glycol and R-113. The 
enhancement ratios were found to be highest for R-113 and lowest for steam. The 
results agreed with earlier data for instrumented tubes, thus validating the indirect data 
reduction methods, determined previously. 
 
A summary of the above experimental investigations into free-convection 
condensation on horizontal integral-finned tubes can be found in Table 2.1. 
 
(b) Theoretical investigations 
(i) Estimation of condensate retention  
When vapour condenses on an integral fin tube, condensate retention in the inter-fin 
spaces at the lower part of the tube due to capillary forces leads to a thickening of the 
condensate film and a decrease in the heat-transfer. This retention of fluid is 
characterised by “flooding” or “retention” angle, 𝜙f  normally measured from the top 
centre of the tube to the point where retention first occurs. It is vital 𝜙f  can be 
calculated if a theoretical model of the overall heat-transfer coefficient is to be 
produced. 
 
Honda et al. (1983) developed a theoretical model to calculate fluid retention on 
horizontal trapezoidal shaped fins under static conditions (i.e. zero condensation). 
They proposed that for a wetted tube, the retention angle, defined as the angle 
between the top of the tube and the point at which the tube becomes fully flooded is a 
function of tube geometry and fluid properties and can be determined from, 
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for trapezoidal shaped fins; 
                   
𝜙f = cos
−1  
4𝜍 cos𝛽
𝜌𝑔𝑏𝑑0
− 1  
 
for, 𝑏 <  2𝑕 cos𝛽 / 1 − sin𝛽  
 
for rectangular shaped fins; 
                   
𝜙f = cos
−1  
4𝜍
𝜌𝑔𝑏𝑑0
− 1  
 
for, 𝑏 < 2𝑕                   
 
The above theory was also determined independently by Owen et al. (1983) and by 
Rudy and Webb (1985). Briggs (2005) provided a comparison between calculated 
(using equations 2.54, 2.55) and observed retention angles for a variety of fluids and 
tube geometries under static conditions (see Fig. 2.11). The data covered a six fold 
increase in the important parameter, 𝜍/𝜌. The results were within 15 % of theory, 
thus validating equations 2.54 and 2.55.  
 
Masuda and Rose (1987) observed that liquid is also retained as “wedges” at the fin 
roots above the retention angle, as illustrated in Fig. 2.12. Expressions were 
developed for rectangular cross-section fins for the proportion of fin flank and fin root 
above the flooding angle 𝜙f  blanked by the wedges. Four flooding conditions were 
identified, as illustrated by Fig. 2.13. Fig. 2.13b(1) shows the static configuration of 
the retained liquid with zero contact angles at the wetted tube surface and fin flanks. 
Further around the tube, the retained liquid regions increase in size and meet at the 
centre location of the inter-fin spacing, as shown by Fig. 2.13b(2). At the lower part 
of the tube the retained liquid will reach the top of the fin as seen in Fig. 2.13c(4). 
Equation 2.56, gives the active surface area enhancement of the tube, 𝜉 that is the “un-
blanked” area of a finned tube (the area of the tip of the fins, plus the un-blanked area 
of the fin flanks and fin spacing) divided by the area of a plain tube of the same fin-
root diameter.  
(2.54a) 
(2.54b) 
(2.55a) 
(2.55b) 
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𝜉 =
2𝑑𝑠𝜙f 1 − 𝑓s +  𝑑0
2 − 𝑑2 𝜙f 1 − 𝑓f + 2𝜋𝑡𝑑0
2𝜋𝑑 𝑠 + 𝑡 
 
where, 
𝑓f =  
2𝜍
𝜌𝑔𝑑𝑕
  
tan 𝜙f 2  
𝜙f
  
 
𝑓s =  
4𝜍
𝜌𝑔𝑑𝑠
  
tan 𝜙f 2  
𝜙f
  
 
𝑓f  and 𝑓s  are the fractions of fin flank area and fin root area respectively covered by 
retained condensate above the flooding angle. Fig. 2.14 shows the relationship 
between active area enhancement and fin spacing for rectangular cross-section fins for 
condensation of steam, ethylene glycol and R113 and tubes with fin-root diameter 
12.7 mm, fin height of 1.6 mm and fin thickness of 0.5 mm, with fin spacing as a 
variable. It was found that maximum active area enhancements were found to occur at 
different fin spacings for different condensing fluids, being approximately 1.2 mm, 
1.0 mm and 0.5 mm for water, ethylene glycol and R-113, respectively. These 
optimums were close to those for heat-transfer enhancements found experimentally 
(see earlier). 
 
Rose (1994) extended this analysis to trapezoidal cross-section fins where, 
                              
𝑓f =
1 − tan 𝛽 2  
1 + tan 𝛽 2  
∙
2𝜍 cos𝛽
𝜌𝑔𝑑𝑕
∙
tan 𝜙f 2  
𝜙f
 
                              
𝑓s =
1 − tan 𝛽 2  
1 + tan 𝛽 2  
∙
4𝜍
𝜌𝑔𝑑𝑠
∙
tan 𝜙f 2  
𝜙f
 
 
For rectangular fins, 𝛽 = 0 and the leading term on the right had side of the above 
equations is unity and equations 2.59 and 2.60 reduce to 2.57 and 2.58, respectively. 
 
 
 
(2.56) 
(2.57) 
(2.58) 
(2.59) 
(2.60) 
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(ii) Heat-transfer models incorporating drainage solely by gravity 
Beatty and Katz (1948) were the first to develop a theoretical model to predict the 
condensation heat-transfer coefficient on horizontal integral-fin tubes. The model was 
based on the summation of the contributions to heat-transfer from the fin flanks and 
interfin tube surface, using the Nusselt (1916) theory for a vertical plate and a 
horizontal tube respectively. They arrived at the following average vapour-side heat-
transfer coefficient, 
                 
𝛼BK = 0.689 
𝑘3𝜌2𝑔𝑕fg
𝜇ΔT
 
1 4 
 
𝐴r
𝐴d
𝑑−1 4 + 1.3𝜂
𝐴f
𝐴d
𝐿f
−1 4   
where                           
𝐿f = 𝜋
 𝑑0
2 − 𝑑2 
8𝑑0
 
 
When this approach is used to calculate an enhancement ratio as defined in 2.53, 
assuming the Nusselt (1916) model for a plain tube, the result is an expression 
containing only geometric parameters of the tube and no fluid properties as follows, 
 
𝜀BK =
0.943
0.728
 𝑑0
2 − 𝑑2 
2𝑑  
𝑑
𝐿f
 
1 4 
+ 𝑠 + 𝑡  
𝑑0
𝑑  
3 4 
𝑠 + 𝑡
 
 
Equation 2.57 includes a term for the fin tip which was omitted by the Beatty and 
Katz (1948). Since the only variables in equation 2.62 are geometric quantities, the 
model predicts enhancement ratios for a particular finned tube to be the same for all 
fluids. Since it also neglects condensate retention, the model is inadequate for 
predicting heat-transfer data for higher surface tension fluids or for tubes with high fin 
densities and it will not predict the optimum fin spacings found for various fluids.  
 
Fig. 2.15 compares the results of equation 2.62 with the heat-transfer data of various 
investigators detailed in Table 2.1. The model gives reasonable results for R-113 
which can be explained partly because surface tension effects are small for that fluid 
and partly because the condensate retention and drainage enhancing effects of surface 
tension cancel each other to some extent. For the high surface tension fluids however, 
(2.61a) 
(2.62) 
(2.61b) 
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in particularly for steam, the model over predicts the experimental results by as much 
as 300 %. 
 
Rudy and Webb (1981) provided a simple amendment to the Beatty and Katz (1948) 
model by neglecting all heat-transfer to the fin flank and root below the level of 
condensate retention but retained the assumption that condensate drainage is driven by 
gravity alone. The result is,   
 
𝜀RW =
 
𝜙f
𝜋   
0.943
0.728
 𝑑0
2 − 𝑑2 
2𝑑  
𝑑
𝐿f
 
1 4 
+ 𝑠 + 𝑡  
𝑑0
𝑑  
3 4 
𝑠 + 𝑡
 
 
where 𝜙f  is calculated from equations 2.54 and 2.55. Fig. 2.16 compares the results of 
equation 2.58 to the experimental data summarised in Table 2.1. As expected, the 
Rudy and Webb (1981) modification lowers the calculated enhancement ratios in all 
cases. For high surface tension fluids this pulls the calculated values in line with the 
experimental data. However, for low surface tension fluids such as refrigerants, the 
model under predicts the enhancement ratio due to the neglect of the enhancing effect 
of surface tension on the upper part of the tube. 
 
(iii) Heat-transfer models incorporating surface tension drainage  
Gregorig (1954) was the first to point out the enhancing effect of surface tension 
forces on condensation heat-transfer caused by a pressure difference across the 
vapour-liquid interface when the surface curvature is not uniform. The author studied 
film condensation on finely rippled and fluted surfaces and observed that surface 
tension on a curved surface can induce a pressure gradient far greater than that 
induced by gravity. In general, the pressure gradient along the surface is given by, 
                   
𝑑𝑃
𝑑𝑠
= 𝜍
𝑑
𝑑𝑠
 𝑟−1  
 
where 𝑠 denotes the coordinate measured along the condensate surface, 𝜍 the surface 
tension and 𝑟 the local radius of curvature of the liquid surface. An illustration of the 
Gregorig model can be seen in Fig. 2.17. The author argued that the pressure gradient 
(2.64) 
(2.63) 
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causes liquid to be driven towards the centre of the tip of the fin and towards the fin 
root. As a consequence, there is a reduction in film thickness at the fin tip, on the fin 
flank and interfin spacing near the fin root which enhances the heat-transfer to the 
tube. Assuming that gravity forces are negligible on the convex section of the surface, 
an expression was presented for the local condensate film thickness, 𝛿, 
                                     
1
𝑟(𝑠)
=
1
𝑟0
−
3𝜇𝑘∆𝑇
𝜍𝜌𝑕fg𝛿4
𝑠2
2
 
 
However, the theory assumes that no condensation occurs on the concave portion of 
the profile and that on the convex portion of a fluted surface only surface tension 
forces (and not gravity) are important.  
 
Many early attempts to model the flow along the fin flank due to surface tension 
induced pressure gradients, such as Karkhu and Borovkov (1971), Rifert (1980) and 
Rudy and Webb (1983) greatly simplify the problem. In most cases, assumptions were 
made of a uniform pressure gradient (i.e. pressure varying linearly) in the radial 
direction along the fin flank between values based on assumed radii or curvature of 
the condensate surface at the fin tip and root. For example, Rudy and Webb (1983) 
took the radius of curvature at the fin tip as half the fin tip thickness and at the root as 
half the interfin spacing. These assumptions have since been shown to be wildly 
inaccurate and in all cases, the models were not significantly better than the “gravity 
plus flooding” model of Rudy and Webb (1981).  
    
Honda and Nozu (1987) presented the most accurate handling of surface tension 
effects so far. Both gravity and the surface tension induced pressure gradient were 
included in an equation expressing conservation of momentum for the condensate 
film. However, to make the equation solvable, only the radial component of the 
gravity force was included. A solution was presented for predicting heat-transfer 
coefficients for film condensation on horizontal low integral-fin tubes with rounded 
corners near the fin tips. The resulting differential equation for the condensate film 
thickness, 𝛿 along the fin is as follows, 
 
 
(2.65) 
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1
3𝜐
d
dx
  𝜌𝑔𝑓x − 𝜍
d  
1
𝑟 
dx
 𝛿3 =
𝑘 𝑇sat − 𝑇w 
δ𝑕fg
 
 
where 𝑓x  is the radial component of gravity and 𝑟 is the radius of curvature of the 
condensate film. The above equation is strictly valid only at the top of the tube where 
the tangential component of gravity is zero. At the bottom of the tube where this is 
also true, the fin flanks are flooded due to capillary retention. The model also 
addressed the problem of non-uniform wall temperature. An equation for the average 
Nusselt number was developed by dividing the fin into regions corresponding to the 
peaks and troughs in the local Nusselt number. The flooded regions, 𝑓 and un-flooded 
regions, 𝑢 were combined to give a value for the whole tube as follows, 
                                                    
𝑁𝑢HN =
 𝑁𝑢d,u𝜂u 1 − 𝑇 w,u 
𝜙f
𝜋 + 𝑁𝑢d,f𝜂f 1 − 𝑇
 
w,f  1 −
𝜙f
𝜋   
  1 − 𝑇 w,u 
𝜙f
𝜋 +  1 − 𝑇
 
w,f  1 −
𝜙f
𝜋   
 
 
where 𝑇 w  is the non-dimensionalised wall temperature and 𝜂 represents the fin 
efficiency. The tangential component of gravity for the whole tube was neglected and 
assumptions were made about the radius of curvature of the film at the tip and root of 
the fin to identify the necessary four boundary conditions needed to solve        
equation 2.66. Despite the assumptions outlined above, when Briggs and Rose (1999) 
compared the model against an experimental database with a relatively large range of 
fluids and tubes they showed the model agreed well with the data, predicting average 
heat-transfer coefficients within ± 25 %. These results can be seen in Fig. 2.18. It is 
interesting to note that for condensation of steam on brass and bronze tube, where fin 
temperature variations along the fins are most significant, the experimental results are 
still satisfactorily predicted. 
 
Due to the difficulties faced in solving the governing equations, Rose (1994) derived a 
semi-empirical model for integral-fin tubes which avoided the detailed mathematical 
problems arising from the fact that surface tension and gravity are both important and 
generally act in different directions. The model combines the theory of Nusselt (1916) 
(2.66) 
(2.67) 
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to include gravity effects and dimensional analysis to include surface tension assisted 
drainage. An expression was derived for the mean condensate film thickness, 
 
𝛿 =  
𝜇  
𝑞
𝑕fg𝜌
 
𝐴𝜌 𝑔
𝑥g
+
𝐵𝜍
𝑥σ
3
 
1 3 
 
 
where 𝐴 and 𝐵 are constants and 𝑥g  and 𝑥σ  characteristic lengths for gravity and 
surface tension driven flows, respectively. From the Nusselt theory, 𝐴 is taken as 
0.728
4
 and 0.943
4
 for the un-flooded part of the fin tips and flanks respectively and 
different values of 𝐵 are used for the fin tip, flank and inter-fin tube space. This is 
because the surface tension boundary conditions are different for these different 
regions and because the surface tension pressure gradient does not always act in the 
same direction as gravity for each of them. Assuming pure conduction across the 
condensate film, the heat fluxes to the various parts of the fin tip, flanks and inter-fin 
space are then given by, 
 
𝑞tip =  
𝜌𝑕fg
𝜇
 𝑘∆𝑇tip  
3
 0.7284  
𝜌 𝑔
𝑑0
 + 𝐵tip  
𝜍
𝑡3
   
1 4 
 
 
𝑞flank =  
𝜌𝑕fg
𝜇
 𝑘∆𝑇    flank  
3  0.9434  
𝜌 𝑔
𝑕v
 + 𝐵flank  
𝜍
𝑕3
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𝑞int = 𝐵1  
𝜌𝑕fg
𝜇
 𝑘∆𝑇int  
3   𝜉 𝜙f  
3
 
𝜌 𝑔
𝑑r
 + 𝐵int  
𝜍
𝑠3
   
1 4 
 
 
where 𝐵tip , 𝐵flank , 𝐵int  and 𝐵1 are dimensionless constants and 𝑕v  is the mean vertical 
fin height defined by,  
                 
𝑕v =
𝜙f
sin 𝜙f 
𝑕           for 𝜙f ≤  𝜋/2  
  
 
(2.68) 
(2.69) 
(2.70) 
(2.71) 
(2.72a) 
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         𝑕v =
𝜙f
2 − sin 𝜙f 
𝑕    for  𝜋/2 < 𝜙f ≤ 𝜋 
 
and 𝜙f  is calculated from the Honda et al. (1983) theory (equations 2.54 and 2.55). 
The value of 𝜉 𝜙f  arises from the use of the Nusselt (1916) equation for a horizontal 
tube above the retention angle and can be closely approximated by,  
    
𝜉 𝜙f = 0.8470.1991 × 10
−2𝜙f − 0.2642 × 10
−1𝜙f
2 
+0.5530 × 10−2𝜙f
3 − 0.1363 × 10−2𝜙f
4 
 
When the surface temperature of the fin is taken to be a constant and equal to the 
temperature of the tube at the root we have, 
 
∆𝑇tip = ∆𝑇    flank = ∆𝑇int = ∆𝑇 
 
Then equations 2.69, 2.70 and 2.71 can be combined with the surface area of the three 
regions and the Nusselt (1916) equation for condensation on a plain tube, yielding the 
following expression for the enhancement ratio on an integral-fin tube, 
                              
𝜀 =   
𝑑0
𝑑r
 
3 4 
𝑡  0.7284 +
𝐵tip𝜍𝑑0
𝑡3𝜌 𝑔
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cos𝛽
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1 4 𝑑3 4 
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+    𝐵1 1 − 𝑓s 𝑠   𝜉 𝜙f  
3
+
𝐵int𝜍𝑑
𝑠3𝜌 𝑔
 
1 4 
  0.728 𝑏 + 𝑡   
 
The author found that with 𝐵tip = 𝐵flank = 𝐵int = 0.143 and 𝐵1= 2.96, equation 2.75 
represented the existing experimental data for condensation of steam, ethylene glycol 
and R-113 on copper tubes to within ± 20 % and gave the correct dependence on fin 
spacing, thickness and fin height. A general comparison is shown in Fig. 2.19. The 
discrepancy between equation 2.75 and the data for steam condensing on brass and 
(2.73) 
(2.74) 
(2.72b) 
(2.75) 
62 
 
bronze tubes was thought to be due to the temperature drop along the fins i.e. to fin 
efficiency effects. 
 
Briggs and Rose (1994) devised a modification to the Rose (1994) model to take into 
account radial conduction within rectangular cross-sectioned fins. As the parameter 
 𝛼𝑕2/𝑡𝑘𝑤  becomes large, conduction in the fin can no longer be ignored but can be 
included in an approximate way by dividing the tube into flooded and un-flooded 
regions.  
 
For the flooded part of the tube, equation 2.64 expresses the heat flux at the tip as a 
function of fin geometry, fluid properties and fin tip temperature difference, 
∆𝑇tip ,flood . The fin flanks were assumed adiabatic in the flooded region, that is, 
𝑘 ≪ 𝑘w . Neglecting change in cross-section with height (low fins) then gives, 
 
𝑞tip ,flood =
𝑘w 𝑇tip ,flood − 𝑇root  
𝑕
 
 
where 𝑇tip ,flood = 𝑇v − ∆𝑇tip ,flood . 
  
Substituting ∆𝑇tip ,flood  for ∆𝑇tip  in equation 2.69 and equating the right-hand side of 
equations 2.69 and 2.76a gives an equation for ∆𝑇tip ,flood  which can be solved to 
provide values of 𝑇v  and 𝑇root , hence 𝑞tip ,flood  can be obtained.  
 
For the unflooded part, equations 2.69, 2.70 and 2.71 were used for the heat flux to 
the fin tip, flank and root, respectively. For the interfin space, ∆𝑇int  = 𝑇v − 𝑇int   was 
used allowing 𝑞int  to be calculated directly from equation 2.71. For the fin, 
complications arise due to the fact that temperature of the fin flank (and therefore 
∆𝑇flank ) varies with distance away from the fin root. Using the „slender-fin‟ 
approximation, the local vapour-to-surface temperature difference along the fin is 
given as, 
 
 
 
(2.76b) 
(2.76a) 
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∆𝑇 𝑥 
∆𝑇
=
cosh 𝑚(𝑕 − 𝑥) +  
𝛼tip
𝑚𝑘w
 sinh 𝑚(𝑕 − 𝑥) 
cosh 𝑚𝑕 +  
𝛼tip
𝑚𝑘w
 sinh 𝑚𝑕 
 
 
where, 𝑚 =  2𝛼flank 𝑘w𝑡       
 
From equation 2.77 we have, 
 
∆𝑇tip = ∆𝑇 𝑕 =
∆𝑇
cosh 𝑚𝑕 +  𝛼tip 𝑚𝑘w  sinh 𝑚𝑕 
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cosh 𝑚𝑕 +  𝛼tip 𝑚𝑘w  sinh 𝑚𝑕 
 
𝑕
0
 
 
From this, an iterative scheme was employed to find the four unknowns, 𝑞tip , 𝑞flank , 
∆𝑇tip  and ∆𝑇    flank . These heat fluxes were then multiplied by the corresponding 
surface areas and then divided by the Nusselt (1916) result of a plain tube to arrive at 
an enhancement ratio for a finned tube. 
 
The results of this model are compared to experimental data in Fig. 2.20. It can be 
seen that the correction for the temperature drop effectively pulls the model into 
further alignment with experimental data for steam condensing on brass and bronze 
tubes without significantly affecting the results for the other data which were already 
in good agreement. The mean deviation for all the data is less than 10 %. It was 
predicted that, even for copper tubes, the fin efficiency correction would be important 
for taller, thinner fins than those used at present.  
 
Honda et al. (1995) presented a numerical solution for condensation on a horizontal 
integral-finned tube with an arbitrary fin profile. The model takes into account the 
combined effects of gravity and surface tension acting on the condensate surface as 
(2.77a) 
(2.77b) 
(2.78) 
(2.79) 
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well the radial and circumferential wall conduction. The physical model and 
coordinates are similar to that presented in Fig. 2.21. It was determined that for 
conditions 𝑕 ≪ 𝑑0, the resulting equation for a thin condensate film was written as, 
                   
2𝜌𝑔 cos 𝜃
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where 𝑔x = 𝑔 cos𝜙 sin𝜃 and 1/𝑟 in the above equation is given as, 
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where  𝑋1,𝑌1  the coordinates of the condensate surface are expressed in terms of the 
Cartesian coordinates  𝑋,𝑌  and 𝑟w  is the radius of curvature of the fin surface. 
Solutions were presented for HCFC-123 condensing on copper tubes of various 
profiles. It was shown that for copper tubes the heat-transfer is affected considerably 
by circumferential wall conduction.   
 
Wang and Rose (2007) developed a comprehensive differential equation for the local 
condensate film thickness, 𝛿 over the whole fin and tube surface, using the treatment 
of conservation of mass, momentum and energy, 
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(2.82) 
(2.80) 
(2.81) 
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where 𝜓 denotes the angle between the normal to the fin surface of the 𝑌 coordinate 
and 𝑟x  and 𝑟ϕ are the local radii of curvature of the condensate surface in the fin cross-
section and tube cross-section respectively, given by,    
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where 𝑟w  is the radius of curvature of the fin surface and 𝑋w , 𝑌w  are the  𝑋,𝑌  
coordinates of the fin surface, as illustrated in the physical model given in Fig. 2.21. 
Currently no solutions have yet been produced when these higher derivative terms are 
included, due in no small part to the difficulty in specifying the necessary number of 
boundary conditions. 
 
(iv) Interphase mass transfer resistance effects 
Briggs and Rose (1998) noted that in most cases, the temperature drop at the vapour-
liquid interface during condensation is negligible. Interface resistance only becomes 
significant at low pressure and high condensation rates, where the Mach number of 
the vapour flow towards the condensate surface is large.  
 
For condensation of steam, the condensate has relatively high thermal conductivity 
and where the condensate film is very thin, for example near the fin tip corners, the 
condensation rate is very high. It is here where the interface temperature drop will 
become significant, particularly at low pressure. It was predicted by the authors that 
for such cases, theoretical models which may perform well for atmospheric pressure 
would over predict the heat-transfer at lower pressures. To take account of the 
interphase temperature drop, the values of Δ𝑇 given in equations 2.69 – 2.71 were 
(2.83) 
(2.84) 
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modified by substituting the corresponding interface temperature drops across the 
condensate film for the relevant surface. These were calculated as follows, 
                                  
𝛥𝑇i,tip =
𝜁𝑞tip
𝑝
,    𝛥𝑇i,flank =
𝜁𝑞flank
𝑝
,    𝛥𝑇i,int =
𝜁𝑞int
𝑝
 
 
where 𝑝 is the fraction of fin surface with intensive heat flux and 𝜁, evaluated for 
steam, is given by, 
 
𝜁 =
1.06𝑅𝑇v
2 2𝜋𝑅𝑇v
 𝑃sat  𝑇v 𝑕fg
2  
 
 
For each of the three surfaces, the vapour-to-surface temperature difference is the 
summation of the temperature differences across the condensate film and at the 
interface. The problem was solved by iteration to give 𝑞tip , 𝑞flank  and 𝑞int  from which 
the total heat-transfer rate could be obtained. 
 
A comparison is given in Fig. 2.22 of the theory of Rose (1994) with and without the 
inter-phase temperature drop modification described above along with the data of 
Wanniarachchi et al. (1985) for steam. It can be seen that the pressure dependence 
predicted by the original model (which is based on only the dependence of the fluid 
properties on temperature) is much smaller than that shown by the experimental data. 
When interphase resistance is taken into consideration, taking 𝑝 = 0.1, the model 
reflects the pressure dependence quite well. It can be seen that at atmospheric 
pressure, interface resistance has a small effect, causing the enhancement ratio to 
reduce from around 3.5 to about 3.3, whereas at low pressure, the interface 
temperature drop has a much more significant effect. For refrigerants, the effect of 
interface temperature drop was shown to be negligible, due to the very low 
condensation rates. 
                                 
Wang and Rose (2004) pointed out that the effect of interphase resistance becomes 
more important in the areas of sharp changes in curvature of the condensate surface. 
They used the same interphase temperature drop as given in equations 2.85. When the 
local temperature drop at the interface is included in the differential equation in 2.82 
(2.85 a,b,c) 
(2.86) 
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the condensate surface temperature is no longer uniform and depends on the local heat 
flux 𝑞x  given by, 
                              
𝑞x =
1
 1 +
𝜁𝑘
𝛿x
 
𝑘 𝑇sat − 𝑇w 
𝛿x
 
 
Their results in Fig. 2.23(a,b) show that the condensate film is extremely thin at the 
corner of the fin tip and at locations towards the fin root on the fin flank and interfin 
tube surface, i.e. locations A, B and C. Results are shown for cases with and without  
the inclusion of interphase resistance. For both cases, a peak can be observed on either 
side of the corner of the fin tip (where there are abrupt changes in surface curvature) 
and other smaller peaks lower on the fin flank and on the interfin tube surface. The 
difference between the results with and without interphase resistance can be seen 
particularly at point A where again there are sharp changes in curvature and the heat 
flux is highest. 
 
To conclude, the differential equation expressed in equation 2.82 is the most full and 
complete model to date. Rose (1994) derived a semi-empirical model combining 
gravity and surface tension effects. Heat fluxes were determined for each part of the 
finned tube surface and an estimation of retention angle was provided.  Briggs and 
Rose (1994) later included a modification to account for the radial conduction in the 
fins in an approximated way. Earlier approaches such as Beatty and Katz (1948) 
neglected surface tension effects. Models of Karkhu and Borovkov (1971), Rifert 
(1980) and Rudy and Webb (1983) assumed linear pressure variation along the fin 
flank and using an assumed radius of curvature at the root and tip of the fin. 
Furthermore, the method used by Honda and Nozu (1987) failed to consider the 𝜙 
derivatives as well as the curvature in the circumferential direction as was done in the 
second term of equation 2.82. Later, Honda et al. (1995) included the term expressed 
in equation 2.82, with the first derivative of 𝛿 with respect to 𝜙, yet neglecting terms 
higher than the first derivative. The solution does not consider the abrupt thickening 
of the film at the retention angle. Considerations for the effect of interphase mass 
transfer made by Briggs and Rose (1998) have proved effective for low pressure and 
high condensation rates where the interphase temperature drops become significant.  
(2.87) 
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2.4.3 Forced-convection condensation   
As previously discussed, for free-convection condensation on integral-fin tubes, the 
combined effects of gravity and surface tension act to thin the condensate film and 
consequently enhance the heat-transfer. However, in forced-convection condensation, 
the effects of vapour shear become relevant and can act as an additional enhancing 
mechanism, significantly increasing the heat-transfer coefficient as seen on plain 
tubes. In addition, vapour velocity may also affect the retention angle which in turn 
will affect the heat-transfer.  
 
Our definition of enhancement ratio can be extended to include the additional 
parameter of vapour velocity as follows, 
                   
𝜀 =  
𝛼finned
𝛼plain
 
same  ∆𝑇 and  𝑈v
=  
𝑞finned
𝑞plain
 
same  ∆𝑇 and  𝑈v
 
 
That is, the vapour-side heat-transfer coefficient for a finned tube, divided by the 
vapour-side heat-transfer coefficient for a plain tube at the same vapour velocity and 
the same temperature drop across the condensate film. 
 
(a) Experimental investigations 
Michael et al. (1989) reported experimental data for one plain tube and three finned 
tubes with a height and thickness both equal to 1.0 mm and with fin spacings of       
0.25 mm, 1.5 mm and 4.0 mm. Tests were performed with steam and R-113, with 
vapour velocities varying from 0.4 to 1.9 m/s for R-113 at atmospheric pressure and 
4.8 to 31.2 m/s for steam at 116 kPa. Heat-transfer measurements were obtained by 
subtracting the coolant-side and wall resistances from the measured overall 
resistances. It was evident from the results for each of the 3 tubes tested and both test 
fluids that there was an increase in heat-transfer coefficient due to vapour velocity. 
For steam, as velocity increased from 4.8 to 31.2 m/s, the corresponding increases in 
vapour-side heat-transfer coefficient were 50 %, 30 % and 12 % for tubes with fin 
spacings of 0.25 mm, 1.5 mm and 4.0 mm respectively. The results showed that steam 
provides a greater increase in vapour-side heat-transfer coefficient than for R-113. It 
was seen that the data for R-113 condensing on tubes with fin spacings ranging from 
(2.88) 
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0.25 mm to 1.5 mm, heat-transfer coefficients were similar and around 50 % higher 
than those for the tube with fin spacings of 4.0 mm. The effect of velocity on the 
vapour-side heat-transfer coefficient was shown to have a more significant effect on 
the plain tube than the finned ones.  
 
Briggs et al. (1992) produced accurate measurements for steam using instrumented fin 
tubes with thermocouples embedded in the tube wall, thus eliminating the use of 
predetermined coolant side correlations or “Wilson plot” methods. Tests were 
conducted for R-113 at atmospheric conditions, steam at 14 kPa and ethylene glycol 
at 2.5 kPa. Three finned tubes, with a fin root diameter of 19.1 mm, a fin thickness 
and height of 1.0 mm and fin spacings of 0.5, 1.0 and 1.5 mm were used. For 
comparison, a plain tube with outside diameter of 19.1 mm was also tested. While the 
range of vapour velocities achieved was limited, in most cases the data showed a 
decrease in vapour-side enhancement ratios with increasing vapour velocity. For both 
diameter tubes, the best performing finned tubes were those with fin spacings of      
1.5 mm, 1.0 mm and 0.5 mm, for steam, ethylene glycol and R-113 respectively. The 
effect of the vapour velocity was smaller for the finned tubes that for the plain tube, in 
all cases and smallest of all for the best performing tube for each fluid.  
 
Bella et al. (1993) produced data for R-11 and R-113 at velocities ranging from 2 to 
30 m/s on a single horizontal finned tube. Their experimental data showed a heat-
transfer enhancement due to vapour shear stress. The highest vapour velocities tested 
provided a 50 % increase in heat-transfer coefficient in comparison to data obtained 
under near stationary vapour conditions. The results showed that significant changes 
in enhancement ratio as Reynolds number exceeded 100,000.  
 
Cavallini et al. (1994) produced data with vapour velocities up to 10 m/s for, R-113 
and R-11 condensing on three integral-fin tubes and one three-dimensional fin tube. It 
can be seen from their results displayed in Fig. 2.24, that for both refrigerant, tubes 
with a higher fin density, for example 1333 fins per meter, produced results with a 
similar relationship to the results obtained by Briggs et al. (1992); that is a decrease in 
enhancement ratio for an increase in vapour velocity. In contrast, for the more densely 
finned tubes i.e. 2000 fins per meter, vapour velocity had a similar effect as on a plain 
tube and the enhancement ratio was independent of vapour velocity. Cavallini et al. 
70 
 
(1994) accredited this to the effect of vapour shear stress and the presence of 
turbulence within the film of condensate and a “reduction of the liquid film thickness 
in the flooded region” as vapour velocity increased.   
 
Most recently, Namasivayam and Briggs (2004, 2005, 2006) produced a 
comprehensive set of experimental data for a wide variety of tube geometries and 
vapour velocities. In total nine tubes were tested using steam at atmospheric pressure 
and at 14 kPa and ethylene glycol at 15 kPa. The data produced for steam condensing 
at atmospheric pressure were limited to 10 m/s (the maximum attainable vapour 
velocity for their apparatus under such conditions) and results were in-line with the 
results of previous investigations in that vapour velocity increased heat-transfer 
coefficients for the finned tubes less than for the plain tube and hence enhancement 
ratio reduced with increasing vapour velocity. Most of the tubes tested produced a 
similar relationship for steam and ethylene glycol. This can be seen from Fig. 2.25 
which illustrates the results obtained for ethylene glycol where vapour velocities of up 
to 22 m/s were achieved. It is evident however, that for tubes with fin spacings of      
0.25 mm and 0.5 mm, the enhancement ratio increases with higher vapour velocities, 
rather than decreases. This directly contradicts the experimental results obtained by 
previous researchers. Their experiment also showed a slight reduction in “flooding” of 
condensate compared to the stationary vapour case for the two tubes mentioned.   
 
Namasivayam and Briggs (2007a, 2007b) continued experiments using steam 
condensing at low pressure with an extensive range of vapour velocities up to 62 m/s. 
It was concluded that enhancement ratio was significantly affected by fin spacing and 
vapour velocity and the relationship between these two parameters lead to complex 
trends in the data. To illustrate this, a sample of their results is given in Fig. 2.26. It 
can be seen for low vapour velocities, in this case less than 35 m/s, the enhancement 
ratio decreases as the vapour velocity increases as seen by the results obtained in 
previous investigations. However, it was observed that at a “critical” point of vapour 
velocity, which differed depending on the fin geometry, the presence of vapour shear 
on the condensate film became more significant. Under these conditions, the vapour 
shear lead to less condensate retention between the fins on the lower part of the tube. 
This had the resultant effect of producing higher enhancement ratios. The increase in 
retention angle due to vapour shear was limited to 22 %, 50 % and 67 % for a tube 
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with fin spacings of 0.25 mm, 0.5 mm and 1.5 mm, respectively, where all over tube 
geometries remained constant. Higher vapour velocities did not have the effect of 
increasing the retention angle further and enhancement ratio can be seen as 
independent of vapour velocity. It was therefore concluded, that the vapour velocity 
only has an effect on the retention angle for angles less than that at which the vapour 
boundary layer begins to separate. This explanation appears to explain the trends 
presented in Figs. 2.25 and 2.26. 
 
A summary of the above experimental investigations for forced-convection 
condensation on horizontal integral-finned tubes can be found in Table 2.2. 
 
(b) Theoretical investigations 
Cavallini et al. (1996) took account of the shear stress in forced-convection 
condensation on integral-fin tubes by combining the method of Briggs and Rose 
(1994) for low vapour velocities with a semi-empirical model involving the film and 
vapour Reynolds numbers for high velocity. The vapour-side heat-transfer coefficient 
was thus given by,   
                 
𝛼 =  𝛼0
𝑛 + 𝛼v
𝑛 
1
𝑛  
 
where the first asymptote, 𝛼0 is the heat-transfer coefficient for stationary vapour 
conditions when shear stress effects are insignificant and the second asymptote 𝛼v  is 
the heat-transfer coefficient under forced convection conditions when surface tension 
and gravity become negligible.  The first asymptote 𝛼0 is obtained from,          
                    
𝛼0 = 𝜀0𝛼Nu  
 
where 𝜀0 can be calculated from the model given by Rose (1994) in equation 2.75 and 
𝛼Nu  is the heat-transfer coefficient based on a plain tube, with same fin-root diameter, 
obtained using the Nusselt (1916) model. Computing the data of Bella et al. (1993) 
and Cavallini et al. (1994) derived using 𝑛 = 2, values for the second asymptote were 
found directly and were corrected by the expression,  
 
(2.89) 
(2.90) 
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𝑁𝑢v = 𝐶 × 𝑅𝑒eq
0.8 × 𝑃𝑟f
1 3 
 
where,                  
𝐶 = 0.03 + 0.166  
𝑡0
𝑝
 + 0.07  
𝑕
𝑝
  
and                   
𝑅𝑒eq =  
𝜌v𝑈max 𝑑0
𝜇f
  
𝜌f
𝜌v
 
1 2 
 
 
The parameter 𝐶 is a function of fin geometry, which provides a weighted 
contribution for forced-convection for the various parts of the finned tube. It was 
found that the effects of vapour shear were only relevant for vapour Reynolds 
numbers greater than 70,000. The model predicts data for refrigerants and ethylene 
glycol to within 25 %, as seen by Fig. 2.27(b). However, it is less successful at 
predicting condensation of steam, as seen in Fig. 2.27(a).  
 
It was recently argued by Briggs and Rose (2009) that surface tension will affect the 
fin flank, whilst the fin tip and root will be under the effect of vapour shear. 
Moreover, the roots will not be affected as much by vapour shear as the tips, due to 
their positioning being “protected” by the fins. Therefore, Briggs and Rose (2009) 
derived the following empirical model to determine the vapour-side heat-transfer 
coefficient for forced-convection for the fin tip and root, 
                   
𝛼v = 𝛼t  
𝑡
𝑝
  
𝑑0
𝑑
 + 𝛼r  
𝜙obs
𝜋
  
𝑠
𝑝
  
where,                             
𝛼t =  
𝑘
𝑑0
 𝐴𝑅 𝑒t
𝑎  
and                   
𝛼r =  
𝑘
𝑑
  1 − exp  − 
𝑠
𝑕
 
𝑚
  𝐴𝑅 𝑒r
𝑎  
 
where 𝑅 𝑒t and 𝑅 𝑒r  are the two-phase Reynolds numbers based on the fin tip and fin 
root, respectively. In this approach, the vapour-side heat-transfer coefficient is 
(2.91) 
(2.92) 
(2.93) 
(2.94) 
(2.95) 
(2.96) 
73 
 
determined by the summation of the effects of vapour shear, surface tension and 
gravity, as in equation 2.90. Equations 2.95 and 2.96 incorporate the Shekriladze and 
Gomelauri (1966) method for forced convection on a plain tube which gives the 
relationship 𝑁𝑢 = 0.9𝑅 𝑒0.5. The exponential term in equation 2.96 relates to the 
effect of vapour shear at the fin root, where, for values of 𝑚 greater than zero, the 
term will tend to unity for large values of the ratio 𝑠/𝑕 and to zero when the ratio 
becomes small.  
 
This new model has four empirical constants i.e. 𝑛, 𝑚, 𝐴 and 𝑎, obtained by 
minimising the sum of the square of the residuals of the heat-transfer coefficients. The 
model was compared to the experimental data of various researchers, summarised in 
Table 2.2, for forced-convection condensation on integral-fin tubes containing 2888 
data points, for 18 different tube geometries and four test fluids, conducted over a 
range of vapour velocities and pressures. This produced values for the constants as 
follows; 𝑛 = 3.0, 𝑚 = 0.2, 𝐴 = 2.0 and 𝑎 = 0.5. Calculating these values more 
significant figures provided a minimal increase in accuracy of the overall result. It is 
worth noting that 𝑚 is a positive value, providing confidence in the form of    
equation 2.96.  
 
This new model is incomplete as it relies on observed retention angles which can 
often be very different to those calculated from models for quiescent vapour due to 
the effect of vapour shear. A more complete model should include an equation 
relating condensate retention angle to vapour velocity, geometric parameters and 
condensate properties.  
 
A comparison can be seen from Fig. 2.28 illustrating the new model‟s performance on 
calculating heat-transfer coefficients for steam and other fluids. Both figures show the 
new model providing a more accurate solution for steam when seen in comparison 
with the model of Cavallini et al. (1996) discussed previously (see Fig. 2.27). 
However, for non-steam data, the model of Cavallini et al. (1996) is better, providing 
more data points within 25 %, whereas the new model is less accurate with this data 
although results obtained are still acceptable.  
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2.4.4 Concluding remarks 
Early theoretical models for condensation on horizontal integral-fin tubes assuming 
drainage by gravity alone have proved insufficient. Gregorig (1954) pointed out that 
surface tension forces are induced by sharp changes in the curvature of the liquid-
vapour interface due to the presence of finned or fluted surfaces. The presence of a 
pressure gradient as a result of surface curvature enhances condensate drainage and 
consequently heat-transfer. Simultaneously, surface tension causes retained 
condensate between the fins on the lower part of the tube, leading to a reduction in 
heat-transfer to that part of the tube. The amount of fluid retention for horizontal tubes 
with either rectangular or trapezoidal shaped fins can be determined theoretically and 
have been tested successfully against experimental measurements. The fact that some 
theoretical models treat surface tension drainage on the fin flanks by assuming 
unrealistic linear pressure variation and neglecting gravity, provide fairly good 
prediction of the experimental data suggests that linear pressure distribution 
approximations may overestimate surface tension drainage and compensate for the 
neglect of gravity. 
 
For forced-convection condensation on horizontal integral-fin tubes, the combined 
effects of surface tension, gravity and vapour shear has only recently received 
attention.  Experimental investigations have shown that the effect of the vapour shear 
on the degree of condensate flooding appears to be a major factor in enhancing heat-
transfer. Theoretical investigations have not currently provided an acceptable 
agreement with existing experimental data; the only conformity is that with the data 
used to determine the constants. Moreover, correlations for refrigerants do not 
satisfactorily align with experimental data for steam. In addition, the relative effects 
of surface tension and vapour shear on different areas of the tube surface above the 
flooding point need to be addressed. 
 
2.5 Concluding remarks 
For free-convection condensation on plain horizontal tubes the Nusselt (1916) theory 
provides good agreement with experimental data. The main assumptions of the 
Nusselt theory have been validated by more complex studies which include pressure 
and inertia in the condensate film. These models have shown acceptable agreement 
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with experimental data obtained for a wide range of fluids and vapour conditions. For 
forced-convection condensation on plain horizontal tubes, various studies account for 
the vapour shear stress at the liquid-vapour interface and approximations of the 
boundary layer separation. Although most approaches give similar agreement for low 
vapour velocities, large variations can be seen for low pressure, high velocity 
conditions. Experimental investigations show good agreement with theoretical results, 
however there still remains areas of uncertainty, in particular for cases with high 
velocity concerning separation of the vapour boundary layer and the onset of 
turbulence in the condensate film. 
 
Experimental investigations into condensation of pure, quiescent vapour on horizontal 
integral-fin tubes have shown large enhancements in vapour-side heat-transfer 
coefficients over plain tubes. The mechanisms involved are complex, involving 
gravity and surface tension forces. Surface tension acts to thin the condensate film at 
the fin tips and fin flanks on the upstream part of the tube, while thickening the 
condensate film at the inter-fin space on the downstream part of the tube, known as 
condensate retention. Results for lower surface tension fluids e.g. refrigerants and 
ethylene glycol have shown highest enhancements, with steam providing 
enhancements often lower than the equivalent increases in surface area.  
 
For high vapour velocities, large interfacial shear forces on the condensate film can 
considerably change the condensate flow around the tube, resulting in a substantial 
change to the heat-transfer. For integral-fin tubes under stationary vapour conditions, 
the gravity and surface tension effects are dominant, however for forced-convection 
conditions; shear stress may become the dominant enhancing mechanism. To date, no 
complete model exists relating the retention angle to vapour velocity, geometric 
parameters and condensate properties. While some models perform better than others, 
a successful model should be capable of combining the effects of gravity, surface 
tension, capillary retention and vapour shear. This remains an area in need of further 
investigation. 
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Table 2.1 Experimental data of various investigators for free-convection condensation 
on horizontal integral-fin tubes. Key for Figs. 2.18 - 2.20. 
 
Reference Tube  
material 
Test  
fluid 
No. of  
tubes 
Symbols 
used  
Masuda and Rose (1985)  Copper R-113 5   
Wanniarachchi et al. (1985)  Copper Steam 4 
 
Yau et al. (1986) Copper Steam 4 
 
Masuda and Rose (1988) Copper Ethylene- 
glycol 
4 
 
Marto et al. (1990) Copper R-113 19 
 
Briggs et al. (1995) Copper Steam 8 
 
Briggs et al. (1995) Copper R-113 8 
 
Briggs et al. (1995) Brass Steam 8  x 
Briggs et al. (1995) Brass R-113 8  + 
Briggs et al. (1995) Bronze Steam 8  * 
Briggs et al. (1995) Bronze R-113 8   
 
 
Table 2.2 Experimental data of various investigators for forced-convection 
condensation on horizontal integral-fin tubes. Key for Figs. 2.27 - 2.28. 
 
Reference Test  
fluid 
Pressure /  
(kPa) 
Vapour  
velocity† / 
(m/s) 
No. of 
tubes
‡
 
Symbols 
used  
Michael et al. (1989) Steam 12 4.7 - 31.4 3   
Michael et al. (1989) R-113 101 0.4 - 1.9 3 + 
Briggs et al. (1992) Steam 3 2.4 - 9.0 3 - 
Briggs et al. (1992) Ethylene- 
glycol 
3 6.9 - 33.3 3 
 
Bella et al. (1993)  R-11, R-113 104-198 2.0 - 30   3* 
 
Cavallini et al. (1994) R-11, R-113 111-193 0.6 - 24.9   3* 
 
Namasivayam and  
Briggs (2005) 
Ethylene- 
glycol 
15 10.5 - 22.1 9 x 
Namasivayam and  
Briggs (2004, 2006) 
Steam 102 2.3 - 10.4 9 
 
Namasivayam and  
Briggs (2007a, 2007b) 
Steam 14 14.0 - 62.7 9   
 
∗ Includes 1 trapezoidal cross-section finned tube, 
† Vapour velocity is calculated based on the maximum flow area of the test section, 
‡ All tubes were made from copper. 
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Figure 2.1 Coordinate systems of condensation on a horizontal tube used in the 
Nusselt (1916) model (after Rose (1988)) 
 
 
Figure 2.2 Free-convection condensation on a horizontal tube. Effect of inertia and 
convection terms (after Sparrow and Gregg (1959)) 
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Figure 2.3 Free-convection condensation on a horizontal tube. Effect of inertia and 
convection terms and interface shear stress (after Chen (1961)) 
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Figure 2.4 Condensation on a horizontal tube. Dependence of dimensionless film  
thickness on angle (after Memory and Rose (1991)) 
 
 
 
Figure 2.5 Condensation on a horizontal tube. Dependence of dimensionless heat flux 
on angle, measured from the top of the tube. Points indicate Memory and Rose (1991) 
solution and lines indicate result of Zhou and Rose (1996) (after Zhou and Rose 
(1996)). 
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Figure 2.6 Local heat-transfer coefficients for forced-convection condensation of 
steam on a horizontal tube. Comparison of Nusselt (1916), Shekriladze and 
Gomelauri (1996) and Fujii et al. (1972) solutions (after Fujii et al. (1972)). 
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Figure 2.7 Condensation heat-transfer with vapour down flow over a plain horizontal 
tube. Comparison of numerical solutions of Nusselt (1916) in equation 2.20, 
Shekriladze and Gomelauri (1966) in equation 2.41, Fujii et al. (1972) in equation 
2.44, Lee and Rose (1982) in equation 2.46 and Rose (1984) in equations 2.50 and 
2.48. 
 
 
Figure 2.8 Condensation heat-transfer with vapour down flow over a plain horizontal 
tube. Data of Lee et al. (1984) for R-113 with theories of Nusselt (1916) and         
Fujii et al. (1972) for various values of 𝐺 (after Lee et al. (1984)). 
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(a) “Un-corrected” data 
 
 
(b) “Corrected” data – subtracting ∆𝑃1 and ∆𝑃2 (equations 2.51 and 2.52) 
 
Figure 2.9 Comparison of Memory and Rose (1986) experimental data for forced-
convection condensation of ethylene glycol at low pressure with theories of Nusselt 
(1916) in equation 2.20, Fujii et al. (1972) in equation 2.44 and Rose (1984) in 
equation 2.50 over a plain horizontal tube. Taking 𝑎 = 1 and 𝑏 = 0.8. 
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Figure 2.10 Condensation heat-transfer with vapour down flow over a plain horizontal tube. 
Comparison of Rose (1984) model in equation 2.48 with experimental data of various 
investigators for extreme values of 𝐺 and 𝑃∗ (after Rose (1988)). 
 
 
Figure 2.11 Comparison of Honda et al. (1983) model of observed and calculated 
retention angles for a range of tube geometries and fluids (after Briggs 2005). 
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Figure 2.12 Co-ordinate system for condensate retention model of Masuda and Rose 
(1987) (after Masuda and Rose (1987)) 
 
Figure 2.13 Configuration of retained liquid (after Masuda and Rose (1987)) 
 
Figure 2.14 Relationship between active area enhancement and fin spacing for 
condensation of steam, ethylene glycol and R-113 on a horizontal tube with 
rectangular cross-section fins (𝑑0 = 12.7 mm, 𝑕 = 1.6 mm and 𝑡 = 0.5 mm) 
(after Masuda and Rose (1987)) 
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Figure 2.15 Comparison of Beatty and Katz (1948) type model (equation 2.62) with 
experimental data of various investigators for free-convection condensation on 
horizontal integral-fin tubes (see Table 2.1 for key) (after Briggs (2000)). 
 
 
Figure 2.16 Comparison of Rudy and Webb (1981) type model (equation 2.63) with 
experimental data of various investigators for free-convection condensation on 
horizontal integral-fin tubes (see Table 2.1 for key) (after Briggs (2000)). 
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Figure 2.17 Condensation on a fluted surface (after Gregorig (1954))  
 
 
 
 
Figure 2.18 Comparison of Honda and Nozu (1987) model with experimental data of 
various investigators for free-convection condensation on horizontal integral-fin tubes 
(see Table 2.1 for key) (after Briggs (2000)). 
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Figure 2.19 Comparison of Rose (1994) model (equation 2.75) with experimental 
data of various investigators for free-convection condensation on horizontal integral-
fin tubes (see Table 2.1 for key) (after Briggs (2000)). 
 
 
Figure 2.20 Comparison of Briggs and Rose (1994) modification with experimental 
data of various investigators for free-convection condensation on horizontal integral-
fin tubes (see Table 2.1 for key) (after Briggs (2000)). 
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Figure 2.21 Condensation on a horizontal integral-fin tube with trapezoidal shaped 
fins. Physical model and coordinates of Wang and Rose (2007). 
 
Figure 2.22 Comparison of Rose (1994) theory with and without inter-phase matter 
transfer for data of Wanniarachchi et al. (1985) for condensation of steam on integral-
fin tubes (after Briggs and Rose (1998)). 
(b) Fin cross section  
        (unflooded region) 
(c) Fin cross section     
    (flooded region) 
(a) Tube cross section at mid- 
      point between fins 
89 
 
 
(a) Profiles of fin and calculated condensate film including interphase resistance 
 
 
(b) Calculated heat flux profiles along the fin surface with and without interface 
resistance 
 
Figure 2.23 Result showing effect of interphase resutance on different areas of 
condensate film surface on a fin, i.r. denotes interphase resistance (after Wang and 
Rose (2004).  
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(a) Data for R-11 
 
(b) Data for R-113 
 
Figure 2.24 Experimental data for forced-convection condensation of R-11 and R-113 
plotted on coordinates of 𝑁𝑢exp 𝑁𝑢0  against vapour Reynolds number for various fin 
densities (after Cavallini et al. (1994)). 
91 
 
 
Figure 2.25 Experimental data of Namasivayam and Briggs (2005) for forced-
convection condensation of ethylene glycol at 15 kPa showing effect of fin spacing 
and vapour velocity.  
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Figure 2.26 Effect of fin spacing and vapour velocity for steam condensing at low 
pressure (𝑑 = 12.7 mm, 𝑡 = 0.25 mm and 𝑕 = 1.6 mm). 
(after Namasivayam and Briggs (2007a)) 
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Figure 2.27 Comparison of Cavallini et al. (1996) model with experimental data of 
various investigators for forced-convection condensation on integral-fin tubes (after 
Briggs and Rose (2009)) (see Table 2.2 for key). 
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Figure 2.28 Comparison of Briggs and Rose (2009) model with experimental data of 
various investigators for forced-convection condensation on integral-fin tubes (after 
Briggs and Rose (2009)) (see Table 2.2 for key). 
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Chapter 3 
Aims of the Present Project 
The present work is a continuation of a research project at Queen Mary, University of 
London on forced-convection condensation on horizontal integral-fin tubes. The work 
has three main aims, 
1) To add to the available data base on forced convection, condensation heat-
transfer on horizontal integral-fin tubes. Two copper integral- fin tubes and one 
plain tube will be tested for condensation of atmospheric and low pressure 
steam and low pressure ethylene glycol and a wide range of vapour velocities. 
All three tubes will be instrumented with thermocouples embedded in the walls 
to directly measure the vapour-side temperature difference and therefore 
minimise the uncertainty in this important parameter. 
 
2) To investigate the effect of vapour velocity on condensate retention on integral-
fin tubes using a small vertical wind tunnel and simulated condensation. This 
will allow a wide range of fluid and fin geometry combinations to be tested. The 
efficacy of this indirect approach will be verified by comparing the results to 
observations of condensate retention taken during actual condensation tests in 1) 
above. 
 
3) To use the results from 1) and 2) above to develop and further verify the semi-
empirical model for condensation on integral-fin tubes initiated by Briggs and 
Rose (2009) for forced convection condensation on integral-fin tubes, as well as 
shed light on the physical mechanisms underlying the dependence of condensate 
retention on vapour velocity reported in earlier investigations.  
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Chapter 4 
Experimental Apparatus and Instrumentation 
 
A major short coming of earlier work into the effects of vapour velocity on 
condensation on finned tubes was the use of indirect methods to obtain the vapour-
side heat-transfer coefficients. This is particularly problematic at low pressures where 
the low overall (vapour-to-coolant) temperature difference results in large 
uncertainties in the vapour-side temperature difference and hence the vapour-side 
heat-transfer coefficients. In the present investigation, instrumented tubes were 
modified to fit into the smaller diameter test section enabling direct measurement of 
the tube wall temperature and therefore more accurate results to be obtained of the 
vapour-side heat-transfer coefficients. This allowed data to be taken at lower 
pressures and hence higher vapour velocities. 
 
In addition to the heat-transfer data obtained, extensive data was obtained for 
condensate retention on a range of tube geometries and velocities under simulated 
condensation conditions using a vertical wind tunnel. 
 
4.1 Condensation Experiments  
The experimental apparatus was designed and built by Frydas (1983) who used it to 
gather heat-transfer data for condensation of steam and steam-air mixtures flowing 
vertically over a single horizontal plain tube. Later, Lee (1982) used the apparatus to 
obtain data for condensation of steam and R-113 with various non-condensing gases. 
Rahbar (1989) modified the apparatus by reducing the diameter of the test section in 
order to obtain higher vapour velocities and used it to investigate condensation of 
R-113 and ethylene glycol. Memory (1989) continued the study using ethylene glycol, 
again using a plain tube. Briggs (1991) replaced the test section with the previous 
larger diameter one in order to test larger diameter integral-fin tubes. In order to 
obtain higher vapour velocities Namasivayam (2006) refitted the apparatus with the 
smaller diameter test section and the maximum power to the boiler heaters was 
increased from the previous 30 kW to 60 kW. In the present investigation, the same 
smaller diameter test section and increased boiler power was used.  
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4.2 Apparatus for Condensation Experiments  
4.2.1 General layout 
The apparatus was composed of a closed loop, stainless steel test rig. Fig. 4.1 shows a 
schematic diagram of the apparatus. Vapour was generated in three identical 
electrically heated boilers (total power 60 kW) and traveled through a 180º bend to be 
directed vertically downward through a calming section, before being condensed on a 
horizontally mounted test condenser tube. Excess vapour not condensed on the test 
tube was passed to an auxiliary condenser located directly beneath the test section, 
from which the condensate was returned to the boiler by gravity.  The tube and 
auxiliary condenser were cooled by water, supplied by a centrifugal pump via a 
variable aperture float-type flow meter. The entire rig was manufactured from 
stainless steel and glass. A circular glass viewing port was installed for visual 
observations of the test tube during operation. The apparatus was well insulated in 
order to minimise heat loss to the surroundings.  
 
4.2.2 Test section 
Fig. 4.2 shows the stainless steel test section. It had a circular cross-section with an 
internal diameter of 70 mm and length of 360 mm. The test tube was mounted 
horizontally in the test section, held in place by two PTFE (Polytetrafluoroethylene or 
Teflon) bushes which also served to thermally insulate the tube from the walls of the 
test section. The test tubes were also insulated on the inside using PTFE inserts before 
and after the condensing section, providing internal and external surface areas 
available to heat-transfer of equal length. These inserts reduced the internal diameter 
of the tube not exposed to condensing vapour to 6.4 mm.  
 
Two stainless steel closed thermocouple pockets extended into the vapour stream,    
65 mm upstream and 45 mm downstream of the test tube. An 8 mm diameter pressure 
tap connected to a mercury-in-glass U-tube manometer (as shown in Fig. 4.12) was 
positioned 65 mm upstream of the test tube. The test tube could be viewed under 
operating conditions through a 50 mm diameter circular glass window. Two brass 
mixing boxes were placed at the inlet and outlet of the test tube. The outlet of the tube 
was completely blocked off by the PTFE inserts. Water was allowed to enter the 
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mixing boxes radially by equally spaced holes drilled in the side of the PTFE inserts. 
Further details of the test tube installation technique can be been in Fig. 4.3 and an 
illustration of the inlet and outlet mixing boxes are given in Fig. 4.4. 
 
4.2.3 Test condenser tubes 
The copper test condenser tubes used in this study had a total length of 360 mm, of 
which 70 mm was exposed to condensing vapour. Tube A was a plain tube with a 
outside diameter of 12.7 mm. Tube B had a fin spacing of 0.6 mm and a fin thickness 
of 0.3 mm and tube C had a fin spacing of 1.0 mm and a fin thickness of 0.5 mm. 
Both tubes B and C had a fin height of 1.6 mm and a fin-root diameter equal to the 
outside diameter of the plain tube. All three tubes had an internal diameter of 8.0 mm. 
Details of all tube dimensions are given in Table 4.1. 
 
The tube wall temperature was measured directly by four thermocouples embedded in 
the tube wall at 90° intervals around the tube circumference with a 22.5° offset from 
the vertical. Measuring junctions were located at the centre of the length of tube 
exposed to vapour.  
 
Each tube was manufactured from a thick-walled copper tube. Four equally spaced 
longitudinal channels 1.5 mm square were machined axially along the outer surface of 
the tube. The thermocouples were then inserted in the channels. Close-fitting 
rectangular copper strips were soldered into the channels over the thermocouple leads 
and the outer surface turned smooth on a lathe. At this point, the plain tube was thinly 
copper plated while the finned tubes were copper plated to a diameter exceeding that 
of the diameter required by the fins. This was done by a process of electroforming. 
The final stage of manufacture was to turn the tubes down to the fin tip diameter and 
machine rectangular profile fins to the required root diameter. Fig. 4.5 shows the 
location of the thermocouples embedded in the tube wall. Fig. 4.6 shows the various 
stages of manufacture of the tubes and Fig. 4.7 shows the finished integral fin tubes.  
 
4.2.4 Auxiliary condenser 
The purpose of the auxiliary condenser was to condense the excess vapour that was 
not condensed on the test tube. An illustration of this is given in Fig. 4.8 from which it 
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can be seen to contain 34 stainless steel tubes with an outside diameter of 25.4 mm 
and length 500 mm, cooled internally by water. A vent was attached to the condenser 
which led, via two cold traps, to a vacuum pump for tests at low pressure, or left open 
for tests conducted at atmospheric pressure.    
 
4.3 Instrumentation of Condensation Experiments 
4.3.1 Boiler power 
Steam was generated in three identical stainless steel boilers, illustrated in Fig. 4.9. 
Each boiler contained four electric immersion heaters of nominal power 5 kW each, a 
sight glass to indicate the level of test fluid in the boiler and a closed thermocouple 
pocket. The heaters were connected to a variable transformer allowing continuous 
variation of input power from 0 to 60 kW when operating all three boilers. The 
electrical power supplied to the heaters divided into three separate phases and 
calculated from the voltage drop and the current flowing through each heater on that 
phase. The transformers on each phase were separately calibrated and details of the 
calibration tests can be seen in Appendix B.4. Measurements were obtained using a 
digital voltmeter (Thurlby Thandar Model Digital Multimeter 1906) having an 
accuracy of ± 0.3 % of the measured voltage. 
 
4.3.2 Cooling water flow rates 
The cooling water flow rates to the test tube and the auxiliary condenser were 
measured using precision bore, variable aperture, float-type flow meters. One flow 
meter with range of 10-100 l/min fed the test tube and another flow meter supplied the 
auxiliary condenser with coolant with an operating range of 15-150 l/min.  
 
4.3.3 Temperatures 
The following temperatures were measured using nickel-chromium/nickel-aluminium 
(K-type) twin-laid, Teflon-coated thermocouples.  
i. The temperature of the liquid in each of the three boilers (T1-T3), 
ii. Two temperature readings of the vapour at the test section, above and 
below the test tube (T4 and T5), 
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iii. Two temperature readings for the coolant water, at the inlet and outlet of 
the test tube (T6-T7), 
iv. Temperature measurements at the inlet and outlet of the coolant to the 
auxiliary condenser (T8-T9), 
v. The temperature of the condensate returning to the boilers (T10), 
vi. Four local temperature measurements of the test tube wall (T11-T14). 
 
The location of each of these thermocouples (T1-T) are depicted in Fig. 4.1. 
 
An example of the thermocouple arrangement is depicted in Fig. 4.10. The 14 cold 
junctions of the thermocouples were each fed into glass tubes and immersed in a 
mixture of crushed ice and distilled water contained in a vacuum walled vessel. All 14 
thermo-emf readings were measured using the same digital voltmeter as described in 
section 4.2.1. All thermocouples were calibrated as described in Appendix B.1. 
 
4.3.4 Test tube coolant temperature rise 
As well as the thermocouples at the coolant inlet and outlet of the test tube, a           
10-junction thermopile was set-up between the inlet and outlet of the test tube in order 
to determine the coolant temperature rise more accurately. This produced a digital 
thermo-emf reading corresponding to the temperature rise of the coolant. An 
illustration of the thermopile probes are given in Fig. 4.11a and the wiring 
arrangement is given in Fig. 4.11b. Each of the 10 inlet and 10 outlet junctions were 
placed in closed end stainless steel tubes and inserted into the inlet and outlet mixing 
boxes, with adequate isothermal immersion of the junctions.  
 
4.3.5 Test section vapour pressure 
A mercury and test-fluid glass U-tube manometer was used to measure the pressure of 
the vapour in the test section. One opening was connected to the test section and the 
other left open to atmosphere as detailed in Fig. 4.12. The mercury and test fluid 
levels were determined by a back mounted precision steel rule and vernier scale 
graduated to 0.02 mm, allowing the vapour pressure to be measured to within       ±50 
Pa. An overspill was introduced, to ensure the fluid level within the manometer 
remained within the range of the scale and to prevent the mercury entering the 
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apparatus in the event of a sudden pressure increase. A Fortin barometer was used to 
measure the atmospheric pressure in the laboratory. 
 
4.4 Simulated Condensation Experiments 
Tests have been conducted using downward flow of air over eight horizontal integral-
fin tubes with liquid supplied through holes in the inter-fin space along the top to 
simulate condensation. Tests were carried out with water, ethylene glycol and R-113. 
Retention positions were observed by photographing the tubes for air velocities 
ranging from 0 m/s to 24 m/s. 
 
4.5 Apparatus for Simulated Condensation Experiments 
The apparatus (see Figs. 4.13 and 4.14) consisted of a vertical open wind tunnel 
capable of air velocities of up to 24 m/s. A horizontal finned tube was placed in the 
test section. The finned tubes had 0.4 mm diameter holes drilled in each fin space 
along the top of the tube. A photograph of the test tubes from above showing the 
holes can be seen from Figs. 4.15 and 4.16 and a sketch of the tube can be seen in Fig. 
4.17. One end of the finned tube was connected to a fluid reservoir via a flexible tube 
and valve to control the flow rate. The other end of the tube was closed using a rubber 
bung. A plane perspex window was located on the test section wall for visual and 
photographic observation of the tube. The vessel was placed above the height of the 
test tube which supplied sufficient pressure head. In order to measure the flow rate of 
the air, a hot-wire anemometer with a range of 0.2 m/s to 25 m/s with a resolution of 
0.1 m/s and an accuracy of ± 1 % was used. The sensor head of the hot-wire 
anemometer was located in the centre of the wind tunnel test section through a small 
hole placed 3 cm above the test tube, as shown in Fig. 4.13.  
  
The test tubes are divided into two sets; set A consisting of five tubes (A1-A5), all 
having constant fin height of 0.8 mm and fin thickness of 0.5 mm with fin spacings of 
0.5 mm, 0.75 mm, 1.0 mm, 1.25 mm and 1.5 mm, respectively and set B consisting of 
three tubes (B1-B3) all having constant fin height of 1.6 mm with fin spacings of    
0.6 mm, 1.0 mm and 1.5 mm. In set B, tubes had fin spacings of 0.6 mm, 1.0 mm and 
1.5 mm with corresponding thicknesses of 0.3 mm, 0.6 mm and 0.5 mm respectively. 
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For all tubes, the other geometric parameters were kept constant, i.e. all tubes had a 
fin root diameter of 12.7 mm and a total length of 300 mm. The holes between the 
fins were 0.3 mm in diameter. All tubes were manufactured from aluminium and 
contain 10 fins on each tube, except for tube B3 with had 20 fins. All tube geometries 
are detailed in Table 4.2.  
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Table 4.1 Dimensions of instrumented tubes used in condensation experiment* 
Tube 
𝑠 / 
(mm) 
𝑑 / 
(mm) 
𝑑i / 
(mm) 
𝑡 / 
(mm) 
𝑕 / 
(mm) 
Fins/meter/ 
(fpm) 
Area 
ratio 
𝐴f/𝐴p  
no. of wall  
thermocouples 
A - 12.7 8.0 - - - 1.00 4 
B 0.6 12.7 8.0 0.3 1.6 1111 5.09 4 
C 1.0 12.7 8.0 0.5 1.6 666 3.49 4 
 
*For all tubes: total tube length = 260 mm, length exposed to vapour (or effective 
condensing length) = 70 mm. Both integral-fin tubes (B and C) are rectangular in 
cross-section. Radial positions of the thermocouples are 4.55 mm. 
 
 
Table 4.2 Dimensions of tubes used in simulated condensation experiment  
Tube 
𝑠 /  
(mm) 
𝑑 /  
(mm) 
𝑑i /  
(mm) 
𝑡 /  
(mm) 
𝑕 /  
(mm) 
𝑑o /  
(mm) 
Fins/meter/ 
(fpm) 
Area ratio 
𝐴f/𝐴p  
A1 0.50 12.7 8.0 0.5 0.8 14.3 1000 2.76 
A2 0.75 12.7 8.0 0.5 0.8 14.3 800 2.41 
A3 1.00 12.7 8.0 0.5 0.8 14.3 666 2.18 
A4 1.25 12.7 8.0 0.5 0.8 14.3 571 2.01 
A5 1.50 12.7 8.0 0.5 0.8 14.3 500 1.88 
  B1† 0.60 12.7 8.0 0.3 1.6 15.9 1111 5.09 
  B2‡ 1.00 12.7 8.0 0.5 1.6 15.9 666 3.49 
B3 1.50 12.7 8.0 0.5 1.6 15.9 500 2.86 
 
† Same geometry as tube B   
‡ Same geometry as tube C   
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Figure 4.1 Schematic diagram of the apparatus 
 
 
 
 
Figure 4.2 Test section 
 
60 kW Heater 
see Fig. 4.3 
T1-T3 
T4 
T5 
T11-T14 
T6 
T7 
T8 
T9 
T10 
105 
 
 
 
Figure 4.3 Installation technique of test condenser tube 
 
 
 
Figure 4.4 Inlet and outlet coolant mixing boxes 
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Figure 4.5 Location of thermocouples in wall of instrumented integral fin tubes 
 
 
 
Figure 4.6 Stages of manufacture of instrumented integral-fin tubes 
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Figure 4.7 The instrumented integral-fin tubes  
Left to right: tubes A, B and C, respectively (see Table 4.1 for tube geometries) 
 
 
 
 
 
Figure 4.8 Auxiliary condenser 
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Figure 4.9 Schematic diagram of one of the three boilers  
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(a) General arrangement 
 
 
 
(b) Cold junction 
 
Figure 4.10 Single junction thermocouple arrangement 
 
to voltmeter 
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(a) Thermopile probe 
 
 
 
(b) Wiring arrangement for thermopile 
 
Figure 4.11 10-Junction thermopile arrangement (4 junctions shown) 
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Figure 4.12 Manometer 
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Figure 4.13 Diagram of simulated condensation experimental apparatus 
 
 
Figure 4.14 Photograph of simulated condensation experimental set-up 
Fluid 
reservoir 
Valve 
Closed end 
Finned tube 
Air flow 
Anemometer  
Window  
Window 
Fan 
Rubber washers 
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Figure 4.15 Test fin tubes view from above showing fluid supply holes between fins. 
Left to right: tubes A1, A2, A3, A4 and A5, respectively (see Table 4.2). 
 
 
 
Figure 4.16 Test fin tubes.  
Left to right: tubes B1, B2, B3, respectively (see Table 4.2). 
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Figure 4.17 Fin tube with nomenclature  
(see Table 4.2 for corresponding dimensions) 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
do 
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Chapter 5 
Experimental Procedure and Data Processing 
 
 
5.1 General precautions in condensation experiment 
It was very important to ensure that the amount of non-condensing gas (air) entering 
the test section remained at a minimum. This was achieved by frequently checking the 
experimental setup for leaks. A vacuum pump was used to reduce the entire apparatus 
down to a pressure of around 5 kP. The vent valve, which connected the vacuum 
pump to the auxiliary condenser (see Fig. 4.8) was closed. The apparatus was allowed 
to remain under vacuum conditions, recording the internal pressure over 7 hours. 
Following this period, if the pressure rise was greater than 0.5 kPa (≈ 4 mmHg), the 
entire apparatus was investigated to identify causes of leakage and where necessary, 
seals, „O‟ rings, fasteners etc. were tightened or replaced.  
 
To prevent the occurrence of drop-wise condensation on any part of the test condenser 
tube during an experiment, it was crucial to ensure the tubes were entirely clean. This 
was achieved by placing the tube into a weak acid for at least an hour to deoxidize the 
tube surface and then placing it in boiling water. The tube was then dried by blowing 
air over it with a hand dryer. Test fluid was then poured over the surface of the tube to 
ensure a smooth film could be achieved over the length of the tube. If it was not, the 
procedure was repeated. 
 
Visual observations of the test condenser tube were made via a circular glass window 
in the test section, as described in section 4.2.1. Regular observations were made 
during a particular test to ensure film-wise condensation was maintained throughout 
the entire length of the test tube and for the duration of a particular run. Visual 
observations and photographs were taken to estimate the degree of condensate 
retention on the tubes. This was done for each vapour velocity and pressure tested for 
the two instrumented fin tubes and for both steam and ethylene glycol tests.    
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5.2 Experiments conducted at atmospheric pressure 
For atmospheric pressure tests, the vent line from the auxiliary condenser was passed 
through the cold traps to atmosphere. All thermocouple cold junctions were placed in 
the vacuum walled vessel filled with a mixture of crushed ice and water.  
 
The coolant pump was then turned on allowing water to flow through the test tube and 
auxiliary condenser. For all tests, the auxiliary coolant flow rate was maintained at a 
constant 100 l/min and coolant flow rates through the test condenser tubes were varied 
between 10 - 38 l/min. 
 
The heater power to the boilers could then be switched on. Once condensation began 
to occur on the test tube, the apparatus was left for a further 30 min running at 
maximum power. Heater power and test-tube coolant flow rate were set to the 
required values for a test and the apparatus was allowed to reach a steady state before 
measurements were taken. Measurements were taken over a range of vapour 
velocities (heater powers) and heat fluxes (coolant flow rates). 
 
On completion of an experiment, the heaters were switched off allowing the 
condensation process to come to an end. Coolant supplies to the test tube and 
auxiliary condenser were then turned off and the system was shut down. 
 
5.3 Experiments conducted at sub-atmospheric pressure 
To conduct experiments below atmospheric pressure, a vacuum pump was employed 
to reduce the internal pressure of the apparatus. The vacuum pump was connected to 
the vent line of the auxiliary condenser. Cold traps and all thermocouple cold 
junctions were filled with ice, in the same way as described in section 5.2. Coolant 
supplies to the test tube and auxiliary condenser were switched on. For both steam 
and ethylene glycol low pressure tests, auxiliary condenser flow rates and coolant 
supply to the condenser tube were set at the conditions described previously for 
atmospheric pressure tests.  
 
Heaters in the boilers were then turned on whilst the vacuum pump was still 
operating. Once condensation started to occur, the valve connecting the vacuum pump 
117 
 
to the apparatus was shut off. The apparatus was maintained in that state for a further 
30 minutes to allow for a steady state to be reached. Once stabilised, if the pressure 
was higher than desired, the vacuum pump was reapplied and the apparatus was 
pumped down again until the required pressure had been achieved. Conversely, if the 
pressure was too low, the valve was shut and air was allowed to bleed in through the 
auxiliary condenser via an air vent. As the vent line was located downstream of the 
test section, air was unable to enter the test section and effect the condensation 
process on the test condenser tube. The remaining procedures for low pressure tests 
were the same as those for atmospheric pressure tests, as described in section 5.2. 
 
5.4 Measured quantities 
The following quantities were measured and recorded at each coolant flow rate: 
1) Ambient pressure and temperature, 
2) Voltage and current to the boiler heaters, 
3) Manometer liquid levels (three levels corresponding to mercury and test fluid), 
4) Thermo-emf‟s of:  
i) four thermocouples embedded in the tube wall, 
ii) one thermocouple in each of the three boilers,  
iii) two thermocouples in the coolant inlet and outlet, 
iv) two thermocouples in the test section vapour stream, 
v) one thermocouple located at the condensate return line to the boilers, 
vi) the 10 junction thermopile between the coolant inlet and outlet mixing 
boxes. 
5) Coolant flow rate to the test tube. 
 
5.5 Calculated quantities 
5.5.1 Local atmospheric pressure 
The local atmospheric pressure, 𝑃am  was measured using a Fortin barometer with a 
correction made for local temperature. The following formula is a manufacturer‟s 
correction for the temperature reading which is then subtracted from the barometer 
reading. 
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 𝑃BC = 0.015 +  1.6229𝑇B − 0.1188 × 10
−4 × 𝑃B            
where 
𝑃BC  - temperature correction (subtracted from barometer reading)/ (mmHg) 
𝑇B  - barometer temperature/ (ºC) 
𝑃B  - barometer pressure reading/ (mmHg) 
Then, 
𝑃am = 133.4 𝑃B − 𝑃BC   
 
where 133.4 is the conversion factor from mmHg to Pa.  
 
5.5.2 Test section vapour pressure 
The vapour pressure in the test section was measured using a mercury-and-test-fluid 
in glass manometer and its value obtained as follows, 
 
𝑃∞ = 𝑃am +  𝐻1 − 𝐻2 𝜌Hg𝑔 −  𝐻3 − 𝐻2 𝜌TF𝑔 
 
where 
𝑃∞  - test section vapour pressure/ (Pa) 
𝑃am  - atmospheric pressure/ (Pa) 
𝑔 - specific force of gravity/ (N/kg) 
𝜌Hg  - density of liquid mercury/ (kg/m
3
), see equation A.28 
𝜌TF       - density of test fluid calculated at ambient temperature/ (kg/m
3
) 
  (see Appendix A for fluid property equations) 
𝐻1−3 - liquid levels of mercury and test fluid in manometer/ (m) 
(see Fig. 4.12) 
 
5.5.3 Temperatures 
It was necessary to convert all thermo-emf readings from the thermocouples to 
temperatures. The thermocouples used to measure all temperatures were made from 
two separate reels of nickel-chromium/nickel-aluminum wire, one for the boiler 
thermocouples and the other for all other thermocouples. Samples of the wire from 
(5.3) 
(5.1) 
(5.2) 
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both ends of the reel were calibrated by the method described in Appendix B.1 and 
were found to agree with each other to within ± 0.05 K. The average value was 
therefore used for all thermocouples from a particular reel. The thermo-emf‟s were 
then converted to temperatures using the following equations,  
 
For the three boiler thermocouples, 
 
𝑇 = 273.15 + 2.56115179 × 10−2𝐸 − 7.28197741 × 10−7𝐸2 + 
4.37101686 × 10−11𝐸3 +  1.44321911 × 10−15𝐸4 
 
For all other thermocouples,  
           
𝑇 = 273.15 + 2.54706 × 10−2𝐸 − 4.57992 × 10−7𝐸2 + 2.96127 × 10−11𝐸3 + 
6.84869 × 10−15𝐸4 − 6.20828 × 10−19𝐸5 
 
where 
𝑇 - absolute temperature/ (K) 
𝐸 - thermo-emf/ (μV) 
 
5.5.4 Test tube coolant temperature rise 
The temperature rise of the coolant was calculated from the thermopile reading using 
the following equation, 
           
∆𝑇c,m =  
𝐸diff
10
  
d𝑇
d𝐸
 
𝐸=𝐸m
 
 
where 
∆𝑇c,m  - coolant temperature rise before correction for frictional dissipation/ (K) 
𝐸diff  - thermo-emf reading from the 10-junction thermopile/ (μV) 
 
Here 𝑑𝑇/𝑑𝐸 represents the gradient of the temperature calibration equation for the 
thermocouple wire (equation 5.4b) estimated at the midpoint of the tube, 𝐸m  
calculated as, 
(5.5) 
(5.4b) 
(5.4a) 
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𝐸m = 𝐸in +
1
2
 
𝐸diff
10
  
where 
𝐸in  - thermo-emf reading from the inlet thermocouple/ (μV) 
 
A predetermined correction for the dissipative temperature rise of the cooling water in 
the tube and mixing boxes was incorporated in the calculation for the heat-transfer 
rate, details of which can be seen in Appendix B.3. This was subtracted from the 
measured coolant temperature rise, ∆𝑇c,m  to give the temperature rise due to 
condensation on the outside of the tube only. 
 
5.5.5 Tube wall temperatures 
The tube wall temperatures were measured directly by four thermocouples embedded 
in the tube wall, as described in Chapter 4. The average outside wall temperature was 
taken as the arithmetic mean of the four local outside wall thermocouples, 𝑇 wo . An 
approximate correction was made for the temperature drop in the tube wall between 
the surface (at the fin root diameter) and the thermocouple position i.e. the depth of 
junctions below the outside tube surface. This was based on the mean heat flux and 
the assumption of uniform one-dimensional radial conduction, as follows, 
 
𝑇 wo = 𝑇 tc +
𝑞o𝑑
2𝑘w
ln  
𝑑
𝑑tc
  
 
where 
𝑇 wo  - mean outside surface wall temperature/ (K) 
𝑇 tc  - mean measured wall temperature from thermocouple,  
at depth of burial/ (K) 
𝑞o        - mean heat flux on the outside of the test tube/ (W/m
2
) 
𝑘w  - thermal conductivity of tube material/ (W/m K), see equation A.29 
𝑑 - outside tube diameter (or fin-root diameter for finned tubes)/ (m)  
𝑑tc  - diameter of thermocouple positions in test tubes/ (m) 
 
 
(5.6) 
(5.7) 
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5.5.6 Heat-transfer rate through the tube 
The total heat-transfer rate through the test condenser tube was evaluated from the 
following equation, 
          
𝑄 = 𝑚 c𝑐P,c∆𝑇c  
 
where 
𝑄  - total heat-transfer rate to the test tube coolant/ (W)  
𝑚 c   - mass flow rate of coolant/ (kg/s) 
𝑐𝑃,c    - specific isobaric heat capacity of coolant evaluated at the arithmetic 
                     mean coolant temperature between Tc,in and Tc,out / (J/kg K) 
∆𝑇c    - coolant temperature rise corrected for frictional dissipation/ (K) 
  (see Appendix B.3). 
 
5.5.7 Heat flux on outside of tube 
The heat flux on the outside of the test condenser tube was calculated as follows, 
           
𝑞o =
𝑄 
𝐴d
 
 
where 
Ad - outside surface area of plain tube, 𝜋𝑑𝑙/ (m
2
) 
 
5.5.8 Heat flux on inside of tube   
The heat flux on the inside of the test condenser tubes was calculated by, 
           
𝑞i =
𝑄 
𝐴i
 
 
where 
𝑞i - mean heat flux on the inside of the test tube/ (W/m
2
) 
𝐴i - inside surface area of plain tube, 𝜋dil/ (m
2
) 
 
(5.8) 
(5.9) 
(5.10) 
122 
 
5.5.9 Mean heat-transfer coefficient  
The mean vapour-side heat-transfer coefficient, 𝛼 was obtained from the directly 
measured wall temperatures as follows, 
     
𝛼 =
𝑞o
 𝑇sat  𝑃∞ − 𝑇 wo  
 
  
where 
𝛼 - vapour-side heat-transfer coefficient/ (W/m2K) 
𝑞o  - mean heat flux/ (kW/m
2
) 
𝑇sat  𝑃∞  - saturation temperature of vapour evaluated at 𝑃∞ / (K) 
 
In equation 5.11 it is assumed that the wall temperature does not change appreciably 
along the length of the tube due to the very short tubes and hence small coolant 
temperature rises. The coolant temperature rise between the inlet and outlet of the 
condenser tube, 𝑇c,dif  was never greater than 3.7 K. 
 
The cases for steam at atmospheric pressure it was never greater than 3.7 K, i.e. 4.2 % 
of the overall (vapour-to-coolant) temperature difference while for steam at low 
pressure the maximum value was 2.6 K, or 4.9 % of the overall temperature 
difference. 
 
For ethylene glycol tests, the temperature rise in the coolant was greatest at the 
highest pressures tested, and the highest value obtained was 3.2 K, 2.4 % of the 
overall temperature difference. It was therefore assumed that the wall temperature 
measurement at the midpoint of the tube is a satisfactory reference temperature in 
determining the vapour-side, heat-transfer coefficient and therefore the use of a 
logarithmic mean temperature difference (LMTD) was not needed.  
 
5.5.10 Vapour temperature 
Due to the high vapour velocities that can be achieved in the apparatus, it is necessary 
to apply a correction to the vapour temperature measurements, 
 
(5.11) 
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𝑇∞ = 𝑇v −
𝜂𝑈∞
2
2𝑐𝑃v
 
 
where 
𝑇∞  - corrected vapour temperature/ (K) 
𝑇v  - observed vapour temperature/ (K) 
𝑈∞  - test section vapour velocity upstream of the condenser tube/ (m/s) 
𝑐𝑃v  - specific isobaric heat capacity of the vapour evaluated at 𝑇∞ / (J/kg) 
𝜂 - temperature recovery factor due to high speed vapour flow over the 
thermocouple probe.  
A value of 0.95 was used for  𝜂 (see Lee and Rose (1982))   
 
𝑇∞  was used in the calculations as opposed to 𝑇sat  𝑃∞ . The two values were found to 
be close for low vapour velocities. However, for at the highest velocities tested these 
two values were up to 5 K different.  
 
5.5.11 Vapour-side reference temperature  
With the exception of 𝑕fg , the latent heat of vaporisation, which was evaluated at 𝑇∞ , 
the condensate film properties were evaluated at a mean reference temperature, 𝑇ref  
given by,  
 
𝑇ref =
2
3
𝑇 wo +
1
3
𝑇sat  𝑃∞  
 
5.5.12 Boiler power 
The total power dissipated in the three boilers was calculated from the voltage drop 
across and current through each heater as follows,      
 
𝑄B =  𝐼i𝑉i
3
i=1
 
 
 
(5.14) 
(5.12) 
(5.13) 
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where 
𝑄B   - total power dissipated in all three boilers/ (W) 
𝐼i - actual current of each phase of input power/ (amps) 
𝑉i  - actual voltage of each phase of input power/ (volts)  
 
Details of the calibration procedure to obtain 𝐼 and 𝑉 can be seen in Appendix B.5. 
 
5.5.13 Vapour velocity and vapour mass flow rate 
The vapour velocity through the test sections is found from the mean vapour flow rate 
which in turn is found from the power to the boiler by applying the steady flow 
energy equitation (SFEE). Fig. 5.1 indicated the two stations to which the SFEE is 
applied. Station 1 is located in the condensate return line, just before the boilers and 
station 2 is located in the vapour stream, immediately prior to the test section. Gravity 
effects are ignored and it is assumed that the vapour velocity at station 2 is much 
greater than that of the condensate at station 1. The mass flow rate of the vapour can 
then be obtained from the following,        
 
𝑚 v =
𝑄B − 𝑄L
𝑕fg + 𝑐𝑃 𝑇sat  𝑃∞ − 𝑇CR  +
1
2𝑈∞
2
 
 
where 
𝑚 v  - mass flow rate of vapour/ (kg/s) 
𝑄B  - total power dissipated in all three boilers/ (W) 
𝑄L  - heat loss from apparatus between the condensate return line and the 
vapour stream/ (W) 
𝑕fg  - specific enthalpy of evaporation of the test fluid  
evaluated at 𝑇sat / (J/kg) 
𝑐𝑃 - specific isobaric heat capacity of saturated liquid / (J/kg K) 
𝑇CR  - condensate return temperature/ (K) 
𝑈∞  - free stream vapour velocity/ (m/s) 
   
 
  
(5.15) 
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𝑄L  (see Appendix B.2 for details) is evaluated as follows: 
          
𝑄L = 𝐾L  
 𝑇v − 𝑇B 
2
− 𝑇am  
 
where 
𝐾L   - a constant obtained from a heat loss experiment/ (W/K) 
𝑇v  - observed temperature of the vapour/ (K) 
 
It is now possible to calculate the value for the vapour velocity, 𝑈∞ . As the vapour in 
the test section is at low pressure, this can be evaluated by applying the ideal gas law: 
 
𝑃∞𝜈v = 𝑅𝑇∞  
 
where 
𝜈v  - specific volume of saturated vapour/ (m
3
/kg) 
𝑅 - specific ideal gas constant/ (J/kg K) 
 
From mass continuity we have, 
 
𝜈v =
𝐴ts𝑈∞
𝑚 v
 
 
where 
𝐴ts  - cross sectional area of test section/ (m
2
) 
 
Substituting equation 5.17 into equation 5.18, a value for the vapour velocity can be 
obtained: 
           
𝑈∞ =
𝑅𝑇sat  𝑃∞ 𝑚 v
𝐴ts𝑃∞
 
 
By substituting equation 5.19 into equation 5.15 it is possible to obtain the mass flow 
rate of the vapour: 
(5.17) 
(5.18) 
(5.19) 
(5.16) 
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𝑚 v =
𝑄B − 𝑄L
𝑕fg + 𝑐𝑃 𝑇sat  𝑃∞ − 𝑇CR  + 0.5  
𝑅𝑇sat  𝑃∞ 𝑚 v
𝐴ts𝑃∞
 
2 
 
An iterative procedure is employed with an initial estimate of 𝑚 v =  𝑄B/𝑕fg  to obtain 
the vapour mass flow rate until a value of 𝑚 v  converges to within 0.0001 kg/s. Once a 
value of  𝑚 v  was determined, it was then substituted into equation 5.19 to calculate 
the vapour velocity, 𝑈∞ . 
 
5.5.14 Mass fraction of non-condensing gas 
In order to ensure the amount of non-condensing gas (air) present in the vapour at the 
test section due to leakage was kept to a minimum, it was necessary to determine its 
concentration. An estimate for this was found using the Gibbs-Dalton expression and 
assuming an ideal gas mixture,    
        
𝑊 =  
𝑃∞ − 𝑃sat (𝑇∞)
𝑃∞ −  1 −
𝑀vap
𝑀air
 𝑃sat (𝑇∞)
 × 100 
  
where 
𝑊 - mass fraction of air present in the test section/ (%) 
𝑃sat (𝑇∞)- saturation pressure of vapour calculated from the measured upstream 
temperature 𝑇∞  / (Pa) 
𝑀vap  - molar mass of vapour/ (g/mol) 
𝑀air  - molar mass of air, 28.964/ (g/mol)  
 
The effect of non-condensing gas could be detrimental to the heat-transfer rate, due to 
the buildup of gas on the tube surface by lowering the saturation temperature. The 
amount of non-condensing gas was kept below 0.4 % at all times. See Appendix D for 
individual values of 𝑊 for each experimental run.   
 
 
(5.20) 
(5.21) 
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5.6 Experimental procedure for simulated condensation experiment 
Before a particular test, each tube was thoroughly cleaned with boiling water and a 
sodium bicarbonate solution so that the entire length of the finned section was free 
from grease or dirt, allowing for accurate measurements to be taken of the retention 
angle. A tube prepared for an experiment can be seen in Fig. 5.2. The tube was 
inserted horizontally in the test section and firmly held in place by rubber washers. 
The hot-wire anemometer was removed before taking a photograph to avoid 
disturbance of the air flow over the tube. 
 
For each tube, experiments were conducted using 3 test fluids; water, ethylene glycol 
and R-113. This allowed for data to be obtained for fluids with widely different 
surface tension to density ratios. The relevant thermo-physical properties of the test 
fluids are given in Appendix A.  
 
When each test fluid was placed in the glass vessel, 5 ml of red food colouring was 
added to make the fluid retention level clearer to define and to identify more easily on 
photos. The colouring was not used for tests with R-113 as it did not dissolve well in 
this fluid. The amount of dye was kept to a minimum so as not to affect the surface 
tension of the test fluid. Approximately 5 ml of dye was added to the fluid reservoir 
which had a volume of 1000 ml. This meant that the concentration of the dye was 
never more than 0.5 % and therefore its influence on the surface tension of the fluid 
was of negligible significance, a fact later confirmed when the results were compared 
to theory. Further proof that this concentration of dye does not affect the results can 
be seen from the experimental results obtained by Honda et al. (1983) and Rudy and 
Webb (1985) which were obtained from actual condensation tests with no dye. These 
results show good agreement with the Honda et al. (1983) theory (see Fig. 2.11). 
Moreover, the results of Yau et al. (1986) which were obtained under simulated 
condensation conditions with no dye and those of Briggs (2005) with simulated 
condensation and dye, both agree with the Honda et al. (1983) theory (also see       
Fig. 2.11). Finally, in the present work retention measurements were also taken during 
actual condensation tests and these were in good agreement with the simulated 
condensation results (see later in Chapter 6). This confirms not only the validity of the 
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theory but also its accuracy under a range of operating conditions, i.e. simulated or 
actual condensation, with or without dye. 
  
For each experiment the test fluid was placed in the fluid reservoir and allowed to 
flow through a flexible tube via a valve and hence out of the holes and around the 
surface of the tube between the fins. The fluid reservoir had a capacity large enough 
for sufficient flow for the several minutes required for a run. Flow rate was controlled 
so that test fluid was able to spill out over the tube surface steadily at a constant flow 
rate and achieve a uniform fluid retention level along the length of the finned section 
of the tube. If the flow rate was set too high, fluid would eject from the holes 
vertically and retention angle became difficult to determine, whereas is if the flow rate 
was set too low, the fluid would evaporate, particularly in the case for water and       
R-113, with little or no „topping up‟ of test fluid. Once set, the flow rate was held 
constant for all tests to ensure uniformity of flow through out each particular run.  
 
Tests were performed to determine if the flow rate of the fluid affected the retention 
angle. The flow rate of the test fluid was set to the maximum possible and then 
reduced to a minimum and visual observations of the retention position were made. 
This was done for a sample of two tubes, A3 and A5 and for each test fluid. It was 
observed that no noticeable change in the retention position occurred as the mass flow 
rate of the fluid moved from a maximum to a minimum level. This can therefore be 
assumed to be the case for the other fluids and tubes tested. 
 
5.7 Estimation of retention angle 
For the simulated condensation experiment, results are presented for each tube and 
test fluid for tests conducted with air velocities from 0 m/s to 24 m/s. Photographs 
were taken of each tube at velocity intervals of 2 m/s. The retention angle, 𝜙f  was 
determined using the photographs from equation 5.22 where, 
 
cos𝜙f =  
2𝐿ϕ
𝑑0
− 1  
 
(5.22) 
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where 𝐿ϕ is the vertical height of the meniscus above the bottom of the tube at the fin 
tip and 𝑑0 is the fin tip diameter. This procedure was repeated for each of the different 
fin spacings using each of the three test fluids. Retention angles for actual 
condensation were also measured using equation 5.22.  
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Figure 5.1 Stations used for steady flow energy equation in condensation experiment 
 
 
 
Figure 5.2 View through observation window under testing conditions of simulated 
condensation of ethylene glycol on tube of s = 1.0 mm 
 
 
Hole for   
hot-wire 
anemometer 
probe 
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Chapter 6 
Experimental Results for Effect of Vapour Velocity  
on Retention Angle  
 
6.1 Introduction 
Measurements of retention angle were made for simulated condensation and actual 
condensation using the apparatus described in section 4 and calculated according to 
the procedure described in section 5.7. Test tubes B1 and B2 (see table 4.2) had the 
same geometry as the instrumented tubes B and C (table 4.1) which allowed direct 
comparisons to be made for two finned tubes with different fin spacings. Comparisons 
were made for water/steam and ethylene glycol tests, however as R-113 was not used 
as a test fluid for actual condensation experiments, no comparisons could be made for 
this fluid.     
  
6.2 Retention angle in simulated condensation  
Fig. 6.1 shows the retention angle under static conditions (i.e. not condensing) 
measured from the photographs by using equation 5.22 and compared to the theory of 
Honda et al. (1983). The results are shown as bands, corresponding to the retention 
levels measured from the top and bottom of the meniscus. It can be seen that the 
observed results are in good agreement with theory. Tubes were fully flooded at zero 
air velocity, for water tests with fin spacings of 0.5 mm, 0.75 mm and 1.0 mm and for 
ethylene glycol with a fin spacing of 0.5 mm. Briggs (2005) also confirmed this with 
test performed for tubes of the same geometries as tubes B2 and B3 and with the same 
test fluids. The fact that all data points lie in good agreement with the theory also 
confirms that the concentration of the dye was not significant enough to effect the 
surface tension of the fluid to any extent that would change the retention angle from 
that predicted by the Honda et al. (1983) theory. 
 
At each recorded air velocity, a photograph was taken of the tube and from this the 
retention angle was also measured by using equation 5.22. This was done for each of 
the eight test tubes and the three test fluids. Sample photographs are shown in Figs. 
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6.2 to 6.9 for air velocities of zero and 24 m/s, (24 m/s was the highest obtainable air 
velocity from the apparatus). This gives a clear comparison of the retention angle at 
air velocity representing the two extremes of the data. 
 
All experimental data for retention angle against velocity for tubes with fin heights of 
0.8 mm („A‟ tubes) and 1.6 mm („B‟ tubes) are displayed in Figs. 6.10 and 6.11 
respectively, with fin spacing as the variable. Figs. 6.12 and 6.13 show the same data 
as described above for retention angle against air velocity but with test fluid as the 
variable. All experiments were repeated on two separate days to verify repeatability. 
Solid points on the graphs correspond to experiments conducted on day 1 and open 
points correspond to those on day 2. For all graphs, 0º is measured from the top centre 
of the tube, indicating “fully flooded” and 180º refers to zero or no flooding. 
 
It can be seen from the experimental results that when the retention angle is less than 
approximately 80° at zero velocity, the retention position moves down as velocity is 
increased It is thought that at this point the boundary layer may separate and there are 
no further changes in retention angle with velocity once this point has been reached. 
When the retention angle is greater than about 85° at zero velocity, the retention 
position rises as velocity is increased. This is perhaps due in part to the pressure 
variation around the tube, where the pressure becomes much lower on the bottom half 
of the tube, particularly as velocity is increased, this is explored further in section 6.4. 
The result of these two effects is that retention angles approach an asymptotic value of 
80º - 85º as velocity is increased in all cases, regardless of the retention angle at zero 
velocity.  
 
It was also observed that the curvature of the meniscus was distorted by the increase 
in air velocity in many cases. Some examples of this can be seen from the photos in 
Figs. 6.5(a,ii), 6.4(b,ii) and 6.4(c,ii) for each of the three test fluids respectively.  
 
The change in retention position for an increase in vapour velocity can be seen most 
clearly for the tube A1 with s = 0.5 mm as the retention position falls as velocity is 
increased. Less rapid change can be observed in the retention position for the case of  
s = 1.0 mm (tube A3). This was also the case for other wider spaced fins where the 
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retention level in the static case is lower. The results also showed that for tests with 
water for tube s = 0.5 mm, 0.75 mm and 1.0 mm and ethylene glycol for tube                 
s = 0.5 mm (which were fully flooded in the static case), remained fully flooded until 
a particular “critical” velocity had been reached before decreasing in level, as seen 
from Figs. 6.10 and 6.11. 
 
6.3 Retention angle in actual condensation 
Samples of photos of retention angle are displayed in Figs. 6.14 – 6.20 for the two 
instrumented finned tubes under actual condensation conditions. Results are displayed 
for each velocity and pressure tested and for both steam and ethylene glycol. The 
photos not only show the retention position but also the disturbance of the condensate 
film under the various operating conditions. The retention angle measurements are 
plotted against vapour velocity in Figs. 6.21 and 6.22 for steam and ethylene glycol 
respectively and the test conditions are shown on the graphs. The retention angle 
measurements for condensation were compared to data obtained using two tubes with 
identical geometries in simulated condensation. It can be seen that none of the 
retention angles measurements fall lower than 90º for the range of velocities and 
pressures tested. Tube C, with the wider spaced fins remained the tube with the lowest 
retention position for the lower vapour velocities. 
 
The same data are re-plotted as retention angle against air/vapour Reynolds number, 
𝑅𝑒a , 𝑅𝑒v , in Figs. 6.23 and 6.24 for steam and ethylene glycol tests respectively. 
Good agreement can be seen between the simulated condensation and real 
condensation data. It is interesting to note that again the retention angle falls with 
increasing vapour velocity until a value of around 80° to 85° has been reached and the 
retention angle begins to level off. It is unfortunate that no retention angle data for 
condensation are available for R-113 tests in order to determine if the decrease in 
retention angle, observed for simulated condensation, for cases where 𝜙f  > 90° at zero 
velocity is also seen under actual condensing conditions.  
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6.4 Estimation of the effect of pressure variation around the cylinder 
on retention angle 
Calculations have been made to assess the effect of pressure variation around the tube 
due to vapour flow on retention angle. The principle radius of curvature of the 
meniscus was assumed to be unaffected by the flow. Two cases have been considered, 
firstly that of potential flow around a cylinder with no separation of the flow and 
secondly potential flow around the cylinder with boundary layer separation assumed 
to occur at 90º and consequently ambient pressure on the meniscus surface on the 
lower half of the tube. 
 
6.4.1 Potential flow solution 
As in the Honda et al. (1983) theory, the retention angle is given as, 
        
cos𝜙f =  
𝑃π − 𝑃𝜙 f +
𝜍
𝑟
𝜌l𝑔𝑅0
 − 1 
 
where 𝜌l  is the density of the liquid, 𝑟 = 𝑠/2 and 𝑃π  is the pressure at position π and 
𝑃𝜙 f  is the pressure at the retention position. With zero air velocity, 𝑃π = 𝑃𝜙 f , as given 
in the original Honda et al. (1983) theory. For potential flow around a cylinder the 
pressure on the surface at any value of 𝜙 from the top is given by,  
                                       
𝑃ϕ = 𝑃a +
1
2
𝜌a𝑢∞
2 1 − 4 sin2𝜙  
 
where 𝑃a  is the ambient pressure remote from the tube and 𝜙 is the general angle for 
position around the tube. The variation of pressure with 𝜙 is shown in Fig. 6.25 for a 
range of velocities corresponding to those used in the present simulated condensation 
tests. Taking 𝑃π = 𝑃a  then putting 𝜙 = 𝜙f and substituting into equation 6.1 gives, 
               
𝜍
𝑟
− 𝑅0 1 + cos𝜙f 𝜌l𝑔 =
1
2
𝜌a𝑢∞
2 1 − 4sin2𝜙  
 
(6.1) 
(6.3) 
(6.2) 
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Re-arranging equation 6.3 as a quadratic in cos𝜙 gives, 
 
2𝜌a𝑢∞
2cos2𝜙f + 𝑅0𝜌l𝑔 cos𝜙f −
3
2
𝜌a𝑢∞
2 −
𝜍
𝑟
+ 𝑅0𝜌l𝑔 = 0 
 
Equation 6.4 may readily be solved for cos𝜙f and hence 𝜙f . 
 
cos𝜙f =
−𝑅0𝜌l𝑔 ±   𝑅0𝜌l𝑔 2 − 8𝜌a𝑢∞2  −
3
2𝜌a𝑢∞
2 −
𝜍
𝑟 + 𝑅0𝜌l𝑔 
4𝜌a𝑢∞2
 
 
This equation gives an estimate of fluid retention angle for a given velocity expressed 
in terms of fluid and air properties and tube geometry.  
 
The effect on retention angle for tubes A1-A5 is given in Fig. 6.26 and for tubes B1-
B3 in Fig. 6.27 where results are displayed for the different test fluids. The analytical 
results show that for cases where the retention angle at zero velocity is between 0º and 
30º, the retention angle increases with velocity and tends to an asymptote of 30º. For 
cases where the retention angle is greater than 30º at zero velocity, the analytical 
results show the retention angle decreases with velocity and again approaches an 
asymptote at 30º. These results are re-plotted with the different fin spacings given on 
separate graphs in Figs. 6.28 and 6.29 and the result compared to the experimental 
data. It can be seen from the result that there is qualitative but not quantitative 
agreement between the analytical and experimental result. Both approach a different 
asymptote as velocity is increased, for the experimental case this occurs further 
around the tube at 80º to 85º, indicating that the pressure variation around the tube has 
a significant effect on the retention angle. Nevertheless, the theoretical result is in 
some agreement with the data obtained by experiment, particularly at low velocity. 
 
6.4.2 Potential flow solution, setting 𝑷𝛟 = 𝑷𝐚 for 𝝓 > 90°  
Due to the viscous boundary layer that develops on the cylinder, we might expect the 
main flow to separate from the surface, leading to a large difference between the 
theoretical, frictionless fluid solution and the actual solution on the downstream side 
of the cylinder. A somewhat crude approximation of boundary layer separation can be 
(6.4) 
(6.5) 
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obtained by setting 𝑃ϕ equal to atmospheric pressure, 𝑃a , for positions around the tube 
greater than 90º. This would be a compromise between the unrealistic assumption of 
potential flow and treating the retention angle beyond 90° where the pressure is set to 
 𝑃a  (as in the Honda et al. (1983) theory). 
 
The effect on retention angle for tubes A1-A5 is given in Fig. 6.30 and for tubes B1-
B3 in Fig. 6.31 where results are displayed for the different test fluids. It can be seen 
from the results that as expected, no changes have occurred for retention angles less 
than 90° (in the static case). In these cases the theory continues to under predict the 
experimental data points. However, the most significant changes can be seen from the 
results for angels greater than 90° where a sharp increase in retention angle can be 
seen where the fluid retention angle moves around the tube and once it reaches 90º, 
retention angles jump back up to the retention angle it began with in the zero velocity 
case. The experimental data from the simulated condensation experiment has been 
compared to the analytical result described above and are displayed in Figs. 6.32 and 
6.33.  
 
Although the modification has had no effect on the retention angles smaller than 90º, 
it has brought the theory into significant agreement with retention angles greater than 
90º. However, at the highest velocities large variations can still be seen between the 
experimental data and analytical solution, whereas for lower velocities (up to 5 m/s) 
there is better agreement. It is thought that if further modifications were made to the 
analytical solution to include the velocity effects on the fluid, then this would move 
the theoretical line further down (for angels less than 90°) and fall into further 
agreement with the data points. For angles greater than 90° the line should be forced 
to approach an asymptote just beyond 90°.  
 
6.5 Calculation of critical vapour velocity, 𝑼𝐜𝐫𝐢𝐭 
6.5.1 Introduction 
The experimental data obtained in sections 6.2 and 6.3 suggest that there is a critical 
velocity, 𝑈crit  which is needed for the retention angle to move further around the tube. 
Therefore, it is essential to be able to obtain an estimate for the critical velocity for 
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use in a theoretical model predicting the heat-transfer. This section describes two 
methods that were used to analytically obtain a value of the critical velocity; one 
involving empirical constants and the other employing pressure distribution theory. 
 
6.5.2 Method A 
This method uses experimental values of 𝑈crit , to empirically to predict the value of 
critical velocity for any fin spacing.  
 
For rectangular fins, fluid retention angle at zero velocity 𝜙f,0 can be found from the 
Honda et al. (1983) formula, 
 
cos𝜙f,0 =  
4𝜍
𝜌𝑔𝑠𝑑0
 − 1 
 
If 𝜙 = 0 then cos𝜙f,0 = 1 therefore equation 6.6 can be rewritten as, 
 
4𝜍
𝜌𝑔𝑠𝑑0
= 2 
 
If the left hand side is multiplied by the Reynolds number of the air and raised to the 
power 𝑛 as in equation 6.8, we should see as the fin spacing, 𝑠 decreases the value of  
𝑅𝑒air  increases and this gives roughly similar values of 𝑛.  
 
4𝜍
𝜌𝑔𝑠𝑑0
∙  𝑅𝑒a 
𝑛 = 2 
 
We have four experimental data points in which 𝜙f,0 = 0, where values of critical 
velocity of the air, 𝑈crit  or 𝑅𝑒a  were found. From the data, we have three points for 
water; 𝑠 = 0.5 mm where 𝑈crit  = 5.5 m/s; and 𝑠 = 0.75 mm where 𝑈crit  = 3.0 m/s and    
𝑠 = 1.0 mm where 𝑈crit  = 2.4 m/s; and one point for ethylene glycol, 𝑠 = 0.5 mm 
where 𝑈crit  is 2.0 m/s.  
 
(6.6) 
(6.7) 
(6.8) 
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By taking the log of both sides of equation 6.8 and rearranging we find values of 𝑛 
from the above data to be -0.08, -0.04, -0.004 and -0.028 which give an average value 
of 𝑛 to be -0.04, where the negative sign indicates the flow is moving downwards.  
 
Therefore by using this empirically determined constant of 𝑛, and applying it to the 
Honda et al. (1983) equation in 6.6 it is possible to obtain the critical Reynolds 
number of the air 𝑅𝑒crit  that will distort the test fluid. 
 
cos𝜙f =  
4𝜍
𝜌𝑔𝑠𝑑0
 .𝑅𝑒crit  
𝑛 − 1 
 
It can be seen from Table 6.1 that the results are in some similarity with experimental 
results of 𝑈crit . 
 
6.5.3 Method B 
This solution is based on a pressure balance of the fluid retention level around the 
curvature of the tube where the Bernoulli equation is applied between two points on 
the cylinder‟s surface.  
 
From the Honda et al. (1983) theory, a pressure balance between points 𝑃1 and 𝑃2 on 
the cylinder‟s surface gives, 
 
𝑃2 +
𝜍
𝑟
+ 𝑅0 1 + cos𝜙 𝜌l𝑔 = 𝑃1 
 
From the Bernoulli equation, we obtain the following, 
𝑑𝑃
𝜌
+ 𝑈𝑑𝑈 = 0 
 
Equation 6.11 differentiates to give, 
𝑃1
𝜌
+ 𝑈1
2 =
𝑃2
𝜌
 
 
 
(6.10) 
(6.11) 
(6.12) 
(6.9) 
139 
 
which rearranges to give, 
𝑃1 + 𝜌𝑈1
2 = 𝑃2 
 
Substituting equation 6.10 into equation 6.13 gives, 
𝑃1 +
𝜌a𝑈
2
2
=
𝜍
𝑟
+ 𝑅0 1 + cos𝜙 𝜌l𝑔 + 𝑃1 
 
The values of 𝑃1 cancel to give, 
𝜌a𝑈
2
2
−
𝜍
𝑟
+ 𝑅0 1 + cos𝜙 𝜌l𝑔 = 0 
 
Where 𝜙 = 0 and 𝑟 = 𝑠/2, 
𝑈2 =
4
𝜌
 
𝜍
𝑠
− 𝑅0𝜌l𝑔  
 
𝑈crit = 2 
𝜍
𝜌a  𝑠
−
𝜌l𝑔𝑅0
𝜌a
 
 
The results obtained from equation 6.17 can be seen in Table 6.1 and provide poor 
comparison with the values obtained by experiment. 
  
6.5.4 Concluding remarks 
It can be seen by the comparison of results displayed in Table 6.1 that method A 
provides much better agreement with the experimental results. However, the results 
are not in agreement enough to have confidence in the method in predicting data for a 
wide range of tube geometries. The close agreement is perhaps due to the fact that the 
method relies on empirical constants obtained from the experimental results and is 
therefore not a conclusive theory. It must therefore be concluded that neither method 
is suitable in obtaining values of the critical vapour velocity.  
 
 
 
 
(6.17) 
(6.13) 
(6.15) 
(6.16) 
(6.14) 
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6.6 Concluding remarks 
A set of integral fin tubes with different fin heights and spacings have be tested under 
simulated condensation conditions in order to observe the behaviour of fluid retention 
angle with velocity. Comparisons have been drawn where possible to data obtained 
under actual condensation conditions. Good agreement has been found between 
simulated and actual condensation conditions when retention angle is plotted against 
Reynolds number, i.e. when the difference between air and vapour properties is taken 
into consideration. It was shown that a critical velocity is need before retention angle 
begins to move with increasing velocity. This is different for each tube geometry and 
test fluid and should be included in any theoretical model involving retention angle. 
Retention angles fell with increasing velocity until around 85° - 90° for 𝜙f  > 90° in 
the static case whereas for 𝜙f  < 90° in the static case, retention level was seen to rise. 
Once a particular velocity has been reached to move the retention angle to this 
position, there are no further changes in retention angle with velocity. 
 
An analytical solution was presented for pressure variation around a cylinder; firstly 
assuming potential flow and secondly potential flow with an approximation as to 
boundary layer separation. Both solutions were compared to the experimental data for 
the simulated condensation experiment. The modifications, particularly involving the 
estimation of boundary layer, were successful at lower velocities, however at high 
velocities there were large deviations between the analytical and experimental result. 
This signifies that although pressure variation around the test tube must be 
considered, at high velocities it is the vapour shear that has dominance. Two attempts 
were made to estimate the critical vapour velocity at which the retention angle will 
change from its value obtained by the Honda et al. (1983) theory but with limited 
success. 
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Table 6.1 A comparison of critical velocity,  𝑈crit   obtained by experiment and from 
the theoretical solutions given in equations 6.9 and 6.17. 
Fluid 
s  
/ mm 
𝑈crit ,(exp ) 
/(m/s) 
𝑈crit ,(eqn .6.9) 
/ (m/s) 
𝑈crit ,(eqn .6.17) 
/ (m/s) 
Water 0.50 5.7 5.7 15.9 
" 0.75 3.0 3.7 9.5 
" 1.00 2.4 0.0 3.0 
Ethylene glycol 0.50 2.0 0.24 7.9 
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Figure 6.1 Observed retention angles at zero air velocity for water, ethylene glycol 
and R-113 with simulated condensation. Dimensions are given in Table 4.2. 
Uncertainty bands correspond to retention levels measured from the top and bottom of 
the meniscus. 
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(i) Zero velocity      (ii) 24 m/s 
(a) Test fluid: Water 
 
 
(i) Zero velocity      (ii) 24 m/s 
(b) Test fluid: Ethylene glycol 
 
 
(i) Zero velocity      (ii) 24 m/s 
(c) Test fluid: R-113 
Figure 6.2 Photographs of tube A1 for air velocities of zero and 24 m/s (arrows 
indicate retention angle) 𝑠 = 0.5 mm, 𝑕 = 0.8 mm, 𝑡 = 0.5 mm and 𝑑 = 12.7 mm. 
fully  
flooded 
fully  
flooded 
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(i) Zero velocity          (ii) 24 m/s 
(a) Test fluid: Water 
  
(i) Zero velocity          (ii) 24 m/s 
(b) Test fluid: Ethylene glycol 
 
 
(i) Zero velocity          (ii) 24 m/s 
(c) Test fluid: R-113 
 
Figure 6.3 Photographs of tube A2 for air velocities of zero and 24 m/s (arrows 
indicate retention angle) 𝑠 = 0.75 mm, 𝑕 = 0.8 mm, 𝑡 = 0.5 mm and 𝑑 = 12.7 mm. 
fully  
flooded 
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(i) Zero velocity     (ii) 24 m/s 
(a) Test fluid: Water 
 
 
(i) Zero velocity     (ii) 24 m/s 
(b) Test fluid: Ethylene glycol 
 
 
(i) Zero velocity     (ii) 24 m/s 
(c) Test fluid: R-113 
 
Figure 6.4 Photographs of tube A3 for air velocities of zero and 24 m/s (arrows 
indicate retention angle) 𝑠 = 1.0 mm, 𝑕 = 0.8 mm, 𝑡 = 0.5 mm and 𝑑 = 12.7 mm. 
fully  
flooded 
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(i) Zero velocity     (ii) 24 m/s 
(a) Test fluid: Water 
 
 
(i) Zero velocity     (ii) 24 m/s 
(b) Test fluid: Ethylene glycol 
 
 
(i) Zero velocity     (ii) 24 m/s 
(c) Test fluid: R-113 
 
Figure 6.5 Photographs of tube A4 for air velocities of zero and at 24 m/s (arrows 
indicate retention angle) 𝑠 = 1.25 mm, 𝑕 = 0.8 mm, 𝑡 = 0.5 mm and 𝑑 = 12.7 mm. 
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(i) Zero velocity     (ii) 24 m/s 
(a) Test fluid: Water 
 
 
(i) Zero velocity     (ii) 24 m/s 
(b) Test fluid: Ethylene glycol 
 
 
(i) Zero velocity     (ii) 24 m/s 
(c) Test fluid: R-113 
 
Figure 6.6 Photographs of tube A5 for air velocities of zero and 24 m/s (arrows 
indicate retention angle) 𝑠 = 1.5 mm, 𝑕 = 0.8 mm, 𝑡 = 0.5 mm and 𝑑 = 12.7 mm. 
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 (i) Zero velocity     (ii) 24 m/s 
(a) Test fluid: Water 
 
 
 (i) Zero velocity     (ii) 24 m/s 
(b) Test fluid: Ethylene glycol 
 
 
 
 
 
 
 
 
 
 (i) Zero velocity     (ii) 24 m/s 
(c) Test fluid: R-113 
 
 
Figure 6.7 Photographs of tube B1 for air velocities of zero and 24 m/s (arrows 
indicate retention angle) 𝑠 = 0.6 mm, 𝑕 = 1.6 mm, 𝑡 = 0.3 mm and 𝑑 = 12.7 mm. 
fully  
flooded 
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 (i) Zero velocity     (ii) 24 m/s 
(a) Test fluid: Water 
 
  
 (i) Zero velocity     (ii) 24 m/s 
(b) Test fluid: Ethylene glycol 
 
 
 (i) Zero velocity     (ii) 24 m/s 
(c) Test fluid: R-113 
 
Figure 6.8 Photographs of tube B2 for air velocities of zero and 24 m/s (arrows 
indicate retention angle) 𝑠 = 1.0 mm, 𝑕 = 1.6 mm, 𝑡 = 0.5 mm and 𝑑 = 12.7 mm. 
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(i) Zero velocity    (ii) 24 m/s 
(a) Test fluid: Water 
 
 
 
(i) Zero velocity    (ii) 24 m/s 
(b) Test fluid: Ethylene glycol 
 
 
 
(i) Zero velocity    (ii) 24 m/s 
(a) Test fluid: R-113 
 
Figure 6.9 Photographs of tube B3 for air velocities of zero and 24 m/s (arrows 
indicate retention angle) 𝑠 = 1.5 mm, 𝑕 = 1.6 mm, 𝑡 = 0.5 mm and 𝑑 = 12.7 mm. 
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Figure 6.10 Dependence of retention angle on air velocity for three fluids 
Tubes A1-A5: 𝑕 = 0.8 mm, 𝑡 = 0.5 mm and 𝑑 = 12.7 mm 
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Figure 6.11 Dependence of retention angle on air velocity for three fluids 
Tubes B1-B3: 𝑕 = 1.6 mm and 𝑑 = 12.7 mm 
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Figure 6.12 Dependence of retention angle on air velocity for various fin spacings 
Tubes A1-A5: 𝑕 = 0.8 mm, 𝑡 = 0.5 mm and 𝑑 = 12.7 mm 
0
0.1
0.2
0.3
0.4
0.5
0.6
0.7
0.8
0.9
1
0
20
40
60
80
100
120
140
160
180
0 5 10 15 20 25
φ
f
/(
π
)
φ
f 
/(
d
eg
re
e)
u∞ /(m/s)
Water
Ethylene glycol
R-113
0
0.1
0.2
0.3
0.4
0.5
0.6
0.7
0.8
0.9
1
0
20
40
60
80
100
120
140
160
180
0 5 10 15 20 25
φ
 f
/(
π
)
φ
 f
 
/(
d
eg
re
e)
u∞ / (m/s)
Water
Ethylene glycol
R-113
0
0.1
0.2
0.3
0.4
0.5
0.6
0.7
0.8
0.9
1
0
20
40
60
80
100
120
140
160
180
0 5 10 15 20 25
φ
f
/(
π
)
φ
 f
/(
d
eg
re
e)
u∞ /(m/s)
Water
Ethylene glycol
R-113
c)  s = 1.0 mm 
b)  s = 0.75 mm 
a)  s = 0.5 mm 
154 
 
 
 
 
Figure 6.12 Continued. 
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Figure 6.13 Dependence of retention angle on air velocity for various fin spacings  
Tubes B1-B3: 𝑕 = 1.6 mm and 𝑑 = 12.7 mm  
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Figure 6.14 Retention angles in condensation of steam at atmospheric pressure for the 
lowest and highest velocities tested. Both tubes 𝑕 = 1.6 mm and 𝑑 = 12.7 mm. 
 
 
 
 
 
 
 
 
Figure 6.15 Retention angles in condensation of steam at 17.2 kPa for the lowest and 
highest velocities tested. Both tubes 𝑕 = 1.6 mm and 𝑑 = 12.7 mm. 
 
(i) Tube B: s = 0.6 mm, t = 0.3 mm 
      
(b) U∞ = 10.5 m/s 
(ii) Tube C: s = 1.0 mm, t = 0.5 mm 
       
(a) U∞ = 2.5 m/s  
(i) Tube B: s = 0.6 mm, t = 0.3 mm 
      
(b) U∞ = 57 m/s 
(ii) Tube C: s = 1.0 mm, t = 0.5 
mm 
       
(a) U∞ = 13.5 m/s  
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Figure 6.16 Retention angles in condensation of steam at 21.7 kPa for the lowest and 
highest velocities tested. Both tubes 𝑕 = 1.6 mm and 𝑑 = 12.7 mm. 
 
 
 
 
 
 
 
 
 
Figure 6.17 Retention angles in condensation of steam at 27.1 kPa for the lowest and 
highest velocities tested. Both tubes 𝑕 = 1.6 mm and 𝑑 = 12.7 mm. 
 
 
(i) Tube B: s = 0.6 mm, t = 0.3 mm 
      
(b) U∞ = 44.2 m/s 
(ii) Tube C: s = 1.0 mm, t = 0.5 mm 
       
(a) U∞ = 10.3 m/s  
(i) Tube B: s = 0.6 mm, t = 0.3 mm 
      
(ii) Tube C: s = 1.0 mm, t = 0.5 mm 
       
(b) U∞ = 36 m/s 
(a) U∞ = 8.4 m/s  
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Figure 6.18 Retention angles in condensation of ethylene glycol at 5.6 kPa for the 
lowest and highest velocities tested. Both tubes 𝑕 = 1.6 mm and 𝑑 = 12.7 mm. 
 
 
 
 
 
 
 
 
 
 
 
 
Figure 6.19 Retention angles in condensation of ethylene glycol at 8.1 kPa for the 
lowest and highest velocities tested. Both tubes 𝑕 = 1.6 mm and 𝑑 = 12.7 mm. 
 
(i) Tube B: s = 0.6 mm, t = 0.3 mm 
      
(a) U∞ = 20 m/s 
(ii) Tube C: s = 1.0 mm, t = 0.5 mm 
       
(b) U∞ = 58 m/s 
(i) Tube B: s = 0.6 mm, t = 0.3 mm 
      
(a) U∞ = 29 m/s 
(ii) Tube C: s = 1.0 mm, t = 0.5 mm 
       
(b) U∞ = 82 m/s 
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Figure 6.20 Retention angles in condensation of ethylene glycol at 11.2 kPa for the 
lowest and highest velocities tested. Both tubes 𝑕 = 1.6 mm and 𝑑 = 12.7 mm.  
 
 
 
 
 
 
(i) Tube B: s = 0.6 mm, t = 0.3 mm 
      
(a) U∞ = 13 m/s 
(ii) Tube C: s = 1.0 mm, t = 0.5 mm 
       
(b) U∞ = 38 m/s 
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Figure 6.21 Observed retention angles against vapour velocity for condensation of 
steam for tubes B and C. Comparison of result with identical tubes for simulated 
condensation of water with air velocity using tubes B1 and B2.   
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Figure 6.22 Observed retention angles against vapour velocity for condensation of 
ethylene glycol for tubes B and C. Comparison of result with identical tubes for 
simulated condensation with air velocity using tubes B1 and B2. 
 
0
10
20
30
40
50
60
70
80
90
100
110
0 20 40 60 80 100 120 140 160
φ
f
/ 
(d
eg
re
e)
u∞ , U∞ / m/s
5.6 kPa
6.8 kPa
7.1 kPa
7.4 kPa
8.1 kPa
11.2 kPa
simulated condensation
0
10
20
30
40
50
60
70
80
90
100
110
0 20 40 60 80 100 120 140 160
φ
 f
/ 
(d
eg
re
e)
u∞ , U∞ / m/s
5.6 kPa
6.8 kPa
7.1 kPa
7.4 kPa
8.1 kPa
11.2 kPa
simulated condensation
a) s = 0.6 mm (Tubes B and B1) 
b) s = 1.0 mm (Tubes C and B2) 
162 
 
 
 
 
 
Figure 6.23 Observed retention angles against vapour Reynolds number for 
condensation of steam for tubes B and C. Comparison of result with identical tubes 
for simulated condensation of water with Reynolds number of air using tubes B1 and 
B2.  
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Figure 6.24 Observed retention angles against vapour Reynolds number for 
condensation of ethylene glycol for tubes B and C. Comparison of result with 
identical tubes for simulated condensation with Reynolds number of air using tubes 
B1 and B2.  
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Figure 6.25 Surface pressure variation around the circumference of the tube assuming 
potential flow (taking air density as 1.184 kg/m
3
 at 25 ºC and 𝑃a  = 101 kPa). 
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Figure 6.26 Dependence of retention angle on air velocity with potential flow around 
a cylinder: Analytical result for water, ethylene glycol and R-113. 
Tubes A1-A5: 𝑕 = 0.8 mm, 𝑡 = 0.5 mm and 𝑑 = 12.7 mm. 
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Figure 6.27 Dependence of retention angle on air velocity with potential flow around 
a cylinder: Analytical result for water, ethylene glycol and R-113. 
Tubes B1–B3: 𝑕 = 1.6 mm and 𝑑 = 12.7 mm. 
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Figure 6.28 Dependence of retention angle on air velocity for 𝑠 = 0.5 mm, 0.75 mm, 
1.0 mm, 1.25 mm and 1.5 mm - Comparison of potential flow solution in equation 6.4 
with experimental data. Tubes A1-A5: 𝑕 = 0.8 mm, 𝑡 = 0.5 mm and 𝑑 = 12.7 mm. 
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Figure 6.28 Continued 
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Figure 6.29 Dependence of retention angle on air velocity for 𝑠 = 0.6 mm, 1.0 mm 
and 1.5 mm - Comparison of potential flow solution in equation 6.4 with experimental 
data. Tubes B1-B3: 𝑕 = 1.6 mm and 𝑑 = 12.7 mm. 
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Figure 6.30 Dependence of retention angle on air velocity with potential flow 
solution setting 𝑃ϕ = 𝑃a  on the lower half of the tube, i.e. angles greater than 90º: 
Analytical result for water, ethylene glycol and R-113. 
Tubes A1-A5: 𝑕 = 0.8 mm, 𝑡 = 0.5 mm and 𝑑= 12.7 mm. 
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Figure 6.31 Dependence of retention angle on air velocity with potential flow 
solution setting 𝑃ϕ = 𝑃a  on the lower half of the tube, i.e. angles greater than 90º: 
Analytical result for water, ethylene glycol and R-113. 
Tubes B1–B3: 𝑕 = 1.6 mm and 𝑑 = 12.7 mm. 
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Figure 6.32 Dependence of retention angle against air velocity for 𝑠 = 0.5 mm,     
0.75 mm, 1.0 mm, 1.25 mm and 1.5 mm – Comparison of potential flow solution 
setting 𝑃ϕ = 𝑃a  on the lower half of the tube, i.e. angles greater than 90º. 
Tubes A1-A5: 𝑕 = 0.8 mm, 𝑡 = 0.5 mm and 𝑑 = 12.7 mm. 
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Figure 6.32 Continued 
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Figure 6.33 Dependence of retention angle against air velocity for 𝑠 = 0.6 mm,       
1.0 mm and 1.5 mm. Comparison of potential flow solution setting  𝑃ϕ = 𝑃a  on the 
lower half of the tube, i.e. angles greater than 90º. Tubes B1-B3: 𝑕 = 1.6 mm and       
𝑑 = 12.7 mm. 
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Chapter 7 
Experimental Results for Forced-Convection Condensation Heat-
Transfer on Horizontal Plain and Integral-Fin Tubes 
 
 
7.1 Introduction 
Experimental data has been obtained for condensation of steam at atmospheric and 
sub-atmospheric pressure and for ethylene glycol at sub-atmospheric pressure on two 
instrumented integral-fin tubes and one instrumented plain tube (see Table 4.1 for 
details of tube geometries). The heat flux was determined from the coolant flow rate 
and temperature rise and the vapour velocity from the measured power to the boilers. 
The vapour-side, heat-transfer coefficient was obtained by direct measurement of the 
tube wall temperature, thus eliminating the large uncertainties in calculating the 
vapour-side temperature difference when using indirect methods such as a “Modified 
Wilson Plot” technique or subtraction of thermal resistances. Errors in such methods 
are particularly apparent at very low pressures, due to the low overall vapour-to-
coolant temperature differences.  
 
Fig. 7.1 shows how test section vapour velocity varied with total power input to the 
boilers. For tests with steam, the maximum boiler power of 60 kW could be used, 
providing vapour velocities up to around 10.5 m/s at atmospheric pressure. For low 
pressure steam tests maximum vapour velocities were; 57 m/s at 17.2 kPa; 44.2 m/s at 
21.7 kPa and 36 m/s at 27.1 kPa. For tests of low pressure ethylene glycol, 45 kW was 
the maximum power used. At higher power it became difficult to stabilise the 
apparatus over the length of a particular run at pressures lower than 15 kPa. However, 
the final limiting factor was that at the highest boiler power the pressure drop from the 
boilers to the test section prevented adequate drainage of condensate back to the 
boilers, risking uncovering the heaters. Nevertheless, at 45 kW much higher 
maximum velocities were obtainable for condensation of ethylene glycol than for 
steam, i.e. 82 m/s at 5.6 kPa; 58 m/s at 8.1 kPa and 38 m/s at 11.2 kPa.  
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An uncertainty analysis was carried out on the data using the method of Kline and 
McClintock (1953) and the results are given in Appendix F. The method uses the 
estimated uncertainties in the measured quantities in the experiments and calculates 
the propagation of these uncertainties in the reported results. In summary, the 
calculated uncertainty in the heat flux was never greater than 4.4 % and for test 
section vapour velocity was never greater than 1.95 % for all tests. Moreover, vapour-
side temperature differences never exceeded 3.1 %, even at the lowest pressures 
tested. All experiments were repeated on two separate days and show excellent 
repeatability.   
 
7.2 Results for condensation on horizontal plain tubes  
The plain tube experimental data are displayed in Fig. 7.2 for the steam and ethylene 
glycol tests. The data was examined on the basis of previous theoretical models, 
described in detail in section 2 and summarised as follows,  
 
1. Nusselt (1916) (equation 2.20) for free-convection condensation on a plain 
horizontal tube. 
2. Shekriladze and Gomelauri (1966) (equation 2.41) for combined free and forced-
convection condensation, using the asymptotic, „infinite condensation rate‟ 
approximation for the shear stress at the liquid-vapour interface. 
3. Fujii et al. (1972) (equation 2.44) for combined free and forced-convection 
condensation, using an approximate integral solution for the liquid and vapour 
boundary layers. 
4. Rose (1984) (equation 2.48) an extended solution of Shekriladze and Gomelauri 
(1966) to account for the pressure gradient around the tube. 
 
For steam, all experimental data at atmospheric pressure are in good agreement with 
the lines representing theories 2, 3 and 4 and lie towards the high F region (i.e. low 
vapour velocities). The values of G used in theory 3 correspond to the maximum and 
minimum values found in the data for all three pressures. Overall, very good 
agreement can be seen with the Shekriladze and Gomelauri (1966) theory. The data 
for low pressure steam can be seen to lie towards the low F region, (i.e. high vapour 
velocities), whereas the low pressure steam data fall slightly above the theoretical line 
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representing theory 2. When compared to theory 4, using maximum and minimum 
values of G and P* from the experimental data, the data can be seen to fall between 
these two lines. The good agreement between the present experimental data and 
existing theory for the steam tests confirms the reliability and accuracy of the work.  
 
In contrast to the steam data, the data for ethylene glycol fall further into the low F 
region of the graph because higher vapour velocities have been achieved and below 
theories 2, 3 and 4. The values of G represent the minimum and maximum values of 
the data for the fluid. Theories 2 and 3, which account for vapour velocity effects have 
not shown to represent the data with good accuracy. Whereas theory 4, which not only 
accounts for the vapour velocity but also attempts to account for the pressure variation 
around the tube, can be seen to predict the experimental results with better accuracy. 
Even though the theoretical lines do not fall on top of the experimental data, the 
inclusion of the pressure term in the model can be seen to move the result positively 
toward the data points. A possible reason for the theory continuing to over predict the 
result this is perhaps due to uncertainties arising from vapour boundary layer 
separation and the occurrence of turbulence in the condensate film.  
 
Modifications suggested by Memory and Rose (1984) to account for the saturation 
temperature drop due to pressure variation around the tube and to interphase 
resistance, described in section 2, were applied to the data. However, these were 
found to have no noticeable effect on the result. This is not surprising however, due to 
the fact that these modifications only had effect on Memory and Rose (1984) data for 
the lowest pressures (i.e. less than 5 kPa), leaving the rest of their data largely 
unaffected.  
 
In Figs. 7.3 to 7.8 all plain tube data (and finned tube data, which will be discussed 
later) are plotted as heat flux (based on the surface area of a plain tube with diameter 
equal to that at the fin root) against vapour-side temperature difference (i.e. vapour 
saturation temperature minus surface temperature at the fin root). These clearly 
demonstrate the increase in heat flux at the same vapour-side temperature difference 
due to vapour velocity. Also shown on the plots is the theoretical result of Nusselt 
(1916) for the same vapour-side temperature difference.  
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All the data for atmospheric pressure steam tests show there is an improvement in the 
heat-transfer with vapour velocity which can be achieved even with a relatively low 
vapour velocity of 2.4 m/s. Similarly with the low pressure steam data, large increases 
in heat flux can be achieved even at the lowest velocities tested. In contrast, the data 
for ethylene glycol show smaller improvements in the heat-transfer with vapour 
velocity. Nevertheless, all results show an enhancing effect of the vapour shear, which 
acts to thin the condensate film and hence decrease the vapour-side thermal resistance. 
 
7.3 Results for condensation on horizontal integral-fin tubes 
Figs. 7.3 to 7.8 show all the present results for condensation on the two integral-
finned tubes (Tubes B and C) and the plain tube (Tube A) for steam and ethylene 
glycol at all pressures tested. The data are plotted as heat flux (based on the surface 
area of a plain tube with diameter equal to that at the fin root) against vapour-side 
temperature difference (vapour saturation temperature minus surface temperature at 
the fin root) and show the effect of vapour velocity. Also shown on the plots is the 
theoretical result of Nusselt (1916) for free-convection condensation on a plain 
horizontal tube.  
 
7.3.1 Steam condensing at atmospheric pressure (𝑷∞  = 101 kPa) 
Figs. 7.3 and 7.4 show the results for condensation of atmospheric pressure steam on 
the two integral-finned tubes respectively and the plain tube. The tests were conducted 
at atmospheric pressure, providing nominal vapour velocities from 2.4 m/s to         
10.5 m/s. The data show that heat flux increases with vapour-side temperature 
difference and with velocity, as expected. The data show clearly that the heat fluxes 
for the finned tubes are higher than those of the plain tube data (at the same vapour 
velocities and vapour-side temperature differences). Both finned tubes gave 
comparable results, due to the similar geometries of the two tubes.  
 
7.3.2 Steam condensing at low pressure (𝑷∞  = 27.1 kPa, 21.7 kPa and 17.2 kPa) 
Figs. 7.5 and 7.6 show data for condensation of steam at low pressure on the two 
instrumented integral-fin tubes and the plain tube. In each case, the data are plotted as 
heat flux against vapour-side temperature difference for nominal vapour velocities of 
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13.5 m/s to 57 m/s at 17.2 kPa, 10.3 m/s to 44.2 m/s at 21.7 kPa and 8.4 m/s to 36 m/s 
at 27.1 kPa.  
 
As with the atmospheric pressure data, the results show that both integral-finned tubes 
provide an increase in heat flux over the Nusselt (1916) result. However, the finned 
tubes only provide a small increase in heat flux with vapour velocity compared to the 
plain tube data (at the same vapour velocity and vapour-side temperature difference). 
The relative increase in the heat flux was larger at the lowest vapour velocities, with 
the increase becoming smaller at the highest vapour velocities obtained. For steam 
condensing at low pressure, the effect of vapour velocity was greatest for tube B, with 
fin spacing of 0.6 mm and lowest for tube C with 1 mm fin spacing.  
 
7.3.3 Ethylene glycol condensing at low pressure (𝑷∞  = 11.2 kPa, 8.1 kPa and   
5.6 kPa) 
Figs 7.7 and 7.8 show the data for condensation of ethylene glycol at low pressure on 
the two instrumented integral-fin tubes and the plain tube. Higher vapour velocities 
have been achieved here compared with the steam tests, with nominal vapour 
velocities of 29 m/s to 82 m/s at 5.6 kPa, 20 m/s to 58 m/s at 8.1 kPa and 13 m/s to   
58 m/s at 11.2 kPa.  
 
As with the steam tests at atmospheric pressure the finned tubes provide a significant 
improvement in heat flux over the plain tube for the same vapour velocity and vapour-
side temperature difference. The increase in heat flux due to the effect of vapour 
velocity is clearly shown, with the highest heat fluxes achieved at the maximum 
vapour velocities obtained. Similar heat fluxes were obtained for the range of 
pressures tested despite very different vapour velocities. However, as the as the 
pressure was reduced the vapour-side temperature difference was larger, which 
provides a range of different heat-transfer coefficients (this will be shown later in 
section 7.7). Again, tube B with fin spacing of 0.6 mm provides higher heat fluxes 
than tube C with 1.0 mm spacing, due to the similar geometries of the two tubes. 
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7.6 Enhancement ratios 
Heat flux and vapour-side temperature difference data at a given vapour velocity were 
fitted to equations of the following form, using a least squares fit.  
 
 
𝑞
W/m2
 = 𝐴  
Δ𝑇
K
 
𝑛
 
 
where 𝐴  and 𝑛 were constants to be determined. An index of 0.75 was suggested by 
the Nusselt (1916) theory for free-convection and 1.0 by the Shekriladze and 
Gomelauri (1966) theory for pure forced-convection condensation. Due to the high 
vapour velocities obtained throughout the experiment, n = 1 was used throughout the 
calculations involving enhancement ratio. The values of constant 𝐴  in equation 7.1 
were found for each tube and vapour velocity combination and are displayed in   
Table 7.1 for both steam and ethylene glycol tests. It should be noted that better fits 
could be obtained if the index was allowed to vary rather than fixing it at 1, however 
this would mean that the enhancement ratio would not be independent of vapour-side 
temperature difference.  
 
In order to determine the effectiveness of an enhanced surface during heat-transfer, an 
enhancement ratio can be determined. Here enhancement ratio was defined as the 
heat-transfer coefficient for a finned tube (based on the area of a plain tube with fin-
root diameter) divided by that of the plain tube, evaluated at the same vapour-side 
temperature difference and same vapour velocity. Thus, 
 
𝜀 =  
𝛼finned  
𝛼plain
 
same  Δ𝑇 and  𝑈∞  
=  
𝑞finned
𝑞plain
 
same  Δ𝑇 and  𝑈∞
=  
𝐴 finned
𝐴 plain
 
same  𝑈∞
 
 
For steam tests, the calculated enhancement ratios are plotted against vapour 
velocities for each pressure in Figs. 7.9 and 7.10 for tubes B and C respectively and 
are listed in Table 7.1. As values of 𝐴 plain  increase with increasing vapour velocity, 
particularly for atmospheric pressure tests, the 𝐴 finned  values begin to stabilise, 
leading to a reduction in enhancement ratio. For low pressure, 𝐴 plain  increases with 
vapour velocity far more significantly compared to the atmospheric pressure tests, 
(7.2) 
(7.1) 
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with the results for 𝐴 finned  increasing at an even higher rate than 𝐴 plain , leading to a 
decrease in enhancement ratios compared to the atmospheric pressure tests.  
 
For steam, the results show a sharp decrease in enhancement ratio with an increase in 
vapour velocity up to around 13 m/s, beyond which there are no further changes in 
enhancement ratio with vapour velocity. The sharp decrease occurs primarily for the 
atmospheric pressure data, which has the lowest velocities. This suggests that there is 
a critical velocity at which the enhancement ratio will reach a minimum value. A 
possible explanation for this is that, at low velocities retention angle is being affected 
by vapour velocity the most, where the largest changes in retention angle can be seen. 
This is supported by the results described in Chapter 6, where for steam retention 
moves from fully flooded to 82° for tube B and from 30° to 82° for tube C, over the 
range of pressures (between 101 kPa and 17.2 kPa) and velocities tested. Both tubes 
performed similarly, providing similar enhancement ratios over the range of velocities 
and pressures tested. This is not unsurprising as the two finned tubes are not too 
dissimilar in geometry. 
 
Comparisons can be made with the experimental study carried out by Namasivayam 
and Briggs (2005) for forced-convection condensation of steam at 15 kPa (see section 
2.4.3 for details). It was shown that enhancement ratio decreases with vapour velocity, 
indicating that the enhancing effect on the vapour shear is smaller on the finned tubes 
than on the plain tube. They also showed that as fin spacing is reduced, higher 
enhancement ratios are produced as more fin tip area becomes available to heat-
transfer. However, an unexpected result was found as fin spacings increased beyond 
0.75 mm where higher enhancement ratios were obtained. This was attributed to the 
extent of condensate flooding on the tubes being less for wider spaced fins.    
 
An overlap can clearly be seen in the data obtained at the different pressures which is 
significant at the lowest velocities tested. This is a particularly significant finding 
because it suggests that there is no direct pressure effect on the enhancement ratio and 
that the change in enhancement comes from the effect of the vapour velocity. 
Wanniarachchi et al. (1985) tested 24 copper finned tubes at atmospheric and under 
vacuum conditions of 11.3 kPa and found higher enhancement ratios for the 
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atmospheric pressure tests compared to the low pressure tests. This was attributed to a 
pressure effect, however in the light of the present experimental investigation, it can 
be said that it was probably a vapour velocity effect; where under vacuum higher 
vapour velocities of around 2 m/s were obtained leading to lower enhancement ratios.  
 
For ethylene glycol tests, the enhancement ratios are plotted against vapour velocities 
for each pressure in Figs. 7.11 and 7.12 for tubes B and C respectively. The results 
displayed in Table 7.1 show that values of 𝐴 plain  do not increase significantly with 
increasing vapour velocity compared to the values for 𝐴 finned , therefore leading to a 
reduction in enhancement ratios with increasing velocity for all pressures and tubes 
tested.   
 
Results for ethylene glycol also show a decrease in enhancement ratio with vapour 
velocity. However, this decrease is not as sharp as reported in the data for steam and 
the enhancement ratios continue to fall over the whole range of velocities. A similar 
trend can be seen for both finned tubes tested. The results show higher enhancement 
ratios for the ethylene glycol data than for the steam data. This is perhaps due to the 
fact that there was far less change in the retention angles for the two tubes for this 
fluid over the range of velocities tested. For example, over the range of pressures and 
velocities the retention angle for tube B changed from 35° to 80° and for tube C no 
noticeable change at all was observed for ethylene glycol (as seen from the results in 
Chapter 6). 
 
Further comparisons can be made by experiments involving condensation of ethylene 
glycol at low pressure carried out by Namasivayam and Briggs (2007a). In most 
cases, enhancement ratio decrease with increasing vapour velocity, particularly for 
wider spaced fins, i.e. greater than 0.5 mm. However, in contrast enhancement ratios 
were found to increase with vapour velocity beyond around 10 m/s for tubes with fin 
spacings less that 0.5 mm. A similar explanation was given for this as detailed in their 
earlier study. 
 
 
 
183 
 
7.7 Comparison with theoretical models 
7.7.1 Comparison with Cavallini et al. (1996) model 
Fig. 7.13 compares the present experimental data for both steam and ethylene glycol 
with the theoretical model of Cavallini et al. (1996). The model, described in Chapter 
2, is based on fluid properties and tube geometry and does not account for any change 
in condensate retention due to vapour velocity. The equation and empirical constants 
are as follows, 
 
𝑁𝑢v = 𝐶 𝑅𝑒eq
0.8 𝑃𝑟f
1 3 
 
where,                  
𝐶 = 0.03 + 0.166  
𝑡0
𝑝
 + 0.07  
𝑕
𝑝
  
and                   
𝑅𝑒eq =  
𝜌v𝑈max 𝑑0
𝜇f
  
𝜌f
𝜌v
 
1 2 
 
 
It can be seen that for the steam data, there is good agreement for atmospheric and 
low pressure tests at low vapour velocities. This is because the model uses the Briggs 
and Rose (1994) correlation at low vapour velocity which has been shown to give 
good agreement with experimental data for a wide range of geometries and fluids. 
However, there is a significant deviation from the theoretical solution for the low 
pressure high velocity data, where retention angles are often very different to those 
observed under low vapour velocity conditions. This suggests that any modifications 
to the Cavallini et al. (1996) theory to include the effect of retention under vapour 
velocity would bring the model into better alignment with experimental data for low 
pressure, high velocity tests. 
 
In contrast, the theory predicts the present experimental data for ethylene glycol with 
fairly good accuracy for the majority of the data. It is due in part to the fact that it is a 
semi-empirical model based on data for R-113 and R-11. The fluid properties of 
ethylene glycol are closer to those of refrigerant compared to steam and so we might 
expect the results to be in better agreement for this fluid. Moreover, retention angle 
does not change significantly with velocity for ethylene glycol (over the range of 
(7.3) 
(7.4) 
(7.5) 
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pressures and velocities tested). Therefore any improvements in the heat-transfer due 
to changes in retention angle are not likely to be significant for this fluid. 
 
7.7.2 Comparison with Briggs and Rose (2009) model 
The Briggs and Rose (2009) model for forced-convection takes account of the effect 
of retention angle with vapour velocity in the following way, 
                
𝛼v = 𝛼t  
𝑡
𝑝
  
𝑑0
𝑑
 + 𝛼r  
𝜙obs
𝜋
  
𝑠
𝑝
  
where,                             
𝛼t =  
𝑘
𝑑0
 𝐴𝑅 𝑒t
𝑎  
and                   
𝛼r =  
𝑘
𝑑
  1 − exp  − 
𝑠
𝑕
 
𝑚
  𝐴𝑅 𝑒r
𝑎  
 
with the following empirical constants; 𝑛 = 3.0, 𝑚 = 0.2, 𝐴 = 2.0 and 𝑎 = 0.5. 
 
As seen in Chapter 6, retention angle measurements have been made for the full range 
of fluids, velocities and geometries tested in the present investigation. It is therefore 
now possible to employ this model far more accurately than simply relying on 
retention angles obtained from Honda et al. (1983) theory for static flow.   
 
Fig. 7.14 compares heat-transfer results obtained by experiment with those predicted 
by the Briggs and Rose (2009) result, for steam and ethylene glycol, using retention 
angles obtained by the Honda et al. (1983) theory. It can be seen that much of the 
data, particularly for steam is poorly predicted by the theory. This is supported by the 
results in Chapter 6 where retention angles for steam in the static case were often very 
different to those observed under high vapour velocity conditions. For example, tube 
B moved from fully flooded to 82° and tube C moved from 30° to 82°, over the range 
of pressures and velocities tested. This can be seen in comparison to the results for 
condensation of ethylene glycol which are more successfully predicted. This is due to 
the lower surface tension of this fluid, where the retention angle is further around the 
(7.6) 
(7.7) 
(7.8) 
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tube in the static case and does not change significantly with vapour velocity. For 
example, tube B moved from 35° to 80° and tube C where there was not noticeable 
change at all in the retention angle over the range of pressures and vapour velocities 
tested.  
 
Fig. 7.15 presents the experimental results in the same way but uses the corresponding 
observed average retention angles from the experiments conducted in Chapter 6. In 
this way, a direct comparison can be made with Fig 7.14 and the effect of a varying 
retention angle with vapour velocity can be seen. For steam, this modification can be 
seen to bring the model into further alignment with the experimental data. This is 
particularly the case for the high velocity data where the retention angles were very 
different to those predicted by the Honda et al. (1983) theory. In contrast, and as 
expected, for the ethylene glycol data, the modification had minimal change on the 
result, predicting most of the data to within ± 25 %. 
 
In order to determine the sensitivity of the value of 𝜙f  in the model, a result was 
generated assuming the retention angle was mis-observed by -20° and +20° of the 
observed average retention angles and these can be seen in Figs. 7.16 and 7.17 for 
steam and ethylene glycol tests respectively. The results show minimal change in the 
heat-transfer coefficients, again indicating that small changes in retention angle value 
are insignificant to the overall result. These graphs highlight that whilst retention 
angle is important, small variations in its value do not effect the over all result by any 
significant margin.  
 
The data in Fig. 7.18 were predicted using the „optimum‟ constants found from all 
previous existing data and given by Briggs and Rose (2009) i.e. n = 4, A = 2, a = 0.5 
and m = 0.2. Optimum constants based on a curve fit of the present data only were 
obtained as follows, n = 5.6, A = 1.97, a = 0.52 and m = 35 and are used to predict the 
results in Fig. 7.16. A good similarity can be seen between the two sets of constants 
with the exception of m (i.e. the exponent of the term 𝑠 𝑕 ). A simple test was done 
evaluating the theory setting m as 1, 0.2 and 35 where negligible change was observed 
in the result when rounded up to 2 s.f. This indicates that the constant m is not 
strongly dependent on the results and can be set to 1. 
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7.8 Concluding remarks 
Experimental data for forced-convection condensation on a horizontal plain tube and 
two integral fin tubes have been obtained for steam at atmospheric pressure and low 
pressure and for ethylene glycol at low pressure, over a wide range of vapour 
velocities and heat-transfer rates.  
 
For the plain tube, the results show good agreement with earlier theoretical 
investigations. The data for steam condensing at atmospheric pressure lie in the low F 
region where gravity forces and vapour shear are important. The low pressure steam 
data fall slightly above the free and forced-convection condensation model of 
Shekriladze and Gomelauri (1966), in the region where gravity and vapour shear are 
both important. For the ethylene glycol data, vapour shear effects were dominant and 
the data fall above the laminar film theories of Nusselt (1916) and below the 
Shekriladze and Gomelauri (1966) theory. 
 
For the finned tubes, for the steam data, the effect of vapour velocity was shown to 
increase the heat flux. For both atmospheric pressure and low pressure tests, heat flux 
was seen to increase with vapour-side temperature difference, where the highest heat 
fluxes were obtained at the highest velocities.  A similar trend was observed with the 
ethylene glycol tests. Both of the finned tubes provided similar results.  
 
Vapour-side enhancement ratios were expressed independent of vapour-side 
temperature difference for each tube, fluid and pressure combination. For both fluids, 
the calculated enhancement ratios for the finned tubes were found to decrease as 
vapour velocity increased. This is because as vapour velocity increases, the enhancing 
effect of the vapour shear increases, until they are comparable to or greater than those 
of surface tension. The enhancement ratio of the finned tube will then become less 
dependent on vapour velocity, as vapour shear will affect the plain and finned tubes to 
more or less a similar magnitude. Observations made in Chapter 6 of retention angle 
shows that the where the largest increases in liquid retention angle occur correspond 
with the sharpest changes in enhancement ratio. 
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The forced-convection condensation heat-transfer model of Cavallini et al. (1996) 
predicts most of the experimental data for atmospheric pressure steam with good 
accuracy. In contrast, the low pressure steam data, where higher vapour velocities 
were obtained, the model was seen to deviate considerably from the experimental 
results. This coincided with large variations in retention angle with vapour velocity. 
Moreover, the data for ethylene glycol were more successfully predicted. This is not 
surprising since it is a semi-empirical model based on data for refrigerant and where 
the fluid properties of ethylene glycol are closer to those of refrigerant than for steam. 
Also retention angles did not change significantly with vapour velocity for this fluid. 
The heat-transfer can be more accurately predicted by the forced-convection heat-
transfer model of Briggs and Rose (2009). The model successfully predicts most of 
the data to within ± 25 %, for both steam and ethylene glycol tests.  
 
It would have been desirable to conduct a curve fitting exercise to match the 
simulated condensation data, which would then be used to predict the retention 
position for any tube for a given vapour velocity for use in the Briggs and Rose 
(2009) model. This would have produced a more complete solution to the existing 
model. However, the effect of vapour velocity on retention angle has been 
demonstrated and its sensitivity on the overall prediction of heat-transfer has been 
shown. A more complete model is needed, which includes an equation relating the 
retention angle to vapour velocity, geometric parameters and condensate properties. 
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Table 7.1 Values of constants in equation 7.1, where 𝑛 = 1 
(a) Data for steam 
𝑈∞  
(m/s) 
𝐴 plain   
(Tube A) 
𝐴 finned  
(Tube B) 
𝐴 finned  
(Tube C) 
ε  
(Tube B) 
ε 
(Tube C) 
P∞ = 101 kPa 
2.4 16.71 35.50 37.07 2.12 2.21 
4.9 22.40 38.44 41.57 1.71 1.85 
7.7 27.17 40.52 43.53 1.49 1.60 
10.5 30.69 41.41 45.79 1.34 1.49 
P∞ = 27.1 kPa 
8.4 29.72 41.66 46.19 1.13 1.55 
17.3 42.20 51.79 55.80 1.29 1.32 
26.7 50.84 61.77 67.05 1.34 1.31 
36.0 59.36 78.17 82.90 1.36 1.39 
P∞ = 21.7 kPa 
10.3 27.77 41.61 48.13 1.40 1.73 
21.3 39.33 58.28 51.99 1.38 1.32 
32.8 46.77 69.68 61.76 1.37 1.32 
44.2 54.98 84.85 78.44 1.42 1.42 
P∞ = 17.2 kPa 
13.5 36.21 41.21 46.31 1.50 1.27 
27.7 52.56 67.81 65.71 1.31 1.25 
42.5 63.84 86.02 80.44 1.32 1.26 
57.0 70.82 96.69 94.9 1.42 1.34 
 
(b) Data for ethylene-glycol 
 𝑈∞  
(m/s) 
𝐴 plain   
(Tube A) 
𝐴 finned  
(Tube B) 
𝐴 finned  
(Tube C) 
ε 
(Tube B) 
ε  
(Tube C) 
P∞ = 11.2 kPa 
13.0 2.25 6.85 6.74 3.03 2.99 
25.0 3.08 9.42 8.47 3.05 2.74 
13.0 4.25 11.91 10.51 2.80 2.47 
P∞ = 8.1 kPa 
20.0 2.33 7.18 6.85 3.07 2.93 
39.0 3.16 9.36 8.04 2.95 2.54 
58.0 5.18 12.58 11.59 2.62 2.31 
P∞ = 5.6 kPa 
29.0 2.42 7.22 6.21 2.96 2.55 
56.0 3.47 9.05 8.12 2.60 2.33 
82.0 5.95 14.30 12.89 2.40 2.16 
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Figure 7.1 Variation of test section vapour velocity with heater power 
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(a) Data for steam 
 
(b) Data for ethylene glycol 
 
Figure 7.2 Comparison of all plain tube data for condensation of steam and ethylene 
glycol with theories of Nusselt (1916), Shekriladze and Gomelauri (1966), Fujii et al. 
(1972) and Rose (1984). 
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Figure 7.3 Variation of heat flux with vapour-side temperature difference for 
condensation of steam at atmospheric pressure – Effect of vapour velocity. 
Comparison of integral-fin tube (Tube B: s = 0.6 mm, t = 0.3 mm and h = 1.6 mm) 
and plain tube (Tube A). Both tubes d = 12.7 mm. 
 
 
 
Figure 7.4 Variation of heat flux with vapour-side temperature difference for 
condensation of steam at atmospheric pressure – Effect of vapour velocity. 
Comparison of integral-fin tube (Tube C: s = 1.0 mm, t = 0.5 mm and h = 1.6 mm) 
and plain tube (Tube A). Both tubes d = 12.7 mm.  
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Figure 7.5 Variation of heat flux with vapour-side temperature difference for 
condensation of steam at low pressure – Effect of vapour velocity. Integral-fin tube 
(Tube B: s = 0.6 mm, t = 0.3 mm and h =1.6 mm) and plain tube (Tube A).  
Both tubes d = 12.7 mm. 
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Figure 7.6 Variation of heat flux with vapour-side temperature difference for 
condensation of steam at low pressure – Effect of vapour velocity. Integral-fin tube 
(Tube C: s = 1.0 mm, t = 0.5 mm and h =1.6 mm) and plain tube (Tube A).  
Both tubes d = 12.7 mm. 
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Figure 7.7 Variation of heat flux with vapour-side temperature difference for 
condensation of ethylene glycol at low pressure – Effect of vapour velocity. Integral-
fin tube (Tube B: s = 0.6 mm, t = 0.3 mm and h =1.6 mm) and plain tube (Tube A). 
Both tubes d = 12.7 mm. 
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Figure 7.8 Variation of heat flux with vapour-side temperature difference for 
condensation of ethylene glycol at low pressure – Effect of vapour velocity. Integral-
fin tube (Tube C: s = 1.0 mm, t = 0.5 mm and h =1.6 mm) and plain tube (Tube A). 
Both tubes d = 12.7 mm. 
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Figure 7.9 Variation in enhancement ratio with vapour velocity for condensation of 
steam for all pressures tested. Tube B: s = 0.6 mm, t = 0.3 mm, h =1.6 mm and           
d = 12.7 mm. 
 
Figure 7.10 Variation in enhancement ratio with vapour velocity for condensation of 
steam for all pressures tested. Tube C: s = 1.0 mm, t = 0.5 mm, h =1.6 mm and              
d = 12.7 mm. 
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Figure 7.11 Variation in enhancement ratio with vapour velocity for condensation of 
ethylene glycol for all pressures tested. Tube B: s = 0.6 mm, t = 0.3 mm, h =1.6 mm 
and d = 12.7 mm. 
 
 
Figure 7.12 Variation in enhancement ratio with vapour velocity for condensation of 
ethylene glycol for all pressures tested. Tube C: s = 1.0 mm, t = 0.5 mm, h =1.6 mm 
and d = 12.7 mm. 
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Figure 7.13 Comparison of Cavallini et al. (1996) model with present experimental 
data  
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Figure 7.14 Comparison of Briggs and Rose (2009) model with present experimental 
data using retention angles obtained from the Honda et al. (1983) theory. 
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Figure 7.15 Comparison of Briggs and Rose (2009) model with present experimental 
data using average observed retention angles.  
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Figure 7.16 Comparison of Briggs and Rose (2009) model with present experimental 
data for steam using observed retention angles, miss-calculated by ±20° of the average 
value. 
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Figure 7.17 Comparison of Briggs and Rose (2009) model with present experimental 
data for ethylene glycol using average observed retention angles miss-calculated by 
±20° of the average value. 
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Figure 7.18 Comparison of Briggs and Rose (2009) model with present experimental 
data using average observed retention angles where n = 5.6, A = 1.97, a = 0.52 and    
m = 0.2 (optimum constants based on present data only).  
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Chapter 8 
Concluding Remarks 
 
 
8.1 Conclusion of the present investigation 
New experimental data are obtained for forced-convection condensation of steam at 
atmospheric and low pressure and ethylene glycol at low pressure, on two horizontal 
integral-fin tubes and one plain tube. All three tubes were instrumented with 
thermocouples embedded in the tube walls which allowed the tube wall to be 
measured directly. The first tube had a fin thickness and spacing 0.3 mm and 0.6 mm, 
respectively and the second 0.5 mm and 1.0 mm, respectively. Both tubes had a root 
diameter of 12.7 mm, the same dimension as the outside diameter of the plain tube 
and a constant fin height of 1.6 mm. Tests covered a wide range of vapour pressures, 
vapour velocities and heat fluxes with velocities of up to 57 m/s and 82 m/s for steam 
and ethylene glycol respectively.  
 
All the data show that both of the finned tubes provided an increase in heat flux (at the 
same vapour-side temperature difference) with increasing vapour velocity. For steam 
condensing at atmospheric pressure, the heat fluxes were significantly higher than the 
plain tube tested (at the same vapour-side temperature difference and vapour 
velocity). For low pressure steam tests however, this increase was not as significant, 
with less improvement in heat flux as vapour velocity increased. For tests with 
ethylene glycol, the highest heat fluxes were reported at the highest vapour velocities, 
with less significant improvements in heat-transfer with vapour velocity. The 
enhancing effect of the vapour velocity was shown to affect the plain tube more 
strongly than the finned tubes and hence enhancement ratios decreased as vapour 
velocity increased. The decrease in enhancement ratio occurred under conditions 
where large changes were seen to occur in fluid retention position with vapour 
velocity. The forced-convection model of Briggs and Rose (2009) predicts most of the 
present experimental data to within ±20% for steam and ethylene glycol tests over the 
range of pressures and velocities tested. 
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The effect of velocity on condensate retention angle was thoroughly investigated with 
simulated condensation on a set of nine integral-fin tubes with different fin spacings 
and heights over a range of test fluids with different surface tensions, namely, water, 
ethylene glycol and R-113. Liquid retention positions were well documented for a 
wide range of air velocities flowing vertically downward over the tubes. It was shown 
that retention angle moves from its position as predicted by the Honda et al. (1983) 
theory at low air velocity and becomes asymptotic at around 85º to 90º as air velocity 
is increased. This is thought to be where boundary layer separation occurs and there is 
no further increase in retention angle with velocity beyond this point. Agreement 
between simulated data and retention angle data for actual condensation data are good 
when the retention angle is plotted against air/vapour Reynolds number. Two simple 
modifications made to the Honda et al. (1983) theory, firstly assuming potential flow 
around a cylinder and secondly estimating boundary layer separation at 90º, where the 
latter case predicted the observed retention angles with fair accuracy. This suggests 
that retention angle is affected by both the pressure variation around the tube and the 
distortion of the fluid meniscus. 
 
In this light, a fully predictive heat-transfer theory must incorporate a method for 
calculating the retention angle. In the case of quiescent vapour the retention angle is 
determined by a balance of the surface tension pressure drop across the meniscus of 
the retained condensate and the gravity force on the retained liquid column. 
Moreover, in this case the relevant meniscus radius of curvature can be readily 
calculated with good accuracy. However, in the presence of significant vapour 
velocity and consequent shear stress on the liquid surface the problem is affected both 
by the pressure variation around the tube and distortion of the meniscus.  
 
8.2 Recommendations for future work 
Work is currently in progress aimed at developing a model for predicting the retention 
angle in the presence of significant vapour velocity. This should be valid for any fluid 
and geometry and on the basis of the present investigation, should satisfy the Honda 
et al. (1983) theory at zero velocity and approach a value of around 85
o
 with 
increasing velocity. However, until a suitable method of determining the retention 
angle for any given tube geometry and condensing fluid under vapour velocity 
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conditions is obtained, then it is expected that further improvements to existing heat-
transfer models will be minimal. Obtaining a suitable estimate for the minimum 
critical velocity needed to move the retention position from its value predicted by the 
Honda et al. (1983) theory for static flow, is the first step in solving this problem. 
Two attempts have been made to predict this, however with limited success.    
 
In order to improve the data acquisition of the experiment, the author recommends the 
installation of a data logging facility. This would not only improve the speed at which 
the data could be obtained but also be used to improve on accuracy, as all 
thermocouple measurements of the apparatus for a particular coolant flow rate could 
be obtained exactly at the same time, eliminating small changes in temperature and 
pressure (ambient and within the apparatus) during the course of a particular set-up or 
experimental run.    
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Appendix A 
Thermophysical Properties of Test Fluids 
 
 
A.1 Nomenclature and units used in Appendix A 
𝑐𝑃,f - specific isobaric heat capacity of saturated liquid / (J/kg K) 
𝑐𝑃,g  - specific isobaric heat capacity of saturated vapour / (J/kg K) 
𝑕fg  - specific enthalpy of evaporation / (J/kg) 
𝑘f - thermal conductivity of saturated liquid / (W/m K) 
𝑃 - pressure / (Pa) 
𝑃sat  - saturation pressure / (Pa) 
𝑇 - thermodynamic temperature / (K) 
𝑇sat  - saturation temperature / (K) 
𝜇f - dynamic viscosity of saturated liquid / (kg/m s) 
𝜇g  - dynamic viscosity of saturated vapour / (kg/m s) 
𝜈f - specific volume of saturated liquid / (m
3
/kg) 
𝜈g  - specific volume of saturated vapour / (m
3
/kg) 
𝜌f - density of saturated liquid / (m
3
/kg) 
𝜌g  - density of saturated vapour / (m
3
/kg) 
𝜍 - surface tension of saturated liquid / (N/m) 
 
Table A.1 gives the thermophysical properties of the steam and ethylene glycol for 
liquid and vapour over a range of saturation temperatures. 
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A.2 Properties of steam 
Specific volume of saturated liquid (Lee (1982)) 
 
𝜈f = 1.2674 × 10
−3 − 𝑇 2.02915 × 10−6 − 3.8333 × 10−9𝑇  
 
Specific volume of saturated vapour (Le Fevre et al. (1975))  
 
𝜈v =
 1 +  1 + 2𝑇c𝑇d 
1
2 
𝑇d
 
where 
𝑇d =
𝑃
230.755𝑇
 
 
𝑇c =
1.5 × 10−3
 1 +  1 × 10−4𝑇  −  9.42 × 10−4  
1
𝑇a
 
1
2
exp 𝑇a + 𝑇b  −  4.882 × 10−4𝑇a 
 
 
𝑇b = 2.5 ln 1 − exp −𝑇a   
 
𝑇a =
1500
𝑇
 
 
Specific isobaric heat capacity of saturated liquid (Nobbs (1975)) 
 
𝑐𝑃,f = 10768.539 − 𝑇 57.216 − 𝑇 0.16359 − 1.536 × 10
−4𝑇   
 
Specific isobaric heat capacity of saturated vapour (Nobbs (1975)) 
 
𝑐𝑃,g = 1000 ×  1.86238 + 5.1713 × 10
−4𝜃 + 2.9015 × 10−6𝜃2 + 9.106027 ×
10−8𝜃3  
 
 
 
(A.1) 
(A.2a) 
(A.2b) 
(A.2c) 
(A.2d) 
(A.2e) 
(A.3) 
(A.4a) 
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where 
𝜃 = 𝑇 − 273.15 
 
Dynamic viscosity of saturated liquid (Lee (1982)) 
 
𝜇f =  2.414 × 10 − 5 × 10
𝐽  
 
where 
𝐽 =
247.8
𝑇 − 140
 
 
Dynamic viscosity of saturated vapour (Lee (1982)) 
 
𝜇g = −4.478415 × 10
−6 + 𝑇 5.0216 × 10−8 − 1.579 × 10−11𝑇  
 
Specific enthalpy of evaporation (Lee (1982)) 
 
𝑕fg = 3.468920 × 10
6 − 𝑇 5707.4 − 𝑇 11.5562 − 0.0133103𝑇   
  
Thermal conductivity of saturated liquid (Lee (1982)) 
 
𝑘f = −0.92407 + 𝑇g 2.8395 − 𝑇g 1.8007 − 𝑇g 0.52577 − 0.07344𝑇g    
 
where 
𝑇g =
𝑇
273.15
 
 
Surface tension of saturated liquid (Masuda (1985)) 
 
𝜍f =
75.6 − 0.138 𝑇 − 273.15 − 3 × 10−4 𝑇 − 273.15 2
1000
 
 
 
 
(A.4b) 
(A.5a) 
(A.5b) 
(A.7) 
(A.8a) 
(A.9) 
(A.6) 
(A.8b) 
219 
 
Saturation pressure (Lee (1982)) 
 
𝑃sat = 10
6exp 15.4921 +  −5.6783 𝑇f  + 1.4597ln 𝑇f + 13.8770𝑇f
+  −80.8877 𝑇f
2 + 123.569𝑇f
3 +  −188.321 𝑇f
4 + 660.917𝑇f
5
+  −1382.474 𝑇f
6 + 1300.104𝑇f
7 +  −449.396 𝑇f
8  
 
where 
𝑇f =
𝑇
1000
 
 
Saturation temperature  
 
The saturation temperature was obtained from the measured pressure by employing 
the Newton-Raphson iteration method to determine the root in equation A.10a.  
 
Density of saturated vapour (Fujii et al. (1977))  
 
𝜌g = 2.167 × 10
2  1 + 1.68  
𝑃sat
𝑇sat
 
0.8
  
𝑃sat
𝑇sat
  
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
(A.10a) 
(A.10b) 
(A.11) 
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A.3 Properties of ethylene glycol 
Specific volume of saturated liquid (Masuda (1985)) 
 
𝜈f = 9.24848 × 10
−4 + 6.2796 × 10−7𝑇b + 
9.2444 × 10−10𝑇b
2 + 3.057 × 10−12𝑇b
3 
 
where  
𝑇b = 𝑇 − 338.15 
 
Specific volume of saturated vapour (Masuda (1985)) 
 
𝜈g =
133.95𝑇
𝑃
 
 
Specific isobaric heat capacity of saturated liquid (Masuda (1985)) 
 
𝑐p,f = 4186.8 ×  1.6884 × 10
−2 + 3.35083 × 10−3𝑇 − 7.224 × 10−6𝑇2 +
7.61748 × 10−9𝑇3  
 
Specific isobaric heat capacity of saturated vapour (Masuda (1985)) 
 
𝑐p,g = 472.433 + 4.6327𝑇 − 3.6054 × 10
−3𝑇2 + 1.1827 × 10−6𝑇3 
 
Dynamic viscosity of saturated liquid (Masuda (1985)) 
 
𝜇f = exp −11.0179 +
1.744 × 103
𝑇
−
2.80335 × 105
𝑇2
+
1.12661 × 108
𝑇3
  
 
Dynamic viscosity of saturated vapour (Gallant (1970)) 
 
𝜇g = 7.2 × 10
−6 + 2.5974 × 10−8 𝑇 − 273.15  
 
 
(A.12a) 
(A.12b) 
(A.13) 
(A.14) 
(A.15) 
(A.16) 
(A.17) 
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Specific enthalpy of evaporation (Masuda (1985)) 
 
𝑕fg = 1.35234 × 10
6 − 6.38262 × 102𝑇 − 0.747462𝑇2 
 
Thermal conductivity of saturated liquid (Masuda (1985)) 
 
𝑘f = 418.68 × 10
−6 519.442 + 0.3209𝑇  
 
Surface tension of saturated liquid (Masuda (1985)) 
 
𝜍f = 5.021 × 10
−12 − 8.9 × 10−5 𝑇 − 273.15  
 
Saturation pressure (Masuda (1985)) 
 
𝑃sat = 133.32 × 10
𝐴  
where  
𝐴 = 9.394685 −
3066.1
𝑇
 
 
Saturation temperature (from equation A.21a) 
 
𝑇sat =
3066.1
9.394685 − log10  
𝑃
133.32 
 
 
 
 
 
 
 
 
 
 
 
(A.18) 
(A.19) 
(A.20) 
(A.21a) 
(A.21b) 
(A.22) 
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A.4 Properties of R-113 
Surface tension of saturated liquid (Masuda (1985)) 
 
𝜍f = 0.0217 − 1.1 × 10
−4𝜃  for  𝜃 ≥ 20  
 
𝜍f = 0.0221 − 1.3 × 10
−4𝜃  for   𝜃 < 20  
 
where  
𝜃 = 𝑇 − 273.15 
 
Density of saturated liquid (Fujii et al. (1978)) 
 
𝜌f =  1   0.617 + 0.00064 𝑇 − 273.15 
1.1 × 10−3   
where 
𝜃 = 𝑇 − 273.15 
 
 
A.5 Properties of air 
Specific ideal gas constant 
𝑅 = 287.1 J/ kg K 
 
Density of air 
𝜌 =
𝑃
𝑅𝑇
 
 
Dynamic viscosity of air (Lee 1982) 
 
𝜇g =  5.26 + 0.044𝑇 × 10
−6 
 
 
 
 
 
(A.23a) 
(A.23b) 
(A.23c) 
(A.24a) 
(A.25) 
(A.26) 
(A.24b) 
(A.27) 
223 
 
A.6 Other properties 
Density of mercury (Niknejad (1979)) 
 
𝜌Hg = 1/  6.98392 × 10
−5
+  𝑇am   1.40194 × 10
−8
+  𝑇am   2.2775 × 10
−12 + 2.70871 × 10−15 𝑇am      
 
Thermal conductivity of copper (Niknejad (1979)) 
 
𝑘w = 438.643 − 0.130692𝑇 + 4.540943 × 10
−5𝑇2 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
(A.28) 
(A.29) 
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Table A.1 Calculated thermophysical properties of the liquid and vapour over a range 
of saturation temperatures 
 
(a) Data for steam (reproduced using equations in section A.2) 
𝑇sat  / 
(K) 
 
𝑃sat  /10
4
  
(Pa) 
 
𝜌f  / 10
2
 
(kg/m
3
) 
 
𝜌g  /10
-1
  
(kg/m
3
) 
 
𝑐𝑃,f  / 10
3
  
(J/kg K) 
 
𝜇f  / 10
-4
 
(kg/m s) 
 
𝑕fg /10
6
  
(J/kg) 
 
𝑘f  / 10
-1
  
(W/m K) 
 
𝜍f  / 10
-2 
 
(N/m) 
 
300 0.35 9.96 0.25 4.18 8.54 2.44 6.14 7.17 
310 0.62 9.93 0.43 4.18 6.92 2.41 6.27 7.01 
320 1.05 9.90 0.71 4.18 5.75 2.39 6.40 6.85 
330 1.72 9.85 1.13 4.18 4.86 2.37 6.50 6.68 
340 2.72 9.80 1.74 4.19 4.19 2.34 6.60 6.50 
350 4.16 9.74 2.60 4.20 3.65 2.32 6.68 6.32 
360 6.21 9.67 3.78 4.21 3.25 2.29 6.74 6.14 
370 9.04 9.60 5.37 4.21 2.88 2.27 6.79 5.94 
380 12.9 9.53 7.49 4.22 2.60 2.24 6.83 5.74 
 
 
(b) Data for ethylene glycol (reproduced using equations in section A.3) 
𝑇sat  / 
(K) 
 
𝑃sat  /10
4
  
(Pa) 
 
𝜌f  / 10
2
 
(kg/m
3
) 
 
𝜌g  /10
-1
  
(kg/m
3
) 
 
𝑐𝑃,f  / 10
3
  
(J/kg K) 
 
𝜇f  / 10
-4
 
(kg/m s) 
 
𝑕fg /10
6
  
(J/kg) 
 
𝑘f  / 10
-1
  
(W/m K) 
 
𝜍f  / 10
-2 
 
(N/m) 
 
400 0.72 10.33 1.34 2.88 13.00 9.77 2.71 3.89 
410 1.10 10.25 2.00 2.94 11.00 9.65 2.73 3.80 
420 1.66 10.16 2.95 2.99 9.74 6.52 2.74 3.71 
430 2.45 10.07 4.25 3.05 8.58 9.40 2.75 3.63 
440 3.56 9.98 6.04 3.10 7.62 9.27 2.77 3.54 
450 5.08 9.89 8.43 3.17 6.82 9.14 2.78 3.45 
460 7.15 9.80 10.16 3.23 6.15 9.01 2.79 3.36 
470 9.91 9.70 15.74 3.29 5.58 8.87 2.81 3.27 
480 13.55 9.60 21.07 3.63 5.09 8.74 2.82 3.18 
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Appendix B 
Calibrations and Corrections 
 
 
B.1 Calibration of thermocouples 
All thermocouples in the test rig were made of nickel-chromium/ nickel-aluminium 
(K-type) twin-laid Teflon coated wires. Each of the 4 thermocouples in both of the 
finned tubes were calibrated against a platinum resistance thermometer having an 
accuracy better than 0.01 K in the range -200 ºC to 650 ºC and an isothermal 
temperature bath. An illustration of the isothermal temperature bath can be seen in 
Fig. B.1. The Platinum resistance thermometer was calibrated by the Universal 
Calibration Laboratories Ltd. (UK).  
 
For calibrations above 50 ºC, silicone oil was used in the temperature bath. A heater 
coil at the bottom of the bath heated up the calibration fluid to a desired temperature 
and was thermostatically controlled at a constant temperature. The temperature of the 
bath was accurately measured using a platinum resistance thermometer. For 
temperatures below 50 ºC, distilled water was used. The bath was the same as above 
except a cooling coil with refrigerant was used as well as a heater coil. In both cases, 
the calibration fluid was allowed to circulate continuously in order to ensure adequate 
mixing so that its temperature was kept constant and uniform. 
 
The cold junctions of the thermocouples were placed in a mixture of ice and distilled 
water while the hot junctions (in this case the whole instrumented fin tube) was placed 
in the calibration fluid at a depth of 300 mm to ensure that it was located in an 
isothermal region of the bath. The thermo-emf measurements were obtained using the 
same digital voltmeter used in the experimental tests (described in section 4.3.1). 
Measurements were taken at intervals of 10 K ranging from 20 ºC to 150 ºC. At each 
temperature, the thermo-emf of the thermocouple was noted together with the 
temperature of a Platinum Resistance Thermometer (PRT). The two readings were 
taken within seconds of each other so any small changes in the bath temperature with 
time gave negligible error.  
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The reading obtained from the platinum resistance thermometer was converted to 
temperature using the following equation,  
 
 
𝑇
𝐾
 = 5.3271 × 10−7 ×  
𝑅
Ω
 
3
+ 8.1893 × 10−4 ×  
𝑅
Ω
 
2
+ 
2.3269 ×  
𝑅
Ω
 + 31.6094 − 273.15 
 
where 𝑇 is the absolute temperature measured in K for the corresponding resistance, 𝑅 
measured in Ω. The results obtained were fitted using the least squares method, 
resulting in equation 5.4a for all boiler thermocouples and equation 5.4b for all other 
thermocouples, given in section 5.5.3. Samples of these measurements are displayed 
in Table B.1 for tube B. 
 
B.2 Correction for heat loss from the apparatus  
Heat loss experiments were conducted by Briggs (1991). A test was performed with 
ethylene glycol, the vacuum pump was connected and running with the boilers left on 
full power until a steady state had been reached. Heater power was then reduced to  
0.5 kW and on reaching a steady state, vapour and boiler thermocouple readings were 
recorded. Heater power was reduced further, recording the point where the test-
section vapour temperature fell below the boiler temperature. This indicated the 
power input at which all boiler vapour had just condensed on the inside walls of the 
apparatus before reaching the test section. This power input was found to be between 
270 W and 277 W, therefore an average value of 274 W was used for the heat loss to 
the surroundings.  
 
As the apparatus was well insulated, it was assumed that the heat-transfer to the 
surroundings was proportional to the mean difference between the ambient and 
vapour temperatures as follows,     
 
𝑄L = 𝐾L   
𝑇v − 𝑇 B,1−3
2
 − 𝑇a  
 
 
(B.2) 
(B.1) 
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where, 
𝑄L  - heat loss from apparatus/ (W) 
𝐾L  - heat loss constant/ (W/K) 
𝑇v  - mean measured vapour temperature in test section/ (K) 
𝑇 B,1−3 - mean measured vapour temperature in boilers/ (K) 
𝑇a  - ambient temperature/ (K)  
 
The results for the experiment were as follows, 𝑇v  = 325.5 K, 𝑇BM  = 326.7 K and        
𝑇a  = 291.15 K, giving 𝐾L  = 7.83 W/K. The heat loss from the apparatus could then be 
determined for any set of experimental conditions using equation B.2. 
 
B.3 Correction for test tube coolant temperature rise due to frictional dissipation  
It was observed that whilst the heaters were switched off and no condensation was 
occurring, there was a small temperature rise in the coolant at high coolant velocities. 
This occurred due to frictional dissipation in the coolant as it passed through the 
condenser tube and in the mixing boxes. If un-accounted for, this would provide an 
unexpected upturn in the heat-transfer with increasing coolant flow rate. 
 
A small correction was incorporated into the heat-transfer measurement to account for 
the effects of temperature rise due to frictional dissipation in the coolant. This was 
conducted by supplying coolant to the test tube with no condensation occurring and 
measuring the 10-junction thermopile emf caused by the coolant temperature rise. 
This was done for the same range of coolant flow rates as used in the condensation 
experiments and for the plain tube only (as all three tubes were manufactured with the 
same internal geometry, including inlet and exit arrangements). The frictional 
dissipation effect was expressed in the following form, 
 
∆𝐸fric = 𝑋 𝑉𝑐  
2
 
 
Where Δ𝐸fric  is the voltage reading of the 10-junction thermopile measured in μV and 
𝑉𝑐  is the coolant flow rate measured in l/min and 𝑋 is a constant obtained from the 
least squares method. The data obtained from this test are displayed in Table B.2. By 
(B.3) 
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cutting off data with 𝑉𝑐  ≤ 10 l/min and forcing the line to pass through the origin, as 
in Fig. B.2, the value of 𝑋 was found as 0.0577. The obtained temperature rise 
associated with frictional dissipation could then be obtained for a particular flow rate 
and subtracted from the measured temperature rise for that particular experiment. 
With the present values of 𝑋 in equation B.3 measured temperature rise of the coolant 
during condensation in practical tests from 0.1 ~ 0.5 K. 
 
Noting that the constant in equation B.3 was obtained based on the data for a plain 
tube. As all tubes were manufactured with the same internal geometry to the plain 
tube, the same value obtained is directly applicable to all tubes tested in the present 
investigation. 
 
B.4 Calibration of voltage and current transformers 
B.4.1 Introduction 
In order to accurately measure the input power to the boiler heaters and therefore 
calculate the vapour velocity at approach to the test section, the voltage and current 
were measured using transformers which were calibrated against voltage and current 
meters. The total power supplied to all three boilers was then calculated using 
equation B.4 below, 
 
𝑄B =   𝛼i𝐼o,i  𝛽i𝑉o,i 
3
𝑖=1
 
 
B.4.2 Calibration of current transformers 
Three current transformers were used to measure the total current through each phase, 
i.e. red, yellow or blue and compared to a current meter. Readings were obtained for 4 
heaters in each boiler, switched on for each phase. Details of the test can be seen in 
Table B.3. The values were then used to produce constants 𝛼 in equation B.5 for each 
of the three phases by the least squares approach.  
 
𝐼i = 𝛼i𝐼o,i 
 
(B.5) 
(B.4) 
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where 
𝐼 - is the actual current of each phase of input power/ (amps) 
𝐼o,i - is the output of current transformers/ (volts) 
𝑖 - ith phase (i.e. red, yellow or blue) 
 
B.4.3 Calibration of voltage transformers 
The output of the voltage transformers were used to obtain voltage readings which 
were compared to against a separate voltmeter. The results can also be seen in Table 
B.4. The values were used to determine constants 𝛽 in equation B.6 for each of the 
three phases, again using the least squares method. 
 
𝑉i = 𝛽i𝑉o,i 
 
where 
𝑉 - is the actual voltage of each phase of the input power/ (volts) 
𝑉o,i - is the output of voltage transformers/ (volts) 
𝑖 - ith phase (i.e. red, yellow or blue) 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
(B.6) 
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Table B.1 Calibration of thermocouples in tube B, 𝑠 = 0.6 mm, 𝑡 = 0.3 mm 
𝑅PRT  
(eqn. B.1) 
         / (Ω) 
𝑇PRT  
/ (°C) 
𝑇 tc ,1−4 
/ (μV) 
𝑇 tc ,1−4, 
(eqn.5.4b) 
/ (°C) 
Relative 
error
*
 
/ (%) 
111.6003 29.08 1156 28.92 0.006 
115.8184 39.77 1559 38.84 0.023 
119.6138 49.41 1937 48.08 0.027 
123.4702 59.24 2331 57.63 0.027 
127.3024 69.05 2725 67.12 0.028 
131.2693 79.22 3140 77.07 0.027 
135.2302 89.42 3554 86.99 0.027 
139.1882 99.63 3949 96.44 0.032 
 
 
*
Relative error =   𝑇PRT − 𝑇 tc ,1−4 𝑇PRT  × 100 
 
 
Table B.2 Calibration test results for fictional dissipation.  
Steam condensing at atmospheric pressure on a plain tube (also see Fig. B.2) 
Coolant flow 
rate, 𝑉c  /  
(l/min) 
Thermopile 
reading, Δ𝐸fric  / 
(μV) 
10 3 
12 5 
14 6 
16 9 
18 10 
20 11 
22 14 
24 16 
26 18 
28 20 
29 22 
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Table B.3 Calibration of current transformers 
i
th
 
Phase  
No. of  
heaters 
𝐼i /  
(A) 
𝐼o  /  
(V) 
𝛼i / 
(A/V) 
Red  
 
 
1 20.60 0.0492   
2 41.20 0.1003 409.33 
3 62.10 0.1519 
 4 82.60 0.2021   
Yellow 
 
 
1 20.80 0.0508 
 2 41.70 0.1028 405.00 
3 62.50 0.1542 
 4 83.10 0.2055 
 
Blue 
 
 
1 20.70 0.0491   
2 41.70 0.0994 418.40 
3 62.60 0.1495 
 4 83.30 0.1994   
 
 
Table B.4 Calibration of voltage transformers 
i
th
 
Phase  
No. of  
heaters 
𝑉i /  
(V) 
𝑉o  /  
(V) 
𝛽i /  
(-) 
Red  
 
 
1 238 2.53   
2 236 2.53 93.08 
3 235 2.53 
 4 233 2.53 
 
Yellow 
 
 
1 238 2.50 
 2 237 2.49 95.17 
3 236 2.48 
 4 235 2.47 
 
Blue 
 
 
1 240 2.52 
 2 238 2.45 94.89 
3 236 2.51 
 4 235 2.52   
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Figure B.1 Isothermal temperature calibration bath  
 
Figure B.2 Temperature rise of the coolant due to frictional dissipation for steam 
condensing at atmospheric pressure on a plain tube 
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Appendix C: Raw Data of Simulated Condensation Experiment 
Table C.1 Data for water. Tubes set A: 𝑕 = 0.8 mm, 𝑡 = 0.5 mm and 𝑑 = 12.7 mm 
s/(mm) = 0.5 
 
s/(mm) = 0.75 
 
s/(mm) = 1.0 
 
s/(mm) = 1.25  
 
s/(mm) = 1.5  
U∞ 
/(m/s) 
fobs 
/(π)
fobs  
/(deg)  
U∞ 
/(m/s) 
fobs 
/(π) 
fobs  
/(deg)  
U∞ 
/(m/s) 
fobs 
/(π)
fobs  
/(deg)  
U∞ 
/(m/s) 
fobs  
/(π)
fobs  
/(deg)  
U∞ 
/(m/s) 
fobs  
/(π)
fobs  
/(deg)
5.5 0.000 0.00 
 
0.0 0.000 0.00 
 
0.0 0.000 0.00 
 
0.0 0.269 48.48 
 
0.0 0.374 67.30 
4.0 0.000 0.00 
 
3.0 0.000 0.00 
 
2.4 0.000 0.00 
 
4.8 0.301 54.16 
 
5.0 0.370 66.60 
9.0 0.140 25.24 
 
7.2 0.200 36.04 
 
5.4 0.210 37.80 
 
6.6 0.336 60.48 
 
10.5 0.390 70.20 
9.9 0.191 34.32 
 
7.8 0.219 39.38 
 
7.0 0.253 45.57 
 
7.2 0.346 62.28 
 
12.9 0.392 70.53 
11.1 0.210 37.80 
 
9.0 0.230 41.40 
 
8.6 0.315 56.63 
 
8.5 0.335 60.37 
 
13.0 0.415 74.70 
11.6 0.226 40.74 
 
9.6 0.267 48.06 
 
8.7 0.316 56.79 
 
9.4 0.336 60.39 
 
16.0 0.448 80.64 
12.5 0.250 44.95 
 
9.8 0.226 40.68 
 
9.4 0.315 56.63 
 
11.1 0.373 67.15 
 
17.3 0.455 81.90 
12.8 0.263 47.34 
 
10.3 0.246 44.28 
 
10.9 0.342 61.64 
 
12.0 0.380 68.36 
 
18.1 0.446 80.28 
14.4 0.278 50.03 
 
10.5 0.282 50.83 
 
11.2 0.360 64.76 
 
12.5 0.405 72.81 
 
19.9 0.433 77.94 
14.5 0.300 53.97 
 
10.6 0.277 49.86 
 
11.4 0.333 59.94 
 
14.6 0.432 77.67 
 
20.6 0.437 78.66 
17.1 0.331 59.66 
 
11.9 0.303 54.54 
 
12.5 0.377 67.84 
 
15.0 0.431 77.63 
 
22.0 0.456 82.08 
18.2 0.336 60.46 
 
12.0 0.268 48.19 
 
12.7 0.378 67.98 
 
15.4 0.430 77.38 
 
23.0 0.466 83.88 
22.0 0.387 69.65 
 
13.2 0.306 55.03 
 
14.4 0.366 65.79 
 
17.5 0.422 75.91 
 
24.0 0.446 80.28 
22.0 0.402 72.28 
 
14.2 0.325 58.50 
 
15.2 0.380 68.46 
 
17.8 0.436 78.46 
    
    
15.7 0.313 56.25 
 
20.1 0.392 70.53 
 
19.5 0.434 78.19 
    
    
16.0 0.329 59.18 
 
16.0 0.367 66.01 
 
21.8 0.429 77.24 
    
    
16.0 0.333 59.94 
 
17.8 0.383 68.85 
 
24.0 0.431 77.51 
    
    
17.5 0.369 66.42 
 
18.0 0.394 70.88 
 
24.0 0.457 82.33 
    
    
18.1 0.406 73.03 
 
21.5 0.411 74.04 
 
24.0 0.405 72.97 
    
    
18.4 0.335 60.30 
 
21.7 0.420 75.52 
 
24.0 0.465 83.77 
    
    
19.5 0.387 69.57 
            
    
21.0 0.369 66.42 
            
    
21.1 0.413 74.29 
            
    
21.5 0.411 74.04 
            
    
22.1 0.420 75.66 
            
    
24.0 0.392 70.52 
            
    
24.0 0.408 73.44 
            
    
24.0 0.417 75.01 
            
    
24.0 0.432 77.76 
            
234 
 
 
Table C.2 Data for ethylene glycol 
 Tubes set A: 𝑕 = 0.8 mm, 𝑡 = 0.5 mm and 𝑑 = 12.7 mm 
 
s/(mm) = 0.5 
 
s/(mm) = 0.75 
 
s/(mm) = 1.0 
 
s/(mm) = 1.25  
 
s/(mm) = 1.5  
U∞ 
/(m/s) 
fobs 
/(π)
fobs 
/(deg)  
U∞ 
/(m/s) 
fobs 
/(π)
fobs 
/(deg)  
U∞ 
/(m/s) 
fobs 
/(π)
fobs 
/(deg)  
U∞ 
/(m/s) 
fobs 
/(π)
fobs 
/(deg)  
U∞ 
/(m/s) 
fobs 
/(π)
fobs 
/(deg)
0.0 0.000 0.00 
 
0.0 0.273 49.17 
 
0.0 0.423 76.09 
 
0.0 0.502 90.43 
 
0.0 0.556 100.01 
2.0 0.000 0.00 
 
3.5 0.273 49.17 
 
5.0 0.423 76.09 
 
5.0 0.502 90.43 
 
6.0 0.550 99.00 
4.4 0.140 25.19 
 
6.0 0.273 49.17 
 
11.2 0.430 77.40 
 
9.0 0.518 93.18 
 
12.2 0.510 91.80 
5.0 0.198 35.55 
 
9.0 0.301 54.24 
 
16.0 0.440 79.20 
 
15.0 0.502 90.43 
 
18.0 0.468 84.26 
6.5 0.209 37.62 
 
9.0 0.313 56.25 
 
17.7 0.450 81.00 
 
17.0 0.500 90.00 
 
21.0 0.475 85.59 
6.5 0.220 39.52 
 
10.4 0.324 58.33 
 
18.5 0.450 81.00 
 
22.0 0.502 90.43 
 
22.0 0.468 84.26 
8.4 0.248 44.63 
 
11.4 0.324 58.33 
 
22.0 0.492 88.50 
        
8.6 0.264 47.57 
 
12.3 0.360 64.85 
            
10.1 0.284 51.10 
 
13.0 0.324 58.33 
            
11.0 0.292 52.57 
 
15.4 0.350 62.93 
            
12.7 0.307 55.35 
 
15.5 0.386 69.51 
            
12.9 0.329 59.23 
 
20.1 0.379 68.22 
            
15.1 0.345 62.18 
 
20.5 0.428 76.99 
            
15.9 0.354 63.78 
 
22.0 0.369 66.42 
            
18.1 0.377 67.78 
 
23.0 0.386 69.50 
            
19.5 0.387 69.58 
 
23.0 0.409 73.62 
            
22.0 0.387 69.58 
                
22.0 0.398 71.56 
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Table C.3 Data for R-113 
Tubes set A: 𝑕 = 0.8 mm, 𝑡 = 0.5 mm and 𝑑 = 12.7 mm 
 
s/(mm) = 0.5 
 
s/(mm) = 0.75 
 
s/(mm) = 1.0 
 
s/(mm) = 1.25  
 
s/(mm) = 1.5  
U∞ 
/(m/s) 
fobs 
/(π)
fobs 
/(deg)  
U∞ 
/(m/s) 
fobs 
/(π)
fobs 
/(deg)  
U∞ 
/(m/s) 
fobs 
/(π)
fobs 
/(deg)  
U∞ 
/(m/s) 
fobs 
/(π)
fobs 
/(deg)  
U∞ 
/(m/s) 
fobs 
/(π)
fobs 
/(deg)
0.0 0.595 107.03 
 
0.0 0.677 121.90 
 
0.0 0.724 130.27 
 
0.0 0.754 135.80 
 
0.0 0.776 139.63 
7.1 0.550 99.00 
 
5.0 0.677 121.90 
 
4.0 0.722 130.00 
 
5.0 0.754 135.80 
 
3.0 0.770 138.60 
8.8 0.551 99.18 
 
7.0 0.677 121.90 
 
7.0 0.723 130.14 
 
7.5 0.754 135.80 
 
10.0 0.770 138.60 
11.3 0.490 88.20 
 
12.0 0.677 121.90 
 
11.0 0.722 130.00 
 
11.0 0.750 135.00 
 
14.6 0.759 136.62 
17.2 0.480 86.40 
 
16.2 0.632 113.72 
 
13.9 0.676 121.70 
 
15.0 0.736 132.40 
 
17.0 0.701 126.18 
18.5 0.467 84.06 
 
16.9 0.646 116.28 
 
15.5 0.646 116.25 
 
16.6 0.711 128.00 
 
17.3 0.715 128.75 
18.9 0.440 79.20 
 
19.0 0.627 112.86 
 
18.9 0.661 119.00 
 
20.0 0.667 119.99 
 
20.0 0.615 110.70 
19.5 0.454 81.65 
 
20.4 0.628 112.97 
 
21.6 0.622 112.00 
 
24.0 0.583 104.99 
 
22.4 0.535 96.30 
20.5 0.442 79.52 
 
21.8 0.600 108.00 
         
22.9 0.569 102.38 
22.8 0.440 79.20 
 
23.1 0.564 101.52 
         
23.3 0.520 93.60 
    
24.0 0.527 94.82 
         
24.0 0.512 92.07 
    
24.0 0.534 96.10 
            
    
24.0 0.547 98.46 
            
    
24.0 0.553 99.47 
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Table C.4 Data for water 
Tubes set B: 𝑕 = 1.6 mm, 𝑡 = 0.5 mm and 𝑑 = 12.7 mm 
s/(mm) = 0.6 
 
s/(mm) = 1.0 
 
s/(mm) = 1.5 
U∞ 
/(m/s) 
fobs 
/(π)
fobs 
/(deg)  
U∞ 
/(m/s) 
fobs 
/(π)
fobs 
/(deg)  
U∞ 
/(m/s) 
fobs 
/(π)
fobs 
/(deg)
0.0 0.000 0.00 
 
0.0 0.164 29.60 
 
0.0 0.421 75.73 
5.6 0.000 0.00 
 
4.4 0.261 46.93 
 
5.0 0.422 76.00 
6.5 0.000 0.00 
 
4.5 0.258 46.44 
 
9.1 0.471 84.78 
7.6 0.092 16.51 
 
5.9 0.295 53.10 
 
12.4 0.484 87.03 
8.1 0.095 17.10 
 
6.5 0.319 57.42 
 
13.9 0.493 88.78 
9.0 0.184 33.20 
 
7.5 0.335 60.30 
 
17.0 0.489 87.98 
9.2 0.185 33.25 
 
7.7 0.322 58.03 
 
23.5 0.519 93.37 
9.9 0.192 34.56 
 
8.5 0.350 62.96 
 
24.0 0.514 92.57 
10.0 0.132 23.80 
 
9.0 0.364 65.50 
 
24.0 0.516 92.86 
10.0 0.205 36.86 
 
9.2 0.366 65.84 
 
24.0 0.496 89.28 
11.0 0.209 37.62 
 
9.5 0.392 70.52 
 
24.0 0.506 91.03 
11.1 0.243 43.70 
 
10.2 0.383 68.96 
 
24.0 0.492 88.56 
11.2 0.261 46.98 
 
10.6 0.403 72.54 
 
24.0 0.492 88.61 
12.0 0.244 43.92 
 
11.0 0.404 72.72 
 
24.0 0.502 90.34 
12.5 0.286 51.41 
 
11.5 0.402 72.40 
    
13.0 0.295 53.12 
 
11.5 0.404 72.70 
    
14.0 0.300 54.02 
 
13.1 0.415 74.74 
    
14.3 0.341 61.31 
 
14.0 0.444 79.83 
    
14.3 0.339 61.00 
 
14.5 0.431 77.58 
    
15.0 0.352 63.31 
 
14.8 0.454 81.72 
    
15.2 0.373 67.18 
 
15.9 0.469 84.38 
    
15.6 0.383 68.89 
 
16.2 0.459 82.62 
    
16.0 0.389 70.02 
 
17.9 0.461 82.98 
    
16.5 0.410 73.84 
 
18.6 0.471 84.78 
    
17.0 0.421 75.82 
 
19.4 0.469 84.42 
    
17.5 0.407 73.30 
 
21.0 0.437 78.66 
    
17.9 0.423 76.10 
 
22.3 0.478 85.99 
    
18.0 0.422 75.96 
 
24.0 0.471 84.78 
    
19.0 0.426 76.68 
 
24.0 0.496 89.26 
    
19.8 0.432 77.74 
 
24.0 0.500 90.04 
    
20.0 0.470 84.55 
 
24.0 0.507 91.26 
    
24.0 0.449 80.78 
 
24.0 0.503 90.54 
    
24.0 0.465 83.74 
        
24.0 0.467 84.10 
        
24.0 0.459 82.67 
        
24.0 0.446 80.28 
        
24.0 0.451 81.18 
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Table C.5 Data for ethylene glycol  
Tubes set B: 𝑕 = 1.6 mm, 𝑡 = 0.5 mm and 𝑑 = 12.7 mm 
s/(mm) = 0.6 
 
s/(mm) = 1.0 
 
s/(mm) = 1.5 
U∞ 
/(m/s) 
fobs 
/(π)
fobs  
/(deg)  
U∞ 
/(m/s) 
fobs 
/(π)
fobs  
/(deg)  
U∞ 
/(m/s) 
fobs 
/(π)
fobs  
/(deg)
0.0 0.171 30.76 
 
0.0 0.463 83.37 
 
0.0 0.582 104.76 
5.5 0.209 37.66 
 
4.0 0.461 83.00 
 
3.0 0.583 105.00 
6.9 0.259 46.57 
 
9.0 0.461 83.00 
 
6.5 0.556 99.99 
8.5 0.294 52.83 
 
13.5 0.461 83.00 
 
9.5 0.509 91.62 
8.9 0.276 49.73 
 
18.5 0.461 83.00 
 
12.5 0.510 91.78 
10.1 0.327 58.93 
 
21.9 0.461 82.98 
 
18.9 0.492 88.61 
10.2 0.310 55.76 
 
23.0 0.461 83.00 
 
23.0 0.510 91.73 
11.1 0.329 59.29 
 
24.0 0.456 82.00 
 
24.0 0.506 91.03 
11.3 0.347 62.46 
        
12.1 0.327 58.77 
        
12.5 0.341 61.43 
        
13.0 0.358 64.42 
        
13.7 0.346 62.26 
        
14.8 0.382 68.83 
        
15.0 0.389 70.02 
        
15.3 0.392 70.52 
        
16.7 0.405 72.88 
        
21.0 0.439 79.00 
        
24.0 0.500 90.02 
        
 
Table C.6 Data for R-113  
Tubes set B: 𝑕 = 1.6 mm, 𝑡 = 0.5 mm and 𝑑 = 12.7 mm 
s/(mm) = 0.6 
 
s/(mm) = 1.0 
 
s/(mm) = 1.5 
U∞ 
/(m/s) 
fobs 
/(π)
fobs  
/(deg)  
U∞ 
/(m/s) 
fobs 
/(π)
fobs 
 /(deg)  
U∞ 
/(m/s) 
fobs 
/(π)
fobs  
/(deg)
0.0 0.656 118.03 
 
0.0 0.739 133.00 
 
0.0 0.789 141.98 
3.5 0.656 118.00 
 
5.4 0.739 133.00 
 
5.0 0.783 141.00 
6.4 0.656 118.00 
 
8.9 0.704 126.72 
 
11.0 0.748 134.59 
10.7 0.637 114.66 
 
11.9 0.675 121.50 
 
15.8 0.746 134.30 
12.1 0.589 106.02 
 
13.8 0.684 123.05 
 
19.0 0.694 124.99 
12.4 0.598 107.57 
 
14.8 0.682 122.69 
 
24.0 0.616 110.88 
14.8 0.598 107.64 
 
15.2 0.666 119.88 
    15.2 0.617 111.01 
 
16.5 0.651 117.18 
    16.8 0.603 108.54 
 
17.7 0.639 114.93 
    17.1 0.571 102.83 
 
19.1 0.569 102.42 
    17.8 0.584 105.12 
 
20.8 0.534 96.12 
    19.1 0.561 100.98 
 
21.1 0.534 96.07 
    19.3 0.561 101.04 
 
22.2 0.539 97.02 
    20.9 0.541 97.38 
 
24.0 0.539 97.02 
    24.0 0.517 93.01 
 
24.0 0.534 96.10 
    24.0 0.521 93.73 
 
24.0 0.544 97.83 
    24.0 0.549 98.82 
 
24.0 0.537 96.66 
    
    
24.0 0.512 92.11 
    
    
24.0 0.543 97.76 
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Appendix D 
Raw Data of Condensation Experiment 
 
Table D.1 Data for steam, 𝑃∞  = 101 kPa. Tube A: 𝑑 = 12.7 mm  
𝑇∞  
/K 
𝑈∞  
/m/s 
𝑈c  
/m/s 
𝑇c,in  
/K 
𝑇c,dif  
/K 
𝑞 
/kW/m
2
 
𝑇w,1 
/K 
𝑇w,2 
/K 
𝑇w,3 
/K 
𝑇w,4 
/K 
𝑇wi  
/K 
∆𝑇 
/K 
𝑊  
/% 
             372.99 2.43 3.32 286.08 2.62 655.66 343.75 335.87 324.65 339.59 331.16 37.03 0.00 
372.97 2.43 3.78 286.05 2.35 669.05 341.51 333.34 321.84 337.16 328.58 39.51 0.00 
372.98 2.43 4.45 286.05 2.07 694.13 339.03 330.84 319.65 334.65 325.97 41.94 0.00 
372.98 2.43 5.11 286.03 1.90 730.06 337.23 328.67 317.45 332.74 323.68 43.96 0.00 
372.96 2.43 5.77 286.00 1.72 748.30 335.36 327.02 315.70 331.10 321.85 45.67 0.00 
372.99 2.43 6.44 286.00 1.59 773.07 333.90 325.53 314.56 329.88 320.31 47.02 0.00 
372.95 2.43 7.10 285.98 1.49 798.50 332.79 324.46 313.43 328.83 319.07 48.07 0.00 
372.97 2.43 7.76 285.95 1.42 828.33 331.78 323.40 312.19 327.80 317.75 49.18 0.00 
             
372.95 4.96 3.32 286.08 2.92 730.48 350.84 341.22 328.03 345.43 336.05 31.57 0.00 
372.96 4.96 3.78 286.05 2.67 761.49 349.02 339.05 325.99 343.55 333.84 33.56 0.00 
372.97 4.97 4.45 286.03 2.40 802.87 346.83 337.08 323.40 341.72 331.39 35.71 0.00 
372.97 4.97 5.11 286.00 2.17 835.82 345.10 334.94 321.47 340.02 329.27 37.59 0.00 
372.94 4.97 5.77 285.98 1.99 867.85 343.40 333.57 319.55 338.38 327.41 39.22 0.00 
372.98 4.96 6.44 285.98 1.84 894.26 342.11 331.92 318.30 337.08 325.81 40.63 0.00 
372.97 4.97 7.10 285.95 1.72 918.85 340.95 330.73 317.19 335.64 324.41 41.84 0.00 
372.98 4.97 7.76 285.93 1.67 974.58 340.42 330.13 316.46 335.05 323.38 42.47 0.00 
             
372.96 7.74 3.32 286.08 3.15 786.56 355.26 344.04 329.90 349.38 338.89 28.31 0.00 
372.99 7.76 3.78 286.03 2.87 818.38 353.79 342.07 327.58 347.53 336.73 30.25 0.00 
372.96 7.75 4.45 286.00 2.57 861.41 351.78 340.06 325.36 345.81 334.46 32.21 0.00 
372.94 7.75 5.11 285.98 2.37 912.74 350.20 338.56 323.60 344.49 332.56 33.73 0.00 
372.99 7.75 5.77 285.95 2.17 943.91 349.05 336.91 321.92 343.17 330.83 35.23 0.00 
372.97 7.75 6.44 285.93 2.04 991.25 347.71 335.60 320.79 342.04 329.28 36.44 0.00 
372.98 7.75 7.10 285.93 1.89 1012.45 346.66 334.92 319.73 341.10 328.18 37.38 0.00 
372.99 7.74 7.76 285.90 1.82 1062.32 345.83 333.66 318.93 340.16 326.85 38.34 0.00 
             
372.94 10.57 3.32 286.03 3.27 817.79 358.18 345.46 331.37 351.78 340.73 26.24 0.00 
372.97 10.58 3.78 286.00 2.95 839.72 356.52 343.29 328.47 350.16 338.46 28.36 0.00 
372.96 10.58 4.45 285.98 2.70 903.23 354.99 342.24 326.48 348.58 336.46 29.89 0.00 
372.95 10.58 5.11 285.95 2.44 941.59 353.47 340.37 324.55 347.19 334.52 31.56 0.00 
372.97 10.58 5.77 285.93 2.27 987.39 352.30 339.17 323.34 345.78 332.92 32.82 0.00 
372.98 10.58 6.44 285.90 2.14 1039.73 351.44 338.03 322.11 345.31 331.60 33.76 0.00 
372.98 10.58 7.10 285.88 2.04 1092.70 350.21 337.49 321.45 344.27 330.34 34.63 0.00 
372.97 10.57 7.76 285.88 1.91 1120.80 349.74 336.43 320.38 344.03 329.44 35.33 0.00 
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Table D.2 Data for steam, 𝑃∞  = 27. kPa. Tube A: 𝑑 = 12.7 mm 
𝑇∞  
/K 
𝑈∞  
/m/s 
𝑈c  
/m/s 
𝑇c,in  
/K 
𝑇c,dif  
/K 
𝑞 
/kW/m
2
 
𝑇w,1 
/K 
𝑇w,2 
/K 
𝑇w,3 
/K 
𝑇w,4 
/K 
𝑇wi  
/K 
∆𝑇 
/K 
𝑊  
/% 
 
                        
340.01 8.52 3.32 286.35 1.77 443.31 330.07 323.09 314.55 327.12 320.46 16.30 -0.11 
340.00 8.50 3.78 286.35 1.72 490.92 328.42 321.91 313.51 325.71 318.81 17.61 -0.11 
340.00 8.50 4.45 286.33 1.57 526.56 327.59 320.69 311.72 324.57 317.30 18.86 -0.11 
340.02 8.49 5.11 286.30 1.45 556.68 326.77 319.61 310.71 323.80 316.15 19.80 -0.11 
340.01 8.49 5.77 286.28 1.34 584.99 325.84 318.43 309.46 322.89 314.88 20.86 -0.12 
340.01 8.49 6.44 286.28 1.24 603.09 324.75 317.38 308.36 321.68 313.64 21.97 -0.12 
340.02 8.49 7.10 286.28 1.17 624.36 324.32 316.76 307.46 320.89 312.79 22.66 -0.12 
340.01 8.49 7.76 286.25 1.11 652.51 323.46 316.16 306.78 320.19 311.88 23.36 -0.12 
             
339.99 17.59 3.32 286.38 2.12 510.00 335.17 326.23 316.74 331.40 323.52 12.61 -0.17 
339.98 17.60 3.78 286.35 1.92 547.84 333.92 324.78 315.00 330.31 322.02 13.98 -0.17 
339.99 17.60 4.45 286.33 1.77 593.48 333.04 323.74 313.69 329.34 320.63 15.04 -0.17 
340.00 17.60 5.11 286.33 1.60 614.35 332.16 322.73 312.36 328.29 319.40 16.12 -0.17 
340.01 17.59 5.77 286.30 1.49 650.17 331.40 321.90 311.20 327.47 318.24 17.02 -0.16 
340.02 17.59 6.44 286.28 1.42 687.92 330.82 321.33 310.54 327.16 317.42 17.56 -0.15 
340.02 17.58 7.10 286.28 1.34 717.93 330.15 320.64 309.82 326.54 316.53 18.23 -0.15 
340.00 17.57 7.76 286.25 1.29 754.86 329.86 320.27 309.50 326.28 315.97 18.52 -0.15 
             
340.02 27.09 3.32 286.38 2.20 549.36 335.03 327.01 317.47 332.97 324.69 11.90 -0.13 
340.02 27.09 3.78 286.38 2.00 569.16 336.67 325.74 315.63 332.08 323.35 12.49 -0.13 
340.01 27.09 4.45 286.35 1.82 610.19 335.79 324.67 314.41 331.41 322.10 13.44 -0.13 
340.02 27.09 5.11 286.33 1.69 652.80 335.02 323.76 313.29 330.81 320.93 14.30 -0.13 
340.01 27.09 5.77 286.33 1.59 693.61 334.52 323.08 312.36 330.35 320.00 14.93 -0.12 
340.00 27.09 6.44 286.30 1.49 724.23 333.65 322.30 311.42 329.60 318.95 15.76 -0.14 
339.98 27.09 7.10 286.28 1.44 771.40 333.36 322.04 310.96 329.48 318.35 16.02 -0.14 
339.99 27.09 7.76 286.28 1.36 798.67 332.92 321.40 310.32 328.85 317.55 16.62 -0.14 
             
340.00 36.52 3.32 286.40 2.27 568.05 337.86 328.15 318.44 334.75 326.07 10.20 -0.19 
340.01 36.52 3.78 286.38 2.07 590.49 339.61 326.87 316.55 333.81 324.63 10.80 -0.19 
340.00 36.52 4.45 286.35 1.92 643.64 338.14 326.03 315.37 333.32 323.51 11.79 -0.19 
340.02 36.52 5.11 286.35 1.74 672.01 338.88 325.02 314.05 332.53 322.40 12.40 -0.19 
340.01 36.51 5.77 286.33 1.64 715.33 337.06 324.24 313.28 332.15 321.45 13.33 -0.19 
340.01 36.50 6.44 286.33 1.54 748.43 336.42 323.68 312.68 331.75 320.66 13.88 -0.19 
339.99 36.50 7.10 286.30 1.49 798.09 335.65 323.15 311.98 331.58 319.89 14.40 -0.22 
340.00 36.50 7.76 286.28 1.44 842.53 334.57 322.92 311.51 331.40 319.26 14.90 -0.21 
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Table D.3 Data for steam, 𝑃∞  = 21.7 kPa. Tube A: 𝑑 = 12.7 mm 
𝑇∞  
/K 
𝑈∞  
/m/s 
𝑈c  
/m/s 
𝑇c,in  
/K 
𝑇c,dif  
/K 
𝑞 
/kW/m
2
 
𝑇w,1 
/K 
𝑇w,2 
/K 
𝑇w,3 
/K 
𝑇w,4 
/K 
𝑇wi  
/K 
∆𝑇 
/K 
𝑊  
/% 
                          
335.47 10.37 3.32 286.45 1.75 437.00 326.99 320.61 312.86 324.19 317.97 14.31 0.13 
335.47 10.34 3.78 286.43 1.60 455.28 326.00 319.49 311.22 323.15 316.64 15.51 0.13 
335.48 10.34 4.45 286.43 1.42 476.28 325.02 318.44 309.96 321.93 315.35 16.64 0.12 
335.46 10.33 5.11 286.40 1.32 508.50 324.19 317.32 308.86 321.27 314.21 17.55 0.12 
335.47 10.33 5.77 286.38 1.22 530.57 323.40 316.51 307.92 320.49 313.21 18.39 0.12 
335.46 10.33 6.44 286.35 1.14 554.56 322.78 315.71 307.14 319.92 312.35 19.07 0.12 
335.48 10.34 7.10 286.35 1.07 570.80 322.00 314.92 306.30 319.25 311.44 19.86 0.11 
335.47 10.33 7.76 286.33 1.01 593.94 321.58 314.29 305.58 318.52 310.66 20.48 0.11 
335.46 10.34 3.32 286.40 1.80 420.00 327.96 321.33 313.22 325.30 318.67 13.51 0.17 
335.46 10.35 3.78 286.38 1.62 462.44 326.51 319.89 311.67 323.82 317.10 14.99 0.17 
335.47 10.35 4.45 286.35 1.45 484.71 325.58 318.58 310.20 322.55 315.69 16.24 0.18 
335.48 10.35 5.11 286.33 1.35 518.18 324.75 317.61 309.35 321.57 314.53 17.16 0.18 
335.47 10.34 5.77 286.33 1.24 541.47 323.60 316.72 308.01 320.84 313.34 18.18 0.18 
335.47 10.34 6.44 286.30 1.17 566.71 323.13 315.88 307.33 319.98 312.44 18.89 0.18 
335.47 10.34 7.10 286.28 1.12 597.60 322.71 315.28 306.56 319.32 311.61 19.50 0.18 
335.48 10.33 7.76 286.28 1.04 608.63 321.86 314.63 305.88 318.60 310.79 20.24 0.19 
             
335.48 21.31 3.32 286.45 1.92 472.00 331.82 323.24 314.50 328.07 320.88 11.07 0.14 
335.47 21.31 3.78 286.43 1.77 505.09 330.85 322.08 313.00 327.16 319.58 12.20 0.14 
335.46 21.32 4.45 286.40 1.62 543.23 330.17 321.39 311.83 326.59 318.53 12.97 0.14 
335.46 21.33 5.11 286.38 1.50 575.84 329.54 320.47 310.64 325.84 317.42 13.84 0.14 
335.47 21.33 5.77 286.38 1.39 606.64 328.85 319.78 309.87 325.30 316.52 14.52 0.14 
335.45 21.33 6.44 286.35 1.32 639.38 328.20 319.20 309.09 324.63 315.63 15.17 0.14 
335.47 21.33 7.10 286.33 1.27 677.77 327.99 318.53 308.46 324.39 314.89 15.63 0.14 
335.46 21.33 7.76 286.30 1.21 698.00 326.97 318.51 307.97 323.99 314.33 16.10 0.13 
335.45 21.36 3.32 286.38 1.87 475.00 331.08 322.52 313.61 327.45 320.26 11.79 0.10 
335.48 21.34 3.78 286.38 1.75 498.01 330.75 321.97 312.91 326.88 319.48 12.35 0.18 
335.47 21.34 4.45 286.35 1.62 543.27 330.13 321.12 311.71 326.35 318.36 13.14 0.18 
335.47 21.34 5.11 286.33 1.50 575.89 329.29 320.30 310.64 325.79 317.30 13.97 0.17 
335.48 21.33 5.77 286.33 1.39 606.68 328.75 319.59 309.67 325.06 316.32 14.71 0.17 
335.46 21.34 6.44 286.30 1.32 639.42 327.99 319.10 308.89 324.60 315.49 15.32 0.17 
335.47 21.34 7.10 286.28 1.27 677.83 327.78 318.41 308.41 324.25 314.76 15.76 0.10 
335.46 21.34 7.76 286.25 1.21 711.00 326.52 318.27 307.87 323.58 314.08 16.40 0.10 
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Table D.3 Continued 
𝑇∞  
/K 
𝑈∞  
/m/s 
𝑈c  
/m/s 
𝑇c,in  
/K 
𝑇c,dif  
/K 
𝑞 
/kW/m
2
 
𝑇w,1 
/K 
𝑇w,2 
/K 
𝑇w,3 
/K 
𝑇w,4 
/K 
𝑇wi  
/K 
∆𝑇 
/K 
𝑊  
/% 
                          
335.46 32.86 3.32 286.43 2.05 503.00 334.17 324.25 315.23 329.73 322.11 9.62 0.09 
335.47 32.85 3.78 286.43 1.82 540.00 333.29 322.98 313.76 328.83 320.91 10.76 0.09 
335.46 32.85 4.45 286.40 1.70 575.00 332.59 322.03 312.36 328.31 319.67 11.64 0.11 
335.46 32.84 5.11 286.38 1.57 615.00 332.06 321.15 311.28 327.66 318.63 12.42 0.11 
335.47 32.84 5.77 286.35 1.47 650.00 331.53 320.44 310.51 327.24 317.76 13.04 0.11 
335.48 32.84 6.44 286.35 1.37 675.00 331.27 319.89 309.73 326.93 317.09 13.53 0.11 
335.48 32.84 7.10 286.33 1.34 717.88 330.90 319.49 309.23 326.64 316.31 13.92 0.13 
335.47 32.84 7.76 286.33 1.26 740.14 330.50 319.20 308.81 326.20 315.77 14.29 0.13 
335.47 32.83 3.32 286.38 2.05 511.93 332.43 324.30 315.23 329.92 322.23 10.00 0.14 
335.46 32.84 3.78 286.38 1.85 526.47 333.38 323.12 313.89 329.25 321.07 10.55 0.15 
335.47 32.84 4.45 286.35 1.70 568.37 333.06 322.22 312.63 328.65 319.98 11.33 0.15 
335.46 32.84 5.11 286.33 1.60 614.35 332.35 321.40 311.62 328.00 318.86 12.12 0.15 
335.48 32.83 5.77 286.30 1.49 650.17 332.09 320.69 310.71 327.59 318.00 12.71 0.15 
335.46 32.84 6.44 286.30 1.39 675.78 331.35 320.20 309.99 327.00 317.20 13.33 0.15 
335.48 32.84 7.10 286.28 1.34 717.93 331.19 319.74 309.45 326.81 316.54 13.68 0.15 
335.46 32.84 7.76 286.28 1.29 754.83 328.94 319.23 309.01 326.66 315.92 14.50 0.16 
             
335.46 44.23 3.32 286.45 2.12 505.00 336.19 325.34 316.03 331.06 323.28 8.31 0.19 
335.47 44.22 3.78 286.43 1.90 540.66 335.99 323.87 314.41 330.41 322.03 9.30 0.18 
335.48 44.22 4.45 286.40 1.77 593.42 335.06 323.16 313.22 329.92 320.99 10.14 0.17 
335.47 44.22 5.11 286.38 1.64 633.53 334.22 322.28 312.14 329.36 319.87 10.97 0.17 
335.46 44.22 5.77 286.35 1.54 671.85 333.95 321.66 311.41 329.05 319.11 11.44 0.17 
335.45 44.23 6.44 286.33 1.47 712.09 333.60 321.14 310.62 328.81 318.35 11.91 0.17 
335.48 44.23 7.10 286.33 1.39 744.61 333.53 320.71 310.04 328.57 317.75 12.27 0.16 
335.47 44.23 7.76 286.30 1.34 765.00 332.99 320.33 309.58 328.36 317.09 12.66 0.16 
335.46 44.23 3.32 286.38 2.10 524.42 335.97 324.85 315.68 330.81 323.00 8.63 0.19 
335.46 44.22 3.78 286.38 1.90 560.00 335.31 323.85 314.36 330.27 322.00 9.51 0.21 
335.48 44.21 4.45 286.35 1.75 605.00 334.78 323.06 313.03 329.61 320.83 10.36 0.21 
335.48 44.22 5.11 286.33 1.64 633.58 334.24 322.20 312.12 329.45 319.86 10.98 0.21 
335.47 44.22 5.77 286.30 1.54 671.90 333.90 321.63 311.15 328.98 319.00 11.56 0.21 
335.48 44.24 6.44 286.30 1.44 700.01 333.48 321.03 310.44 328.57 318.25 12.10 0.22 
335.46 44.22 7.10 286.28 1.39 744.67 332.97 320.83 310.09 328.35 317.72 12.40 0.22 
335.46 44.23 7.76 286.25 1.34 784.09 331.65 320.31 309.54 328.34 317.09 13.00 0.22 
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Table D.4 Data for steam, 𝑃∞  = 17.2 kPa. Tube A: 𝑑 = 12.7 mm 
𝑇∞  
/K 
𝑈∞  
/m/s 
𝑈c  
/m/s 
𝑇c,in  
/K 
𝑇c,dif  
/K 
𝑞 
/kW/m
2
 
𝑇w,1 
/K 
𝑇w,2 
/K 
𝑇w,3 
/K 
𝑇w,4 
/K 
𝑇wi  
/K 
∆𝑇 
/K 
𝑊  
/% 
             
329.60 13.49 3.32 286.65 1.60 399.43 323.99 317.89 310.68 321.62 315.63 11.06 0.13 
329.61 13.45 3.78 286.63 1.50 426.68 323.76 317.35 309.70 321.01 314.83 11.66 0.13 
329.60 13.44 4.45 286.63 1.35 451.03 322.71 316.24 308.63 319.93 313.58 12.72 0.13 
329.60 13.43 5.11 286.60 1.24 479.51 321.94 315.34 307.58 319.28 312.54 13.57 0.13 
329.63 13.43 5.77 286.58 1.17 508.67 321.42 314.69 306.58 318.78 311.62 14.26 0.13 
329.62 13.43 6.44 286.55 1.09 530.15 320.69 313.88 305.81 318.01 310.71 15.02 0.14 
329.59 13.42 7.10 286.53 1.04 557.27 320.08 313.46 305.32 317.36 310.00 15.54 0.14 
329.58 13.42 7.76 286.53 0.99 579.14 319.50 312.94 304.96 316.96 309.39 15.99 0.14 
329.59 13.50 3.32 286.53 1.62 405.74 325.34 318.43 310.98 321.63 316.14 10.50 0.09 
329.63 13.47 3.78 286.50 1.50 426.76 324.93 317.42 309.80 321.04 315.15 11.33 0.09 
329.62 13.44 4.45 286.48 1.37 459.51 324.07 316.43 308.60 320.31 313.98 12.27 0.09 
329.61 13.44 5.11 286.48 1.25 479.60 323.10 315.54 307.46 319.23 312.82 13.28 0.08 
329.61 13.43 5.77 286.45 1.17 508.76 322.62 314.84 306.58 318.56 311.93 13.96 0.07 
329.60 13.42 6.44 286.43 1.09 530.24 321.92 314.20 305.79 317.89 311.08 14.65 0.07 
329.64 13.42 7.10 286.40 1.04 557.39 321.49 313.73 305.19 317.31 310.32 15.21 0.06 
329.62 13.43 7.76 286.40 0.96 564.64 320.92 313.13 304.57 316.71 309.69 15.79 0.06 
             
329.61 27.64 3.32 286.65 1.80 425.00 328.71 320.48 312.56 325.10 318.42 7.90 0.02 
329.62 27.70 3.78 286.63 1.65 460.00 328.17 319.59 311.15 324.77 317.59 8.70 0.02 
329.60 27.73 4.45 286.60 1.50 501.25 327.28 318.57 309.95 323.78 316.23 9.71 0.03 
329.59 27.71 5.11 286.58 1.39 537.21 326.54 317.76 308.84 323.00 315.12 10.56 0.03 
329.62 27.69 5.77 286.55 1.29 563.02 326.00 317.15 307.92 322.63 314.29 11.20 0.03 
329.64 27.68 6.44 286.53 1.24 602.86 325.85 316.63 307.40 322.11 313.55 11.64 0.04 
329.63 27.66 7.10 286.50 1.19 637.49 325.15 316.30 306.80 321.69 312.80 12.15 0.04 
329.61 27.65 7.76 286.50 1.14 666.88 324.86 315.94 306.41 321.55 312.31 12.42 0.04 
329.64 27.68 3.32 286.53 1.77 443.19 328.34 320.18 312.01 324.83 318.17 8.30 0.02 
329.59 27.65 3.78 286.50 1.65 469.46 327.62 319.47 310.98 324.29 317.31 9.00 0.02 
329.62 27.65 4.45 286.48 1.50 501.34 327.77 318.64 309.85 323.63 316.29 9.65 0.01 
329.62 27.65 5.11 286.45 1.40 537.31 327.16 317.96 308.92 323.17 315.36 10.32 0.01 
329.60 27.64 5.77 286.43 1.32 574.00 326.60 317.54 308.06 322.71 314.53 10.87 0.01 
329.62 27.64 6.44 286.43 1.24 602.95 326.35 316.87 307.52 322.26 313.83 11.37 0.02 
329.63 27.64 7.10 286.40 1.19 637.59 326.11 316.49 306.99 322.10 313.24 11.71 0.02 
329.61 27.64 7.76 286.40 1.11 652.36 325.58 316.06 306.51 321.52 312.64 12.19 0.02 
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Table D.4 Continued 
𝑇∞  
/K 
𝑈∞  
/m/s 
𝑈c  
/m/s 
𝑇c,in  
/K 
𝑇c,dif  
/K 
𝑞 
/kW/m
2
 
𝑇w,1 
/K 
𝑇w,2 
/K 
𝑇w,3 
/K 
𝑇w,4 
/K 
𝑇wi  
/K 
∆𝑇 
/K 
𝑊  
/% 
329.62 42.46 3.32 286.63 1.90 474.32 327.14 321.75 313.32 327.07 319.89 7.30 -0.02 
329.60 42.55 3.78 286.60 1.75 490.00 328.94 320.81 312.28 326.37 318.95 7.50 -0.02 
329.62 42.52 4.45 286.58 1.60 515.00 330.17 319.67 310.81 325.65 317.64 8.05 -0.02 
329.64 42.51 5.11 286.55 1.47 566.07 329.67 318.79 309.85 325.14 316.68 8.78 -0.03 
329.61 42.51 5.77 286.55 1.37 595.62 328.86 318.17 308.78 324.74 315.77 9.47 -0.03 
329.63 42.50 6.44 286.53 1.29 627.09 328.60 317.63 308.26 324.42 315.11 9.90 -0.03 
329.59 42.49 7.10 286.50 1.24 664.22 328.32 317.22 307.75 324.18 314.52 10.22 -0.04 
329.62 42.49 7.76 286.48 1.21 710.75 325.90 317.07 307.43 324.08 313.97 11.00 -0.04 
329.60 42.49 3.32 286.50 1.85 461.93 330.57 321.01 312.77 326.18 319.25 6.97 0.07 
329.60 42.48 3.78 286.50 1.67 503.00 329.97 320.14 311.53 325.61 318.33 7.79 0.07 
329.58 42.48 4.45 286.48 1.57 526.44 329.53 319.36 310.60 325.19 317.34 8.41 0.07 
329.59 42.48 5.11 286.45 1.44 556.54 329.65 318.57 309.39 324.75 316.35 9.00 0.08 
329.58 42.49 5.77 286.45 1.34 584.82 330.28 317.92 308.65 324.27 315.63 9.30 0.08 
329.61 42.48 6.44 286.43 1.29 627.18 328.47 317.48 308.02 324.08 314.92 10.10 0.08 
329.60 42.48 7.10 286.40 1.24 664.34 328.12 317.15 307.55 323.86 314.32 10.43 0.08 
329.62 42.48 7.76 286.38 1.19 696.26 327.71 316.73 307.13 323.79 313.73 10.78 0.08 
             
329.64 57.07 3.32 286.60 1.85 455.00 334.64 320.67 312.50 326.35 319.17 6.10 0.16 
329.63 57.05 3.78 286.60 1.67 490.00 333.37 319.90 311.33 325.92 318.38 7.00 0.16 
329.60 57.07 4.45 286.58 1.57 539.00 333.50 319.16 310.28 325.46 317.35 7.50 0.16 
329.64 57.08 5.11 286.55 1.44 620.00 329.35 318.84 309.24 324.94 316.48 9.05 0.17 
329.61 57.09 5.77 286.53 1.37 595.62 332.34 318.41 309.00 324.69 316.07 8.50 0.17 
329.62 57.12 6.44 286.50 1.32 655.00 330.44 318.13 308.25 324.46 315.47 9.30 0.17 
329.61 57.09 7.10 286.48 1.29 691.00 329.21 317.92 308.16 324.66 314.93 9.62 0.18 
329.62 57.14 7.76 286.45 1.24 725.39 329.31 317.44 307.46 324.43 314.34 9.96 0.18 
329.60 57.01 3.32 286.50 1.85 480.00 331.28 321.08 312.67 326.57 319.39 6.70 0.15 
329.60 57.04 3.78 286.50 1.67 476.57 334.02 320.19 311.24 325.75 318.41 6.80 0.15 
329.59 57.05 4.45 286.48 1.57 526.44 334.56 319.60 310.30 325.10 317.36 7.20 0.15 
329.63 57.06 5.11 286.45 1.44 556.54 333.13 318.86 309.61 324.92 316.60 8.00 0.15 
329.59 57.08 5.77 286.43 1.39 606.59 331.96 318.57 308.82 325.01 316.16 8.50 0.15 
329.60 57.11 6.44 286.40 1.32 639.32 330.89 318.21 308.38 324.12 315.42 9.20 0.16 
329.63 57.08 7.10 286.40 1.27 677.70 329.47 317.78 307.89 324.32 314.88 9.77 0.16 
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Table D.5 Data for steam, 𝑃∞  = 101 kPa.  
Tube B: 𝑠 = 0.6 mm, 𝑡 = 0.3 mm, 𝑕 = 1.6 mm and 𝑑 = 12.7 mm 
𝑇∞  
/K 
𝑈∞  
/m/s 
𝑈c  
/m/s 
𝑇c,in  
/K 
𝑇c,dif  
/K 
𝑞 
/kW/m
2
 
𝑇w,1 
/K 
𝑇w,2 
/K 
𝑇w,3 
/K 
𝑇w,4 
/K 
𝑇wi  
/K 
∆𝑇 
/K 
𝑊  
/% 
                          
372.99 2.44 3.32 285.95 3.54 882.92 347.35 352.43 344.92 351.26 344.61 24.00 0.00 
372.96 2.44 3.78 285.90 3.20 895.00 350.36 349.97 342.38 349.13 342.11 25.00 0.00 
372.97 2.44 4.45 285.88 2.90 970.21 348.39 347.95 340.26 347.28 339.74 27.00 0.00 
372.98 2.43 5.11 285.85 2.62 1009.00 350.18 345.78 338.01 345.32 337.42 28.16 0.00 
372.97 2.43 5.77 285.82 2.42 1052.70 348.59 344.06 336.42 343.87 335.52 29.74 0.00 
372.99 2.43 6.44 285.80 2.24 1088.33 347.35 342.59 334.94 342.45 333.84 31.16 0.00 
372.94 2.43 7.10 285.80 2.12 1132.91 345.96 341.31 333.78 341.58 332.39 32.28 0.00 
372.95 2.43 7.76 285.77 2.02 1179.44 344.95 340.19 332.79 340.62 331.02 33.31 0.00 
             
372.98 4.95 3.32 285.90 3.62 895.00 346.20 354.82 346.99 351.91 345.74 23.00 0.00 
372.95 4.96 3.78 285.90 3.27 932.23 351.48 350.11 344.39 349.82 342.72 24.00 0.00 
372.99 4.96 4.45 285.88 2.97 995.27 348.79 348.40 342.59 348.18 340.58 26.00 0.00 
372.97 4.97 5.11 285.85 2.69 1037.82 350.51 346.12 340.36 346.03 338.14 27.22 0.00 
372.98 4.96 5.77 285.82 2.52 1096.13 349.10 344.65 338.88 344.82 336.32 28.62 0.00 
372.99 4.97 6.44 285.82 2.34 1136.72 348.09 343.26 337.63 343.43 334.75 29.89 0.00 
372.96 4.97 7.10 285.80 2.22 1186.35 346.98 342.17 336.40 342.27 333.27 31.00 0.00 
372.97 4.97 7.76 285.77 2.11 1237.89 346.26 340.98 335.80 341.77 332.13 31.77 0.00 
             
372.96 7.72 3.32 285.90 3.64 911.39 352.04 352.54 347.12 352.14 345.33 22.00 0.00 
372.98 7.74 3.78 285.88 3.32 946.47 352.25 350.69 345.09 349.89 343.12 23.50 0.00 
372.94 7.74 4.45 285.88 3.02 1011.98 351.98 348.54 343.83 347.81 340.88 24.90 0.00 
372.99 7.74 5.11 285.85 2.74 1057.03 351.46 346.83 341.33 346.27 338.70 26.52 0.00 
372.99 7.75 5.77 285.82 2.57 1117.84 350.37 345.37 340.20 345.01 337.02 27.75 0.00 
372.97 7.74 6.44 285.80 2.39 1160.98 349.02 344.04 338.82 343.60 335.36 29.10 0.00 
372.98 7.74 7.10 285.77 2.29 1226.48 348.23 343.11 337.70 342.80 333.96 30.02 0.00 
372.97 7.74 7.76 285.77 2.16 1267.09 347.49 342.07 337.19 341.66 332.82 30.87 0.00 
             
372.98 10.55 3.32 285.90 3.72 930.07 354.37 353.44 345.94 351.37 345.39 21.70 0.00 
372.95 10.55 3.78 285.88 3.37 960.67 356.41 351.12 343.37 349.06 342.96 22.96 0.00 
372.99 10.54 4.45 285.88 3.07 1028.69 355.42 349.58 342.16 346.68 340.89 24.53 0.00 
372.97 10.53 5.11 285.85 2.79 1076.24 353.72 347.63 340.01 345.20 338.74 26.33 0.00 
372.98 10.51 5.77 285.80 2.62 1139.60 352.53 346.45 338.49 343.37 336.84 27.77 0.00 
372.99 10.52 6.44 285.80 2.44 1185.18 351.30 344.96 337.50 342.46 335.34 28.94 0.00 
372.96 10.53 7.10 285.77 2.32 1239.84 350.60 343.90 336.06 341.21 333.86 30.02 0.00 
372.97 10.51 7.76 285.75 2.19 1281.74 349.88 342.65 334.88 340.44 332.57 31.01 0.00 
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Table D.6 Data for steam, 𝑃∞  = 27. kPa.  
Tube B: 𝑠 = 0.6 mm, 𝑡 = 0.3 mm, 𝑕 = 1.6 mm and 𝑑 = 12.7 mm 
𝑇∞  
/K 
𝑈∞  
/m/s 
𝑈c  
/m/s 
𝑇c,in  
/K 
𝑇c,dif  
/K 
𝑞 
/kW/m
2
 
𝑇w,1 
/K 
𝑇w,2 
/K 
𝑇w,3 
/K 
𝑇w,4 
/K 
𝑇wi  
/K 
∆𝑇 
/K 
𝑊  
/% 
             
340.28 8.40 3.32 286.83 2.27 510.00 333.01 329.67 325.39 331.83 325.82 10.30 0.26 
340.29 8.40 3.78 286.80 2.07 570.00 331.73 328.05 323.94 330.46 324.21 11.74 0.26 
340.27 8.40 4.45 286.80 1.87 626.48 330.51 326.86 322.73 329.27 322.77 12.93 0.26 
340.29 8.40 5.11 286.78 1.72 661.96 329.48 325.62 321.41 328.33 321.35 14.08 0.24 
340.26 8.40 5.77 286.75 1.62 704.01 328.54 324.61 320.30 327.51 320.11 15.02 0.24 
346.26 8.40 6.44 286.75 1.49 723.74 351.73 323.62 319.19 326.65 319.02 15.96 0.25 
340.27 8.39 7.10 286.73 1.44 770.86 327.29 323.03 318.39 326.07 318.07 16.58 0.25 
340.25 8.39 7.77 286.73 1.34 783.51 326.36 322.22 317.68 325.27 317.18 17.37 0.25 
340.24 8.40 3.45 286.80 2.20 520.00 332.25 329.10 325.00 331.68 325.37 10.73 0.24 
340.24 8.39 4.12 286.78 1.99 600.00 330.00 327.81 323.65 330.70 323.86 12.20 0.24 
340.26 8.39 4.78 286.73 1.82 655.15 328.50 326.63 322.32 329.59 322.43 13.50 0.24 
340.27 8.39 5.44 286.73 1.67 684.30 329.25 325.43 321.14 328.61 321.11 14.16 0.24 
340.29 8.39 6.11 286.68 1.57 721.28 328.56 324.46 320.22 327.84 319.98 15.02 0.23 
340.28 8.39 6.77 286.65 1.49 760.79 325.81 323.65 319.38 327.08 318.93 16.30 0.23 
             
340.27 17.34 3.32 286.83 2.35 515.00 334.37 329.86 326.65 332.05 326.45 9.54 0.18 
340.25 17.34 3.78 286.83 2.14 585.00 333.17 328.38 324.80 330.72 324.82 10.98 0.18 
340.29 17.35 4.45 286.80 1.94 651.55 332.29 327.04 323.13 329.46 323.20 12.31 0.18 
340.29 17.34 5.11 286.78 1.82 700.38 331.49 326.04 322.17 328.58 321.93 13.22 0.19 
340.28 17.35 5.77 286.78 1.69 736.54 330.55 325.07 321.00 327.37 320.61 14.28 0.19 
340.26 17.35 6.44 286.75 1.59 772.17 329.77 324.24 320.05 326.32 319.47 15.17 0.19 
340.26 17.35 7.10 286.73 1.52 810.93 329.25 323.53 319.50 325.80 318.61 15.74 0.17 
340.24 17.34 7.77 286.73 1.44 841.94 328.46 322.96 319.01 325.26 317.81 16.32 0.17 
340.27 17.10 3.45 286.85 2.22 550.00 333.60 329.09 325.52 331.19 325.63 10.42 0.19 
340.28 17.10 4.12 286.85 2.02 626.21 332.67 327.63 323.77 330.02 323.94 11.76 0.19 
340.27 17.09 4.78 286.83 1.84 664.03 331.55 326.55 322.63 328.82 322.54 12.88 0.19 
340.27 17.09 5.44 286.83 1.69 694.41 332.92 325.33 321.32 327.51 321.14 13.50 0.19 
340.25 17.09 6.11 286.80 1.62 744.11 329.97 324.70 320.85 326.80 320.17 14.67 0.19 
346.26 17.09 6.77 286.80 1.52 792.00 353.56 323.72 319.69 325.87 319.07 15.55 0.18 
340.29 17.08 7.43 286.78 1.46 820.34 329.01 323.26 319.26 325.51 318.25 16.03 0.18 
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Table D.6 Continued 
𝑇∞  
/K 
𝑈∞  
/m/s 
𝑈c  
/m/s 
𝑇c,in  
/K 
𝑇c,dif  
/K 
𝑞 
/kW/m
2
 
𝑇w,1 
/K 
𝑇w,2 
/K 
𝑇w,3 
/K 
𝑇w,4 
/K 
𝑇wi  
/K 
∆𝑇 
/K 
𝑊  
/% 
                          
340.27 26.76 3.32 286.83 2.44 600.00 334.60 330.48 326.11 332.69 327.45 9.30 0.15 
340.25 26.74 3.78 286.83 2.22 632.71 337.43 328.73 324.17 331.07 325.79 9.90 0.15 
340.24 26.73 4.45 286.80 2.02 676.61 336.75 327.39 323.09 329.85 324.36 10.97 0.15 
340.29 26.72 5.11 286.78 1.89 735.00 336.87 326.34 321.70 328.80 323.08 11.86 0.15 
340.27 26.70 5.77 286.75 1.77 775.00 336.01 325.39 320.67 327.81 321.70 12.80 0.17 
340.29 26.69 6.44 286.75 1.67 820.00 336.24 324.63 319.83 326.86 320.76 13.40 0.14 
340.29 26.69 7.10 286.73 1.62 864.34 335.58 324.01 319.35 326.43 320.01 13.95 0.17 
340.24 26.67 7.77 286.73 1.51 885.75 335.30 323.59 318.78 325.64 319.39 14.41 0.13 
340.26 26.02 4.12 286.88 2.12 657.11 336.51 328.28 323.93 330.72 325.28 10.40 0.14 
340.24 26.02 4.78 286.85 1.97 708.90 336.66 327.23 322.63 329.52 323.86 11.23 0.14 
340.26 26.02 5.44 286.83 1.84 755.79 336.14 326.12 321.38 328.63 322.55 12.19 0.14 
340.28 26.02 6.11 286.83 1.72 789.98 335.68 325.14 320.68 327.68 321.51 12.99 0.13 
340.28 26.02 6.77 286.80 1.62 835.00 335.38 324.38 319.65 326.91 320.55 13.70 0.14 
340.27 26.02 7.43 286.80 1.54 862.25 335.44 323.58 319.24 326.24 319.83 14.15 0.14 
             
340.25 36.04 3.32 286.85 2.57 600.00 340.41 331.92 325.91 333.56 328.33 7.30 -0.11 
346.26 36.01 3.78 286.83 2.34 668.24 364.18 330.90 324.19 332.27 327.01 8.38 -0.11 
346.26 36.02 4.45 286.80 2.17 726.73 363.77 329.49 322.73 331.09 325.46 9.49 -0.11 
340.27 36.01 5.11 286.78 2.02 777.21 339.54 328.67 321.85 330.46 324.45 10.14 -0.11 
340.26 36.01 5.77 286.78 1.89 823.36 339.34 328.07 320.96 329.67 323.50 10.75 -0.12 
340.27 36.01 6.44 286.75 1.82 881.09 339.44 327.46 320.63 329.08 322.71 11.12 -0.12 
340.25 36.01 7.10 286.73 1.74 931.10 339.14 327.26 319.73 328.54 321.88 11.58 -0.12 
340.24 36.01 7.77 286.73 1.66 973.36 337.68 326.91 319.42 328.55 321.36 12.10 -0.12 
340.27 34.88 3.45 286.90 2.44 635.57 339.99 331.33 325.22 332.94 327.83 7.90 -0.11 
340.28 34.93 4.12 286.90 2.22 687.99 340.12 330.28 323.66 331.72 326.40 8.83 -0.11 
340.27 34.95 4.78 286.88 2.07 744.79 339.78 329.06 322.26 330.75 325.02 9.81 -0.14 
340.26 34.97 5.44 286.88 1.92 786.41 340.57 328.02 321.25 330.00 323.92 10.30 -0.14 
346.26 34.96 6.11 286.85 1.82 835.84 363.14 327.90 320.59 329.18 323.10 11.06 -0.14 
340.28 34.92 6.77 286.85 1.74 887.80 339.16 327.18 320.08 328.85 322.32 11.46 -0.15 
340.27 34.92 7.43 286.83 1.66 932.07 338.80 326.88 319.30 328.79 321.63 11.83 -0.15 
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Table D.7 Data for steam, 𝑃∞  = 21.7 kPa.  
Tube B: 𝑠 = 0.6 mm, 𝑡 = 0.3 mm, 𝑕 = 1.6 mm and 𝑑 = 12.7 mm 
𝑇∞  
/K 
𝑈∞  
/m/s 
𝑈c  
/m/s 
𝑇c,in  
/K 
𝑇c,dif  
/K 
𝑞 
/kW/m
2
 
𝑇w,1 
/K 
𝑇w,2 
/K 
𝑇w,3 
/K 
𝑇w,4 
/K 
𝑇wi  
/K 
∆𝑇 
/K 
𝑊  
/% 
             
335.84 10.20 3.32 287.03 2.15 536.35 322.32 327.04 323.36 329.04 323.45 10.40 -0.09 
335.83 10.20 3.78 287.00 1.92 547.29 326.55 325.38 321.39 327.60 321.81 10.60 -0.09 
335.82 10.20 4.45 286.98 1.79 601.24 325.53 324.45 320.48 326.82 320.57 11.50 -0.09 
335.81 10.20 5.11 286.95 1.64 632.97 325.50 323.27 319.44 325.83 319.26 12.30 -0.09 
335.85 10.20 5.77 286.95 1.52 660.37 326.16 322.37 318.37 324.98 318.13 12.88 -0.09 
335.83 10.14 6.44 286.93 1.42 687.23 325.37 321.37 317.41 324.13 317.06 13.76 -0.10 
335.84 10.20 7.10 286.90 1.37 730.59 324.87 320.85 316.79 323.66 316.20 14.30 -0.10 
335.82 10.20 7.77 286.90 1.29 754.09 324.19 320.22 316.04 323.06 315.38 14.94 -0.10 
335.81 10.21 3.32 286.95 2.10 523.95 329.63 326.46 322.96 328.76 323.15 8.86 -0.11 
335.82 10.21 3.78 286.93 1.92 547.35 324.89 325.28 321.41 327.70 321.77 11.00 -0.11 
335.81 10.21 4.45 286.90 1.74 584.59 327.56 324.12 320.27 326.69 320.41 11.15 -0.11 
335.83 10.21 5.11 286.88 1.62 623.44 326.68 323.07 319.22 325.80 319.14 12.14 -0.11 
335.84 10.20 5.77 286.88 1.49 649.59 325.96 322.24 318.09 325.02 318.08 13.01 -0.12 
335.85 10.20 6.44 286.85 1.39 675.19 325.98 321.33 317.45 324.24 317.11 13.60 -0.12 
335.83 10.20 7.10 286.83 1.34 717.31 324.69 320.75 316.97 323.78 316.31 14.28 -0.12 
335.84 10.20 7.77 286.80 1.26 739.61 324.21 320.00 316.23 323.25 315.52 14.92 -0.12 
             
335.84 20.59 3.32 287.03 2.19 535.00 328.24 326.98 323.48 329.06 323.76 8.90 0.14 
335.83 20.59 3.78 287.00 2.02 575.72 328.06 325.84 322.51 328.11 322.57 9.70 0.14 
335.84 20.59 4.45 286.98 1.84 617.95 328.44 324.79 321.28 327.25 321.29 10.40 0.14 
335.85 20.59 5.11 286.95 1.72 661.78 329.19 323.73 320.12 326.27 319.98 11.02 0.14 
335.82 20.59 5.77 286.95 1.59 692.94 328.34 322.71 318.98 325.11 318.73 12.04 0.13 
335.82 20.59 6.44 286.93 1.49 723.54 327.58 322.15 318.46 324.28 317.84 12.70 0.13 
335.83 20.59 7.10 286.90 1.44 770.64 327.19 321.40 317.66 323.53 316.82 13.39 0.13 
335.81 20.59 7.77 286.90 1.36 797.90 326.75 320.91 317.15 322.80 316.10 13.91 0.13 
335.80 20.59 3.32 286.93 2.17 542.66 327.14 326.97 323.52 329.17 323.80 9.10 0.11 
335.84 20.59 3.78 286.90 2.00 560.00 330.46 325.71 322.40 327.98 322.47 9.20 0.11 
335.85 20.59 4.45 286.88 1.84 618.04 328.35 324.69 321.30 327.06 321.16 10.50 0.11 
335.83 20.59 5.11 286.85 1.69 652.28 328.86 323.56 319.86 325.96 319.80 11.27 0.10 
335.81 20.59 5.77 286.85 1.57 682.19 328.98 322.56 318.82 324.88 318.61 12.00 0.10 
335.85 20.59 6.44 286.83 1.47 711.54 331.88 321.69 317.57 324.26 317.56 12.00 0.10 
335.84 20.59 7.10 286.80 1.42 757.42 329.63 321.23 317.23 323.27 316.64 13.00 0.10 
335.83 20.47 7.77 286.78 1.36 798.06 326.73 320.82 316.95 322.85 316.01 13.99 0.09 
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Table D.7 Continued 
𝑇∞  
/K 
𝑈∞  
/m/s 
𝑈c  
/m/s 
𝑇c,in  
/K 
𝑇c,dif  
/K 
𝑞 
/kW/m
2
 
𝑇w,1 
/K 
𝑇w,2 
/K 
𝑇w,3 
/K 
𝑇w,4 
/K 
𝑇wi  
/K 
∆𝑇 
/K 
𝑊  
/% 
             
335.80 31.30 3.32 287.03 2.29 573.73 329.58 328.18 323.73 330.11 325.30 7.90 0.05 
335.83 31.30 3.78 287.00 2.09 597.03 331.95 326.46 322.06 328.85 323.80 8.50 0.05 
335.82 31.30 4.45 286.98 1.94 651.37 331.82 325.59 320.90 327.77 322.51 9.30 0.05 
335.83 31.30 5.11 286.95 1.79 690.58 333.33 324.54 319.53 326.72 321.28 9.80 0.05 
335.84 31.30 5.77 286.93 1.67 725.52 334.13 323.47 318.18 325.57 320.03 10.50 0.06 
335.85 31.30 6.44 286.90 1.59 771.97 333.62 323.03 317.74 325.04 319.20 10.99 0.06 
335.80 31.30 7.10 286.88 1.54 824.09 333.11 322.48 317.09 324.52 318.43 11.50 0.06 
335.81 31.30 7.77 286.88 1.46 856.35 333.14 321.78 316.61 323.89 317.62 11.96 0.07 
335.83 31.29 3.32 286.90 2.25 535.00 335.11 327.24 322.92 329.25 324.56 7.20 0.08 
335.84 31.29 3.78 286.88 2.04 582.93 334.56 325.88 321.41 328.06 323.21 8.36 0.08 
335.83 31.29 4.45 286.88 1.87 626.40 334.53 324.71 320.30 326.98 321.91 9.20 0.08 
335.81 31.29 5.11 286.85 1.74 671.49 334.90 323.86 318.94 325.94 320.76 9.90 0.08 
335.80 31.29 5.77 286.83 1.64 714.77 335.13 322.95 318.02 325.10 319.68 10.50 0.08 
335.84 31.29 6.44 286.83 1.54 747.85 335.67 322.18 317.18 324.33 318.67 11.00 0.09 
335.85 31.29 7.10 286.80 1.49 797.49 334.19 321.83 316.69 323.89 317.92 11.70 0.09 
335.85 31.29 7.77 286.78 1.41 827.26 334.64 321.09 315.92 323.35 317.12 12.10 0.10 
             
335.84 41.75 3.32 287.00 2.34 586.21 335.11 328.80 322.81 329.84 325.19 6.70 0.11 
335.85 41.74 3.78 286.98 2.17 618.37 336.21 328.17 321.52 329.18 324.23 7.08 0.11 
335.80 41.74 4.45 286.95 2.02 676.45 335.81 327.27 320.47 328.45 323.09 7.80 0.11 
335.83 41.74 5.11 286.93 1.87 719.42 335.72 326.34 319.12 327.47 321.91 8.67 0.11 
335.80 41.74 5.77 286.90 1.79 779.81 334.22 326.39 318.76 327.43 321.40 9.10 0.12 
335.81 41.75 6.44 286.88 1.69 820.42 335.15 325.47 317.95 326.87 320.47 9.45 0.12 
335.82 41.74 7.10 286.88 1.61 864.14 335.18 325.19 316.89 326.62 319.72 9.85 0.12 
335.83 41.74 7.77 286.85 1.56 914.77 331.68 324.88 316.99 326.57 319.30 10.80 0.12 
335.83 41.73 3.32 286.93 2.29 573.81 336.33 328.81 322.40 329.55 325.08 6.56 0.13 
335.84 41.73 3.78 286.90 2.12 620.00 335.95 327.61 321.06 328.75 323.92 7.50 0.13 
335.80 41.73 4.45 286.88 1.97 680.00 335.55 326.87 319.92 327.93 322.78 8.23 0.13 
335.85 41.73 5.11 286.85 1.84 709.91 336.95 326.00 319.05 327.40 321.78 8.50 0.13 
335.85 41.73 5.77 286.85 1.72 747.30 336.79 325.44 318.49 326.68 321.00 9.00 0.13 
335.84 41.73 6.44 286.83 1.64 796.26 336.12 325.00 317.56 326.28 320.15 9.60 0.13 
335.81 41.73 7.10 286.80 1.59 850.90 335.06 324.68 317.09 325.99 319.51 10.11 0.14 
335.83 41.73 7.77 286.80 1.51 885.64 334.99 324.02 316.54 325.67 318.83 10.53 0.14 
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Table D.8 Data for steam, 𝑃∞  = 17.2 kPa.  
Tube B: 𝑠 = 0.6 mm, 𝑡 = 0.3 mm, 𝑕 = 1.6 mm and 𝑑 = 12.7 mm 
𝑇∞  
/K 
𝑈∞  
/m/s 
𝑈c  
/m/s 
𝑇c,in  
/K 
𝑇c,dif  
/K 
𝑞 
/kW/m
2
 
𝑇w,1 
/K 
𝑇w,2 
/K 
𝑇w,3 
/K 
𝑇w,4 
/K 
𝑇wi  
/K 
∆𝑇 
/K 
𝑊  
/% 
             
330.20 13.14 3.32 287.23 1.72 430.24 322.41 319.84 316.81 321.42 316.98 10.08 0.02 
330.19 13.14 3.78 287.20 1.57 447.63 321.62 318.84 315.86 320.49 315.94 10.99 0.02 
330.18 13.13 4.45 287.20 1.42 475.71 320.90 317.95 314.79 319.74 314.89 11.84 0.02 
330.20 13.14 5.11 287.18 1.32 507.89 320.25 317.10 313.67 319.09 313.82 12.67 0.03 
330.20 13.14 5.77 287.18 1.24 540.76 319.75 316.44 313.04 318.61 313.01 13.24 0.03 
330.21 13.13 6.44 287.18 1.17 565.94 319.26 315.85 312.36 318.16 312.27 13.80 0.03 
330.22 13.14 7.10 287.15 1.12 596.79 318.91 315.33 311.89 317.71 311.58 14.26 0.03 
330.19 13.14 7.77 287.15 1.06 622.39 318.41 314.73 311.34 317.21 310.89 14.77 0.03 
             
330.20 26.44 3.32 287.15 1.97 492.63 319.60 323.23 319.86 325.31 320.41 8.20 0.06 
330.19 26.44 3.78 287.13 1.79 511.65 321.57 321.92 318.72 324.15 319.11 8.60 0.07 
330.19 26.44 4.45 287.10 1.67 559.35 322.18 321.04 317.45 323.29 317.86 9.20 0.05 
330.20 26.44 5.11 287.08 1.54 594.42 322.61 320.01 316.83 322.55 316.88 9.70 0.06 
330.20 26.44 5.77 287.05 1.44 627.71 323.60 319.21 315.83 321.76 315.82 10.10 0.06 
330.21 26.44 6.44 287.05 1.34 650.78 324.29 318.36 315.15 320.96 314.93 10.52 0.06 
330.18 26.44 7.10 287.03 1.29 690.38 323.80 317.84 314.63 320.37 314.14 11.02 0.07 
330.22 26.44 7.77 287.00 1.24 724.78 323.51 317.22 314.10 319.87 313.36 11.55 0.07 
             
330.20 40.15 3.32 287.13 2.09 523.80 325.89 324.60 320.34 326.37 321.98 5.90 -0.03 
330.19 40.15 3.78 287.10 1.92 547.20 328.30 323.37 318.94 325.35 320.76 6.20 -0.03 
330.18 40.15 4.45 287.08 1.77 592.79 329.55 322.26 317.77 324.34 319.54 6.70 -0.03 
330.18 40.15 5.11 287.05 1.64 632.87 329.66 321.38 316.55 323.53 318.42 7.40 -0.02 
330.20 40.15 5.77 287.05 1.52 660.26 330.32 320.48 315.57 322.56 317.40 7.97 -0.02 
330.19 40.15 6.44 287.03 1.47 711.32 330.18 319.99 314.84 322.10 316.59 8.41 -0.02 
330.20 40.14 7.10 287.00 1.41 757.18 330.25 319.60 314.06 321.55 315.83 8.83 -0.02 
330.19 40.14 7.77 286.98 1.36 797.82 330.01 319.09 313.74 321.15 315.18 9.19 -0.02 
             
330.21 53.59 3.32 287.10 2.12 530.05 329.49 324.78 319.48 325.89 321.52 5.30 -0.04 
330.22 53.53 3.78 287.08 1.94 554.33 330.97 323.94 318.25 325.05 320.48 5.67 -0.04 
330.21 53.53 4.45 287.08 1.79 601.14 330.82 323.36 317.08 324.50 319.53 6.27 -0.04 
330.18 53.53 5.11 287.05 1.67 642.46 330.55 322.64 316.33 323.75 318.64 6.86 -0.03 
330.20 53.52 5.77 287.03 1.59 692.84 330.54 322.56 315.62 323.68 318.03 7.10 -0.03 
330.19 53.52 6.44 287.00 1.52 735.56 330.34 321.63 314.92 322.89 317.07 7.74 -0.03 
330.20 53.52 7.10 287.00 1.44 770.53 330.42 321.30 314.37 322.85 316.60 7.96 -0.03 
330.19 53.51 7.77 286.98 1.39 812.42 330.21 320.99 313.89 322.59 315.99 8.27 -0.03 
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Table D.9 Data for steam, 𝑃∞  = 101 kPa.  
Tube C: 𝑠 = 1.0 mm, 𝑡 = 0.5 mm, 𝑕 = 1.6 mm and 𝑑 = 12.7 mm 
𝑇∞  
/K 
𝑈∞  
/m/s 
𝑈c  
/m/s 
𝑇c,in  
/K 
𝑇c,dif  
/K 
𝑞 
/kW/m
2
 
𝑇w,1 
/K 
𝑇w,2 
/K 
𝑇w,3 
/K 
𝑇w,4 
/K 
𝑇wi  
/K 
∆𝑇 
/K 
𝑊  
/% 
             
373.01 2.45 3.32 285.85 3.69 923.92 362.29 390.08 292.73 353.74 343.30 23.30 0.00 
373.02 2.45 3.78 285.82 3.35 953.66 362.35 389.24 292.54 351.35 341.85 24.15 0.00 
373.00 2.45 4.45 285.82 3.00 1003.72 361.21 388.04 292.55 349.28 340.41 25.23 0.00 
373.01 2.45 5.11 285.80 2.74 1057.11 359.78 386.69 292.69 347.45 338.89 26.36 0.00 
373.02 2.44 5.77 285.77 2.54 1107.08 358.00 385.61 292.88 345.99 337.79 27.40 0.00 
373.02 2.44 6.44 285.77 2.37 1148.93 356.56 384.18 293.05 344.69 336.59 28.40 0.00 
373.01 2.44 7.10 285.75 2.24 1199.81 354.25 383.33 293.29 343.57 335.67 29.40 0.00 
373.00 2.44 7.76 285.72 2.17 1267.21 349.04 382.89 293.60 342.87 334.76 30.90 0.00 
             
373.00 4.96 3.32 285.85 3.74 936.38 364.52 391.47 292.90 353.18 343.64 22.48 0.00 
372.99 4.96 3.78 285.85 3.39 967.82 363.49 390.09 292.69 351.18 342.27 23.63 0.00 
373.01 4.96 4.45 285.82 3.09 1037.13 360.75 388.24 292.81 349.44 340.57 25.20 0.00 
373.02 4.96 5.11 285.80 2.84 1095.53 359.70 386.72 292.97 347.49 339.10 26.30 0.00 
373.02 4.96 5.77 285.77 2.64 1150.51 358.26 385.41 293.16 346.05 337.79 27.30 0.00 
373.00 4.96 6.44 285.77 2.47 1197.34 357.76 384.32 293.35 344.57 336.59 28.00 0.00 
372.99 4.96 7.10 285.75 2.37 1266.60 354.46 383.25 293.67 343.78 335.68 29.20 0.00 
373.01 4.96 7.76 285.75 2.24 1310.98 352.56 382.47 293.86 343.15 334.80 30.00 0.00 
             
373.02 7.57 3.32 285.85 3.74 936.38 365.41 390.41 292.82 353.11 343.55 22.58 0.00 
373.01 7.58 3.78 285.85 3.47 989.13 364.52 388.89 292.83 351.54 342.17 23.57 0.00 
372.99 7.58 4.45 285.82 3.17 1062.19 363.31 387.28 292.97 349.81 340.56 24.65 0.00 
373.00 7.58 5.11 285.80 2.92 1124.34 362.33 386.19 293.14 347.88 339.14 25.62 0.00 
373.02 7.58 5.77 285.80 2.69 1172.16 361.75 384.50 293.30 346.24 337.83 26.57 0.00 
372.99 7.58 6.44 285.77 2.52 1221.56 368.86 382.77 293.48 337.65 334.64 27.30 0.00 
373.00 7.58 7.10 285.77 2.39 1279.91 359.89 381.77 293.74 343.95 335.45 28.16 0.00 
373.01 7.58 7.76 285.75 2.29 1340.19 359.64 380.78 294.01 342.82 334.47 28.70 0.00 
             
373.01 10.16 3.32 285.88 3.84 961.24 367.12 389.86 293.08 354.66 344.11 21.83 0.00 
373.00 10.16 3.78 285.85 3.52 1003.33 366.00 388.57 292.91 352.57 342.65 22.99 0.00 
373.01 10.16 4.45 285.82 3.22 1078.89 365.19 387.24 293.06 350.62 341.10 23.98 0.00 
373.02 10.16 5.11 285.82 2.94 1133.90 364.29 385.71 293.20 349.01 339.71 24.97 0.00 
373.02 10.16 5.77 285.80 2.77 1204.72 363.61 384.53 293.47 347.35 338.38 25.78 0.00 
373.00 10.16 6.44 285.77 2.62 1269.98 362.87 383.22 293.77 346.54 337.28 26.40 0.00 
373.02 10.16 7.10 285.77 2.47 1319.98 362.39 382.74 293.98 345.48 336.44 26.87 0.00 
373.01 10.16 7.76 285.77 2.34 1369.35 361.89 381.66 294.22 344.11 335.41 27.54 0.00 
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Table D.10 Data for steam, 𝑃∞  = 27. kPa.  
Tube C: 𝑠 = 1.0 mm, 𝑡 = 0.5 mm, 𝑕 = 1.6 mm and 𝑑 = 12.7 mm 
𝑇∞  
/K 
𝑈∞  
/m/s 
𝑈c  
/m/s 
𝑇c,in  
/K 
𝑇c,dif  
/K 
𝑞 
/kW/m
2
 
𝑇w,1 
/K 
𝑇w,2 
/K 
𝑇w,3 
/K 
𝑇w,4 
/K 
𝑇wi  
/K 
∆𝑇 
/K 
𝑊  
/% 
             
340.53 8.31 3.32 287.55 2.29 573.26 337.30 348.90 292.57 330.49 323.12 13.22 0.21 
340.51 8.33 3.78 287.53 2.09 596.54 336.57 348.23 292.32 329.09 322.21 13.96 0.21 
340.50 8.32 4.45 287.53 1.92 642.47 335.84 347.83 292.29 328.06 321.33 14.50 0.21 
340.52 8.32 5.11 287.50 1.77 670.00 335.28 347.16 292.32 326.95 320.46 15.09 0.22 
340.52 8.32 5.78 287.48 1.67 690.00 335.20 346.89 292.48 326.15 319.88 15.34 0.23 
340.55 8.32 6.44 287.45 1.57 745.00 331.77 346.26 292.58 325.19 319.03 16.60 0.22 
340.54 8.32 7.10 287.45 1.49 770.00 330.00 345.95 292.70 324.71 318.56 17.20 0.23 
340.54 8.32 7.77 287.43 1.44 800.00 329.16 345.78 292.89 323.93 317.98 17.60 0.23 
340.49 8.32 3.45 287.55 2.19 570.20 331.59 356.24 292.31 329.82 324.52 13.00 0.17 
340.49 8.32 4.12 287.55 1.97 610.10 330.25 355.63 292.25 328.63 323.64 13.80 0.19 
340.48 8.33 4.78 287.53 1.82 625.00 329.78 355.02 292.33 327.59 322.76 14.30 0.19 
340.50 8.33 5.44 287.50 1.72 703.91 324.92 354.32 292.42 326.74 321.96 15.90 0.19 
340.53 8.33 6.11 287.48 1.59 731.85 324.36 353.53 292.46 325.77 321.13 16.50 0.18 
340.53 8.32 6.77 287.48 1.49 759.81 324.40 352.98 292.54 325.00 320.46 16.80 0.18 
340.52 8.32 6.77 287.45 1.44 734.40 328.66 351.94 292.33 323.95 320.03 16.30 0.18 
             
340.54 17.24 3.32 287.55 2.37 591.94 339.05 353.13 292.72 330.64 324.54 11.66 0.09 
340.49 17.24 3.78 287.55 2.14 610.72 338.98 352.80 292.47 329.31 323.71 12.10 0.09 
340.49 17.23 4.45 287.53 1.97 659.16 338.44 352.05 292.43 328.24 322.75 12.70 0.09 
340.52 17.22 5.11 287.50 1.84 690.00 337.19 351.76 292.54 327.44 322.05 13.29 0.09 
340.50 17.22 5.78 287.50 1.72 735.00 336.48 350.78 292.64 326.46 321.16 13.91 0.10 
340.52 17.21 6.44 287.48 1.62 765.00 336.11 349.89 292.76 325.56 320.36 14.44 0.10 
340.55 17.21 7.10 287.45 1.54 800.00 335.91 349.21 292.90 324.83 319.67 14.84 0.10 
340.54 17.21 7.77 287.43 1.49 850.00 334.08 348.62 293.09 324.37 319.04 15.50 0.10 
340.50 17.19 3.45 287.55 2.24 583.16 337.91 356.79 292.40 329.72 324.96 11.30 0.11 
340.53 17.19 4.12 287.55 2.04 633.26 336.60 356.23 292.42 328.47 324.04 12.10 0.11 
340.53 17.20 4.78 287.53 1.89 681.25 335.34 355.57 292.42 327.59 323.17 12.80 0.12 
340.51 17.21 5.44 287.50 1.77 690.00 336.02 354.82 292.50 326.70 322.36 13.00 0.12 
340.53 17.20 6.11 287.50 1.64 720.00 334.63 354.18 292.61 325.90 321.68 13.70 0.12 
340.52 17.20 6.77 287.48 1.56 765.00 334.08 353.43 292.76 325.01 320.88 14.20 0.13 
340.54 17.20 7.43 287.45 1.49 820.00 330.71 352.97 292.88 324.40 320.34 15.30 0.13 
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Table D.10 Continued 
𝑇∞  
/K 
𝑈∞  
/m/s 
𝑈c  
/m/s 
𝑇c,in  
/K 
𝑇c,dif  
/K 
𝑞 
/kW/m
2
 
𝑇w,1 
/K 
𝑇w,2 
/K 
𝑇w,3 
/K 
𝑇w,4 
/K 
𝑇wi  
/K 
∆𝑇 
/K 
𝑊  
/% 
             
340.49 26.50 3.32 287.58 2.42 604.37 341.77 356.95 292.92 331.52 325.97 9.70 0.26 
340.48 26.54 3.78 287.55 2.22 660.00 340.25 357.21 292.66 330.20 325.31 10.40 0.26 
340.50 26.53 4.45 287.53 2.07 700.00 340.08 356.74 292.73 328.85 324.29 10.90 0.25 
340.49 26.52 5.11 287.50 1.92 737.98 338.40 356.50 292.80 327.79 323.51 11.62 0.26 
340.50 26.52 5.78 287.48 1.79 779.10 338.03 356.21 292.89 326.82 322.81 12.01 0.23 
340.53 26.51 6.44 287.48 1.69 810.00 337.25 355.78 293.00 326.09 322.19 12.50 0.23 
340.52 26.50 7.10 287.45 1.61 840.00 336.37 355.74 293.19 325.58 321.74 12.80 0.23 
340.53 26.50 7.77 287.45 1.54 899.34 334.15 355.55 293.33 325.09 321.27 13.50 0.23 
340.52 26.49 3.45 287.55 2.29 630.00 339.81 358.42 292.52 330.13 325.66 10.30 0.19 
340.50 26.49 4.12 287.55 2.09 680.00 339.24 358.05 292.50 329.01 324.82 10.80 0.19 
340.52 26.49 4.78 287.53 1.94 710.00 338.80 357.59 292.59 327.90 324.00 11.30 0.19 
340.55 26.48 5.44 287.50 1.82 744.79 337.98 357.26 292.66 327.08 323.27 11.81 0.19 
340.54 26.47 6.11 287.48 1.72 789.18 337.83 356.67 292.79 326.25 322.60 12.16 0.18 
340.52 26.46 6.77 287.48 1.61 823.38 337.38 356.40 292.87 325.53 322.03 12.48 0.19 
340.55 26.46 7.43 287.45 1.54 861.37 335.16 356.04 293.02 325.18 321.61 13.20 0.19 
             
340.52 35.72 3.32 287.58 2.47 660.00 341.26 362.16 293.08 333.18 327.70 8.10 0.11 
340.54 35.72 3.32 287.58 2.47 630.00 341.74 362.16 293.08 333.18 327.70 8.00 0.11 
340.48 35.70 3.78 287.55 2.29 685.00 340.37 362.31 292.95 332.29 327.11 8.50 0.11 
340.49 35.69 4.45 287.55 2.12 709.20 339.71 362.36 292.97 331.50 326.48 8.85 0.11 
340.49 35.70 5.11 287.53 1.97 757.13 340.07 361.84 293.05 330.60 325.69 9.10 0.11 
340.54 35.70 5.78 287.50 1.87 800.00 338.22 361.72 293.21 330.21 325.16 9.70 0.12 
340.52 35.69 6.44 287.48 1.76 855.92 338.93 361.33 293.35 329.26 324.46 9.80 0.11 
340.55 35.68 7.10 287.48 1.66 890.00 337.07 361.01 293.43 328.69 323.95 10.50 0.09 
340.54 35.68 7.77 287.45 1.61 943.10 335.04 360.90 293.68 328.54 323.56 11.00 0.09 
340.52 35.67 3.45 287.55 2.37 615.52 342.55 363.41 292.75 332.57 327.65 7.70 0.14 
340.53 35.69 4.78 287.55 2.14 770.90 335.71 363.79 293.30 332.14 326.68 9.29 0.14 
340.53 35.67 5.44 287.53 2.02 826.48 335.02 363.70 293.37 331.23 325.96 9.70 0.12 
340.52 35.68 6.11 287.50 1.89 850.00 335.15 362.87 293.47 330.59 325.25 10.00 0.13 
340.52 35.67 6.77 287.48 1.69 861.52 337.17 362.03 293.25 328.83 324.35 10.20 0.13 
340.53 35.66 7.43 287.45 1.64 917.22 335.43 361.34 293.47 328.28 323.66 10.90 0.13 
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Table D.11 Data for steam, 𝑃∞  = 21.7 kPa.  
Tube C: 𝑠 = 1.0 mm, 𝑡 = 0.5 mm, 𝑕 = 1.6 mm and 𝑑 = 12.7 mm 
𝑇∞  
/K 
𝑈∞  
/m/s 
𝑈c  
/m/s 
𝑇c,in  
/K 
𝑇c,dif  
/K 
𝑞 
/kW/m
2
 
𝑇w,1 
/K 
𝑇w,2 
/K 
𝑇w,3 
/K 
𝑇w,4 
/K 
𝑇wi  
/K 
∆𝑇 
/K 
𝑊  
/% 
             
336.20 10.02 3.32 287.73 2.07 517.10 334.19 344.95 292.18 327.08 320.65 11.60 0.11 
336.20 10.04 3.78 287.70 1.89 539.59 334.66 344.45 291.97 325.72 319.76 12.00 0.11 
336.21 10.05 4.45 287.68 1.74 583.90 333.23 344.23 291.95 324.63 318.95 12.70 0.11 
336.22 10.04 5.11 287.65 1.59 613.09 331.38 343.80 291.96 323.62 318.19 13.53 0.11 
336.23 10.04 5.78 287.65 1.49 648.81 331.00 343.27 292.02 322.82 317.50 13.95 0.11 
336.22 10.03 6.44 287.63 1.42 686.48 327.58 343.08 292.17 322.05 316.92 15.00 0.11 
336.20 10.03 7.10 287.63 1.31 725.00 326.28 342.79 292.23 321.50 316.58 15.50 0.11 
336.18 10.02 7.77 287.60 1.29 753.27 323.62 342.79 292.45 321.06 316.02 16.20 0.12 
336.19 10.03 3.45 287.68 1.97 511.82 331.20 350.50 292.25 326.01 321.64 11.20 0.26 
336.20 10.04 4.12 287.65 1.82 563.66 328.86 349.93 292.25 324.96 320.67 12.20 0.26 
336.21 10.04 4.78 287.63 1.67 600.42 327.59 349.21 292.22 323.82 319.76 13.00 0.26 
336.22 10.04 5.44 287.60 1.57 642.48 326.22 348.52 292.31 323.03 318.98 13.70 0.26 
336.23 10.03 6.11 287.58 1.47 674.41 324.84 347.92 292.33 322.23 318.30 14.40 0.26 
336.24 10.03 6.77 287.58 1.36 696.12 324.72 347.48 292.40 321.56 317.75 14.70 0.25 
336.25 10.02 7.43 287.55 1.31 735.57 320.33 347.07 292.58 321.02 317.21 16.00 0.25 
             
336.19 20.65 3.32 287.73 2.17 542.00 335.41 349.00 292.43 327.77 322.20 10.04 0.39 
336.23 20.68 3.78 287.70 1.97 560.89 337.00 348.84 291.86 326.42 321.35 10.20 0.39 
336.18 20.71 4.45 287.68 1.82 608.94 334.89 348.37 292.14 325.32 320.52 11.00 0.39 
336.21 20.70 5.11 287.65 1.67 641.87 333.33 347.80 292.16 324.35 319.79 11.80 0.39 
336.22 20.69 5.78 287.63 1.59 692.22 332.18 347.54 292.33 323.63 319.12 12.30 0.39 
336.22 20.68 6.44 287.63 1.49 722.75 330.63 347.00 292.41 322.84 318.49 13.00 0.39 
336.25 20.68 7.10 287.60 1.41 780.00 328.59 346.72 292.57 322.32 317.97 13.70 0.37 
336.24 20.67 7.77 287.58 1.39 820.00 326.19 346.53 292.81 321.83 317.44 14.40 0.37 
336.23 20.66 3.45 287.65 2.07 537.75 334.32 352.46 292.34 326.37 322.41 9.86 0.34 
336.20 20.66 4.12 287.63 1.89 586.87 331.79 352.00 292.32 325.49 321.63 10.80 0.34 
336.18 20.67 4.78 287.60 1.77 630.00 329.87 351.68 292.41 324.76 320.95 11.50 0.34 
336.19 20.67 5.44 287.60 1.62 662.92 329.37 351.15 292.40 323.84 320.25 12.00 0.34 
336.20 20.67 6.11 287.58 1.54 708.81 327.53 350.72 292.57 323.18 319.63 12.70 0.34 
336.19 20.66 6.77 287.55 1.46 747.00 326.48 350.25 292.69 322.54 319.01 13.20 0.33 
336.21 20.66 7.43 287.55 1.39 810.00 324.37 349.74 292.83 321.90 318.47 14.00 0.33 
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Table D.11 Continued 
𝑇∞  
/K 
𝑈∞  
/m/s 
𝑈c  
/m/s 
𝑇c,in  
/K 
𝑇c,dif  
/K 
𝑞 
/kW/m
2
 
𝑇w,1 
/K 
𝑇w,2 
/K 
𝑇w,3 
/K 
𝑇w,4 
/K 
𝑇wi  
/K 
∆𝑇 
/K 
𝑊  
/% 
             
336.22 31.79 3.32 287.70 2.24 560.69 336.35 353.18 292.58 328.49 323.53 8.57 0.30 
336.20 31.80 3.78 287.68 2.04 582.21 335.81 352.98 292.40 327.47 322.90 9.04 0.30 
336.18 31.80 4.45 287.68 1.89 633.98 335.54 352.75 292.42 326.49 322.18 9.38 0.30 
336.18 31.80 5.11 287.65 1.77 675.00 333.88 352.52 292.47 325.45 321.43 10.10 0.29 
336.19 31.81 5.78 287.63 1.67 724.73 333.55 352.20 292.58 324.43 320.75 10.50 0.29 
336.19 31.81 6.44 287.63 1.56 759.02 331.38 351.92 292.68 323.98 320.28 11.20 0.29 
336.23 31.81 7.10 287.60 1.49 796.49 329.96 351.69 292.83 323.24 319.77 11.80 0.28 
336.24 31.81 7.77 287.58 1.44 840.83 327.42 351.92 293.01 323.01 319.46 12.40 0.28 
336.25 31.78 3.45 287.63 2.14 580.00 334.74 354.92 292.46 327.68 323.52 8.80 0.27 
336.21 31.79 4.12 287.63 1.94 602.31 335.11 354.65 292.48 326.59 322.79 9.00 0.27 
336.22 31.80 4.78 287.60 1.82 654.26 333.15 354.30 292.53 325.70 322.05 9.80 0.27 
336.23 31.80 5.44 287.58 1.72 703.84 331.72 354.11 292.64 324.85 321.43 10.40 0.27 
336.23 31.80 6.11 287.55 1.62 730.00 330.64 353.91 292.75 324.02 320.83 10.90 0.27 
336.20 31.80 6.77 287.55 1.54 775.00 328.57 353.57 292.89 323.37 320.27 11.60 0.27 
336.21 31.80 7.43 287.53 1.46 819.39 326.37 353.39 293.03 322.85 319.84 12.30 0.26 
             
336.22 42.79 3.32 287.70 2.22 570.00 338.31 357.09 292.63 328.85 324.37 7.00 0.14 
336.18 42.84 3.78 287.68 2.04 595.00 338.23 357.00 292.47 328.22 323.91 7.20 0.14 
336.18 42.79 4.45 287.65 1.89 633.99 336.82 357.01 292.45 327.24 323.20 7.80 0.14 
336.19 42.79 5.11 287.65 1.77 680.25 335.51 357.25 292.54 326.66 322.77 8.20 0.14 
336.20 42.79 5.78 287.63 1.67 724.73 334.25 356.79 292.65 326.00 322.12 8.78 0.15 
336.20 42.79 6.44 287.60 1.59 771.14 332.37 356.62 292.82 325.79 321.71 9.30 0.14 
336.19 42.79 7.10 287.58 1.51 809.86 330.19 356.66 292.95 325.36 321.34 9.90 0.13 
336.22 42.78 7.77 287.55 1.49 870.03 329.18 356.33 293.24 324.93 320.78 10.30 0.12 
336.20 42.79 3.45 287.63 2.12 550.72 339.92 358.18 292.48 328.22 324.39 6.50 0.17 
336.19 42.78 4.12 287.60 1.97 610.05 336.73 358.01 292.52 327.50 323.69 7.50 0.18 
336.18 42.78 4.78 287.58 1.84 663.27 336.17 357.86 292.60 326.89 323.10 7.80 0.16 
336.18 42.78 5.44 287.55 1.74 700.00 334.07 357.67 292.72 326.26 322.48 8.50 0.16 
336.19 42.78 6.11 287.53 1.64 754.73 331.46 357.76 292.84 325.90 322.14 9.20 0.16 
336.20 42.79 6.77 287.50 1.59 810.65 330.58 357.46 293.06 325.30 321.56 9.60 0.16 
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Table D.12 Data for steam, 𝑃∞  = 17.2 kPa.  
Tube C: 𝑠 = 1.0 mm, 𝑡 = 0.5 mm, 𝑕 = 1.6 mm and 𝑑 = 12.7 mm 
𝑇∞  
/K 
𝑈∞  
/m/s 
𝑈c  
/m/s 
𝑇c,in  
/K 
𝑇c,dif  
/K 
𝑞 
/kW/m
2
 
𝑇w,1 
/K 
𝑇w,2 
/K 
𝑇w,3 
/K 
𝑇w,4 
/K 
𝑇wi  
/K 
∆𝑇 
/K 
𝑊  
/% 
             
330.64 12.85 3.45 287.85 1.67 450.00 326.88 343.43 291.59 321.08 317.57 9.90 -0.07 
330.63 12.87 4.12 287.83 1.54 478.57 326.16 342.68 291.60 320.08 316.64 10.50 -0.08 
330.63 12.88 4.78 287.80 1.42 510.55 325.65 341.94 291.56 319.15 315.86 11.05 -0.07 
330.62 12.88 5.44 287.78 1.32 540.13 325.21 341.13 291.60 318.34 315.14 11.55 -0.07 
330.61 12.87 6.11 287.75 1.24 571.03 324.68 340.50 291.66 317.75 314.51 11.96 -0.07 
330.60 12.87 6.77 287.73 1.17 594.22 322.94 339.86 291.73 317.07 313.93 12.70 -0.06 
330.60 12.86 7.43 287.73 1.11 623.67 322.64 339.34 291.81 316.61 313.42 13.00 -0.06 
330.63 12.89 3.32 288.12 1.72 429.65 338.51 333.02 292.06 320.93 315.01 9.50 0.11 
330.59 12.90 3.78 288.10 1.57 465.00 332.48 336.20 291.80 319.88 315.16 10.50 0.11 
330.60 12.90 4.45 288.08 1.47 491.76 330.90 335.78 291.84 319.08 314.42 11.20 0.11 
330.62 12.89 5.11 288.08 1.32 525.00 331.26 335.26 291.77 318.19 313.80 11.50 0.11 
330.65 12.89 5.78 288.05 1.24 550.00 329.87 334.93 291.87 317.53 313.24 12.10 0.12 
330.62 12.88 6.44 288.03 1.19 577.29 329.72 334.67 291.99 316.90 312.72 12.30 0.12 
330.63 12.88 7.10 288.03 1.11 605.00 327.93 334.16 292.04 316.39 312.23 13.00 0.12 
330.64 12.88 7.77 288.00 1.09 636.17 327.13 333.89 292.22 316.12 311.83 13.30 0.13 
             
330.66 26.39 3.45 287.80 1.72 446.96 336.42 342.49 291.55 320.98 317.42 7.80 0.22 
330.65 26.39 4.12 287.80 1.57 486.31 335.17 342.12 291.59 320.12 316.81 8.40 0.23 
330.65 26.39 4.78 287.78 1.47 528.51 332.86 341.94 291.61 319.39 316.20 9.20 0.22 
330.64 26.39 5.44 287.75 1.37 560.60 331.14 341.36 291.65 318.81 315.60 9.90 0.22 
330.61 26.39 6.11 287.73 1.32 605.45 328.51 341.07 291.84 318.22 315.10 10.70 0.22 
330.62 26.40 6.77 287.73 1.21 619.67 328.41 340.54 291.84 317.69 314.62 11.00 0.24 
330.62 26.39 7.43 287.70 1.19 665.59 326.42 340.50 292.03 317.30 314.22 11.56 0.24 
330.65 26.35 3.32 288.10 1.82 460.00 336.83 339.51 292.24 321.62 317.05 8.10 0.19 
330.64 26.39 3.78 288.08 1.67 475.42 336.57 339.76 292.00 321.03 316.71 8.30 0.19 
330.64 26.40 4.45 288.05 1.54 510.00 335.35 339.43 292.05 320.13 316.02 8.90 0.18 
330.62 26.40 5.11 288.03 1.44 540.00 328.35 339.22 297.05 319.46 316.74 9.60 0.18 
330.62 26.52 5.78 288.00 1.32 570.00 333.53 338.44 292.04 318.07 314.56 10.10 0.17 
330.60 26.43 6.44 287.98 1.24 590.00 333.35 338.28 292.12 317.45 314.04 10.30 0.17 
330.63 26.42 7.10 287.95 1.19 636.06 330.62 338.11 292.25 317.14 313.72 11.10 0.17 
330.66 26.42 7.77 287.93 1.16 680.00 328.00 338.12 292.43 316.89 313.37 11.80 0.17 
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Table D.12 Continued 
𝑇∞  
/K 
𝑈∞  
/m/s 
𝑈c  
/m/s 
𝑇c,in  
/K 
𝑇c,dif  
/K 
𝑞 
/kW/m
2
 
𝑇w,1 
/K 
𝑇w,2 
/K 
𝑇w,3 
/K 
𝑇w,4 
/K 
𝑇wi  
/K 
∆𝑇 
/K 
𝑊  
/% 
             
330.65 40.50 3.45 287.80 1.77 459.91 336.01 345.08 291.67 322.64 318.66 6.80 0.23 
330.65 40.48 4.12 287.78 1.64 509.49 334.07 344.77 291.66 322.10 318.02 7.50 0.23 
330.62 40.47 4.78 287.75 1.52 546.48 332.70 344.84 291.71 321.23 317.49 8.00 0.23 
330.62 40.46 5.44 287.73 1.44 591.27 330.81 344.48 291.84 320.55 316.91 8.70 0.24 
330.61 40.47 6.11 287.70 1.37 628.40 328.26 344.41 291.96 320.21 316.53 9.40 0.24 
330.59 40.47 6.77 287.70 1.29 657.83 327.59 344.06 292.07 319.76 316.11 9.72 0.24 
330.63 40.46 7.43 287.68 1.24 693.55 327.20 343.67 292.21 319.44 315.70 10.00 0.24 
             
330.61 54.23 3.45 287.78 1.77 459.93 337.95 347.27 291.67 322.35 318.86 5.80 0.26 
330.60 54.24 4.12 287.75 1.62 501.80 335.78 347.32 291.67 321.63 318.36 6.50 0.25 
330.62 54.25 4.78 287.73 1.52 546.50 333.82 347.34 291.73 321.19 317.90 7.10 0.25 
330.63 54.28 5.44 287.73 1.42 581.06 332.55 347.26 291.81 320.50 317.44 7.60 0.26 
330.64 54.23 6.11 287.70 1.34 616.93 330.58 347.38 291.93 320.27 317.14 8.10 0.26 
330.65 54.29 6.77 287.68 1.29 657.87 329.54 347.23 292.07 319.76 316.78 8.50 0.26 
330.66 54.21 3.32 287.98 1.82 500.00 336.27 346.76 292.24 322.57 318.90 6.20 0.33 
330.65 54.22 3.78 287.95 1.67 475.50 337.97 346.87 292.00 321.76 318.43 6.00 0.33 
330.64 54.21 4.45 287.93 1.57 525.26 336.23 346.82 292.07 321.44 318.02 6.50 0.33 
330.63 54.16 5.11 287.90 1.47 564.90 332.77 346.96 292.15 321.04 317.55 7.40 0.32 
330.63 54.15 5.78 287.88 1.39 605.22 329.97 347.34 292.22 320.99 317.39 8.00 0.32 
330.62 54.21 6.44 287.85 1.32 637.88 330.17 346.96 292.34 320.21 316.91 8.20 0.32 
330.60 53.85 7.10 287.85 1.26 676.17 326.48 347.21 292.51 320.15 316.68 9.01 0.32 
330.59 54.23 7.77 287.83 1.21 709.27 326.51 346.69 292.61 320.01 316.32 9.13 0.32 
                          
 
 
 
 
 
 
 
 
 
 
 
 
 
 
257 
 
Table D.13 Data for ethylene glycol, 𝑃∞  = 11.23 kPa. Tube A: 𝑑 = 12.7 mm  
𝑇∞  
/K 
𝑈∞  
/m/s 
𝑈c  
/m/s 
𝑇c,in  
/K 
𝑇c,dif  
/K 
𝑞 
/kW/m
2
 
𝑇w,1 
/K 
𝑇w,2 
/K 
𝑇w,3 
/K 
𝑇w,4 
/K 
𝑇wi  
/K 
∆𝑇 
/K 
𝑊  
/% 
413.62 12.70 3.32 280.07 1.03 258.65 301.72 305.38 300.10 296.02 298.93 112.82 0.08 
413.61 12.70 3.78 280.07 0.85 244.24 299.69 303.37 298.17 294.06 297.06 114.79 0.09 
413.63 12.71 4.44 280.02 0.78 261.40 298.52 302.11 296.90 292.98 295.72 116.00 0.09 
413.62 12.71 5.11 279.99 0.68 261.08 297.27 300.77 295.81 291.81 294.52 117.21 0.09 
413.64 12.71 5.77 279.97 0.60 261.49 296.31 299.64 294.72 290.79 293.45 118.28 0.09 
413.62 12.72 6.43 279.92 0.57 278.64 295.40 298.67 293.97 290.21 292.54 119.06 0.08 
413.60 12.72 7.09 279.89 0.52 279.49 294.59 297.88 293.32 289.41 291.79 119.80 0.08 
413.60 12.72 7.76 279.87 0.49 289.86 294.17 297.37 292.86 289.14 291.30 120.22 0.08 
413.72 12.63 3.32 279.72 0.98 246.17 300.89 304.66 299.37 295.34 298.27 113.66 0.09 
413.70 12.63 3.78 279.67 0.88 251.61 299.24 303.24 298.01 293.08 296.58 115.31 0.09 
413.71 12.64 4.44 279.67 0.75 253.09 298.08 301.59 296.68 292.62 295.41 116.47 0.09 
413.72 12.65 5.11 279.64 0.65 251.50 296.85 300.38 295.36 291.39 294.17 117.73 0.10 
413.72 12.65 5.77 279.59 0.60 261.66 295.89 299.22 294.42 290.39 293.08 118.74 0.10 
413.69 12.65 6.43 279.57 0.55 266.54 294.82 298.31 293.55 289.72 292.20 119.59 0.10 
413.68 12.66 7.09 279.54 0.52 279.67 294.28 297.76 293.13 289.36 291.64 120.05 0.10 
413.70 12.66 7.76 279.51 0.49 290.04 293.48 297.12 292.53 288.69 290.95 120.75 0.10 
             414.85 25.01 3.32 279.99 1.31 328.12 307.17 313.06 304.94 299.72 303.83 108.63 0.02 
414.86 25.10 3.78 279.94 1.18 337.89 305.67 311.33 303.25 297.92 302.07 110.32 0.02 
414.86 25.17 4.44 279.92 1.03 346.10 304.02 309.54 301.67 296.36 300.37 111.96 0.01 
414.85 25.20 5.11 279.89 0.90 348.70 302.59 308.26 300.32 295.08 299.03 113.29 0.01 
414.84 25.22 5.77 279.84 0.83 360.51 301.04 306.43 299.03 293.70 297.44 114.79 0.01 
414.83 25.23 6.43 279.82 0.75 364.53 300.05 305.42 297.89 292.90 296.44 115.77 0.00 
414.85 25.24 7.09 279.79 0.70 374.24 299.25 304.47 297.22 292.23 295.57 116.56 0.00 
414.85 25.25 7.76 279.77 0.65 378.68 298.53 303.73 296.45 291.71 294.85 117.25 0.01 
414.94 24.74 3.32 279.67 1.28 322.00 306.31 311.88 304.22 298.98 303.00 109.59 0.01 
414.92 24.91 3.78 279.64 1.13 323.66 304.93 310.42 302.53 297.40 301.49 111.10 0.02 
414.91 25.01 4.44 279.54 1.06 354.80 303.46 309.17 301.24 295.96 299.91 112.45 0.02 
414.90 25.06 5.11 279.57 0.88 339.17 301.81 307.50 299.61 294.58 298.45 114.03 0.02 
414.93 25.09 5.77 279.54 0.80 349.71 300.63 306.08 298.72 293.40 297.18 115.22 0.02 
414.95 25.11 6.43 279.51 0.72 352.44 299.64 304.92 297.48 292.44 296.05 116.33 0.02 
414.90 25.12 7.09 279.49 0.67 360.91 298.80 304.13 296.80 291.79 295.30 117.02 0.03 
414.92 25.13 7.76 279.46 0.65 378.88 298.08 303.24 296.20 291.23 294.46 117.73 0.02 
             415.85 39.43 3.32 279.89 1.64 410.23 340.64 320.44 310.08 303.71 308.72 97.13 -0.09 
415.84 39.67 3.78 279.87 1.46 417.09 339.19 319.41 308.50 301.99 307.24 98.57 -0.08 
415.83 39.78 4.44 279.84 1.28 430.76 337.15 316.64 306.71 300.02 305.01 100.70 -0.08 
415.85 39.83 5.11 279.82 1.16 446.03 336.11 315.79 305.29 298.94 303.78 101.82 -0.08 
415.83 39.84 5.77 279.79 1.03 448.49 334.50 314.27 303.90 296.92 302.15 103.43 -0.08 
415.82 39.85 6.43 279.77 0.93 450.37 332.82 312.09 302.41 295.96 300.57 105.00 -0.08 
415.86 39.82 7.09 279.74 0.85 455.44 332.17 310.85 301.48 295.22 299.61 105.93 -0.09 
415.85 39.87 7.76 279.72 0.80 467.47 330.94 310.27 300.68 294.24 298.63 106.82 -0.09 
415.97 39.35 3.32 279.62 1.64 410.43 341.57 320.92 310.17 303.95 309.16 96.82 -0.07 
415.95 39.49 3.78 279.59 1.46 417.30 338.96 319.24 308.79 302.07 307.24 98.69 -0.07 
415.96 39.55 4.44 279.57 1.28 430.97 337.31 317.73 307.22 300.02 305.44 100.39 -0.07 
415.95 39.57 5.11 279.54 1.13 436.51 335.44 315.65 304.70 298.64 303.45 102.34 -0.07 
415.97 39.57 5.77 279.51 1.00 437.71 334.13 313.80 302.96 296.76 301.73 104.06 -0.07 
415.96 39.59 6.43 279.49 0.88 426.06 332.26 311.42 302.01 295.29 300.16 105.72 -0.06 
415.95 39.59 7.09 279.46 0.82 442.13 331.35 310.60 300.89 294.26 299.08 106.68 -0.06 
415.96 39.61 7.76 279.44 0.77 452.89 330.56 309.59 300.01 293.81 298.21 107.47 -0.05 
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Table D.14 Data for ethylene glycol, 𝑃∞  = 8.15 kPa. Tube A: 𝑑 = 12.7 mm  
𝑇∞  
/K 
𝑈∞  
/m/s 
𝑈c  
/m/s 
𝑇c,in  
/K 
𝑇c,dif  
/K 
𝑞 
/kW/m
2
 
𝑇w,1 
/K 
𝑇w,2 
/K 
𝑇w,3 
/K 
𝑇w,4 
/K 
𝑇wi  
/K 
∆𝑇 
/K 
𝑊  
/% 
             402.13 20.37 3.78 279.41 0.88 251.73 298.68 304.19 298.33 293.58 297.06 103.44 -0.03 
402.12 20.36 4.44 279.39 0.73 244.74 296.41 301.85 296.42 292.00 295.09 105.45 -0.04 
402.11 20.34 5.10 279.34 0.65 251.64 295.20 300.23 295.12 290.69 293.69 106.80 -0.04 
402.12 20.31 5.77 279.34 0.55 239.76 293.98 298.91 294.04 289.58 292.59 107.99 -0.04 
402.13 20.29 6.43 279.31 0.50 242.11 293.16 297.79 293.03 288.79 291.63 108.94 -0.04 
402.14 20.28 7.09 279.29 0.47 252.71 292.49 297.03 292.46 288.25 290.90 109.58 -0.04 
402.15 20.27 7.76 279.26 0.44 260.56 291.95 296.37 291.88 287.76 290.27 110.16 -0.04 
402.32 20.25 3.31 279.31 0.96 240.03 299.61 303.86 298.64 294.29 297.35 103.22 -0.12 
402.30 20.23 3.78 279.29 0.83 237.36 297.98 302.18 297.07 292.71 295.78 104.82 -0.13 
402.31 20.23 4.44 279.26 0.73 244.80 296.75 300.91 295.87 291.48 294.48 106.06 -0.14 
402.29 20.23 5.10 279.24 0.63 241.94 295.46 299.61 294.69 290.32 293.29 107.27 -0.14 
402.30 20.24 5.77 279.21 0.57 250.82 294.56 298.48 293.80 289.51 292.28 108.21 -0.14 
402.45 20.18 3.31 279.26 0.96 240.05 300.03 303.72 298.52 294.26 297.26 103.32 -0.04 
402.44 20.18 3.78 279.24 0.86 244.60 298.55 302.36 297.21 292.84 295.84 104.70 -0.05 
402.45 20.19 4.44 279.24 0.73 244.80 297.28 300.84 295.90 291.53 294.48 106.06 -0.06 
402.46 20.20 5.10 279.21 0.63 241.96 296.17 299.69 294.79 290.42 293.37 107.19 -0.06 
402.47 20.21 5.77 279.16 0.60 261.86 295.25 298.48 293.83 289.60 292.24 108.18 -0.06 
402.44 20.22 6.43 279.14 0.55 266.75 294.38 297.72 293.11 288.92 291.48 108.91 -0.06 
402.45 20.22 7.09 279.14 0.50 266.33 293.75 297.00 292.48 288.35 290.83 109.56 -0.06 
402.45 20.22 7.76 279.11 0.47 275.44 293.33 296.40 291.96 287.92 290.27 110.05 -0.06 
             403.42 39.62 3.31 279.39 1.21 303.20 304.54 310.66 303.34 297.94 301.91 99.30 -0.11 
403.41 39.85 3.78 279.36 1.08 309.41 303.28 309.27 302.02 296.59 300.55 100.62 -0.13 
403.41 39.98 4.44 279.34 0.96 321.03 301.69 307.62 300.43 294.79 298.81 102.28 -0.14 
403.43 40.06 5.10 279.31 0.83 319.85 300.38 306.46 299.01 293.46 297.50 103.60 -0.14 
403.40 40.13 5.77 279.29 0.78 338.85 299.20 305.41 298.02 292.62 296.37 104.59 -0.14 
403.41 40.19 6.43 279.26 0.70 340.34 298.12 304.39 297.19 291.58 295.36 105.59 -0.15 
403.42 40.22 7.09 279.24 0.65 347.52 297.43 303.29 296.46 290.82 294.48 106.42 -0.15 
403.40 40.24 7.76 279.24 0.60 349.42 296.74 302.67 295.68 290.23 293.81 107.07 -0.15 
403.10 40.67 3.32 279.59 1.21 303.09 304.93 311.51 303.70 298.06 302.35 98.55 -0.11 
403.09 40.70 3.78 279.57 1.08 309.30 303.84 309.44 302.33 296.68 300.84 100.02 -0.11 
403.08 40.74 4.44 279.54 0.98 329.39 302.31 309.26 301.33 295.45 299.71 100.99 -0.12 
403.09 40.77 5.11 279.49 0.88 339.22 300.90 307.67 299.85 293.94 298.13 102.50 -0.12 
403.07 40.77 5.77 279.46 0.75 327.75 299.40 305.50 298.31 292.44 296.56 104.16 -0.12 
403.11 40.75 6.43 279.44 0.67 327.95 297.91 303.81 296.70 291.22 295.02 105.70 -0.12 
403.12 40.74 7.09 279.41 0.62 333.89 296.96 302.76 295.87 290.47 294.07 106.61 -0.13 
403.10 40.74 7.76 279.41 0.57 334.51 296.47 302.17 295.55 289.93 293.60 107.07 -0.13 
                          
 
 
 
 
 
 
 
259 
 
Table D.14 Continued 
𝑇∞  
/K 
𝑈∞  
/m/s 
𝑈c  
/m/s 
𝑇c,in  
/K 
𝑇c,dif  
/K 
𝑞 
/kW/m
2
 
𝑇w,1 
/K 
𝑇w,2 
/K 
𝑇w,3 
/K 
𝑇w,4 
/K 
𝑇wi  
/K 
∆𝑇 
/K 
𝑊  
/% 
             404.86 58.21 3.32 279.36 1.76 451.00 316.36 326.03 314.32 305.18 312.24 89.39 -0.18 
404.89 58.32 3.78 279.34 1.56 460.00 313.90 324.57 312.32 303.87 310.38 91.23 -0.18 
404.86 58.37 4.44 279.31 1.38 469.00 312.41 323.27 310.73 301.14 308.50 92.97 -0.18 
404.87 58.42 5.11 279.29 1.26 485.38 311.12 321.41 308.95 299.86 306.79 94.54 -0.18 
404.85 58.44 5.77 279.26 1.10 485.00 309.63 321.32 307.22 298.66 305.71 95.64 -0.18 
404.84 58.45 6.43 279.21 1.05 512.15 306.81 318.91 306.33 297.23 303.61 97.52 -0.18 
404.85 58.46 7.09 279.19 0.95 510.04 306.59 315.98 304.84 296.03 302.16 98.99 -0.18 
404.86 58.46 7.76 279.19 0.87 512.31 305.49 317.91 303.40 295.10 301.75 99.39 -0.18 
404.55 58.71 3.32 279.54 1.74 448.00 320.85 326.93 314.45 305.05 312.09 87.73 -0.19 
404.56 58.77 3.78 279.51 1.61 460.54 314.67 327.16 312.86 303.38 311.15 90.04 -0.19 
404.57 58.90 4.44 279.49 1.46 475.00 313.85 326.28 312.35 302.36 310.11 90.86 -0.19 
404.54 58.93 5.11 279.46 1.28 492.00 312.26 325.17 310.30 300.21 308.39 92.56 -0.19 
404.55 58.99 5.77 279.44 1.13 492.75 310.41 321.98 308.19 298.67 306.22 94.74 -0.19 
404.56 58.99 6.43 279.41 1.05 511.97 308.74 321.21 307.28 297.73 305.00 95.82 -0.19 
404.58 58.99 7.09 279.39 0.98 518.00 308.17 319.84 306.24 296.60 303.87 96.87 -0.20 
404.59 59.02 7.76 279.36 0.90 526.95 306.46 318.23 304.88 295.37 302.36 98.36 -0.20 
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Table D.15 Data for ethylene glycol, 𝑃∞  = 5.6 kPa. Tube A: 𝑑 = 12.7 mm  
𝑇∞  
/K 
𝑈∞  
/m/s 
𝑈c  
/m/s 
𝑇c,in  
/K 
𝑇c,dif  
/K 
𝑞 
/kW/m
2
 
𝑇w,1 
/K 
𝑇w,2 
/K 
𝑇w,3 
/K 
𝑇w,4 
/K 
𝑇wi  
/K 
∆𝑇 
/K 
𝑊  
/% 
             392.96 31.24 3.31 278.35 0.91 227.77 299.84 301.44 296.18 292.33 295.19 95.51 -0.08 
392.93 30.44 3.78 278.33 0.78 223.32 295.83 299.81 294.64 290.77 293.64 97.67 -0.09 
392.93 30.43 4.44 278.30 0.68 228.23 294.50 298.36 293.35 289.54 292.28 98.99 -0.09 
392.92 30.42 5.10 278.28 0.60 232.61 293.41 297.34 292.36 288.57 291.24 100.00 -0.09 
392.94 30.41 5.77 278.25 0.55 240.22 292.51 296.34 291.45 287.71 290.25 100.94 -0.10 
392.94 30.41 6.43 278.23 0.50 242.58 291.85 295.39 290.77 286.99 289.48 101.69 -0.10 
392.95 30.40 7.09 278.20 0.47 253.21 291.33 294.87 290.22 286.50 288.87 102.22 -0.10 
392.94 30.40 7.76 278.18 0.44 261.08 290.85 294.29 289.74 286.14 288.35 102.69 -0.10 
393.55 29.61 3.31 278.68 0.91 227.63 297.76 301.56 296.65 292.73 295.52 96.38 0.21 
393.54 29.55 3.78 278.66 0.81 230.42 296.55 300.59 295.40 291.60 294.37 97.51 0.21 
393.55 29.52 4.44 278.63 0.70 236.59 295.31 299.22 294.24 290.24 293.03 98.80 0.21 
393.52 29.51 5.10 278.61 0.63 242.22 294.15 298.11 293.18 289.19 291.93 99.86 0.21 
393.53 29.52 5.77 278.58 0.55 240.09 293.26 297.13 292.25 288.31 291.01 100.79 0.21 
393.55 29.53 6.43 278.53 0.52 254.73 292.60 296.25 291.63 287.78 290.21 101.49 0.21 
393.56 29.54 7.09 278.50 0.50 266.64 292.08 295.61 291.02 287.20 289.53 102.08 0.20 
393.57 29.54 7.76 278.48 0.47 275.75 291.67 295.07 290.62 286.84 289.03 102.52 0.20 
             394.02 59.45 3.78 278.33 1.03 315.00 300.59 306.36 299.18 294.23 297.94 93.93 -0.14 
394.01 59.62 4.44 278.30 0.93 313.14 299.87 306.09 298.41 293.35 297.16 94.58 -0.15 
394.00 59.72 5.10 278.28 0.85 330.20 298.69 305.02 297.34 291.88 295.85 95.77 -0.16 
394.01 59.78 5.77 278.25 0.78 339.48 297.74 304.36 296.54 291.28 295.02 96.53 -0.17 
394.00 59.84 6.43 278.23 0.73 353.26 289.65 304.95 296.14 290.75 294.81 98.63 -0.17 
394.02 59.93 7.76 278.20 0.62 364.91 289.10 303.02 295.09 289.46 293.50 99.85 -0.17 
394.57 57.98 3.31 278.66 1.21 303.60 303.19 309.24 301.89 296.85 300.58 91.78 -0.18 
394.56 58.31 3.78 278.63 1.08 309.81 301.98 308.30 300.17 295.20 299.17 93.15 -0.18 
394.56 58.46 4.44 278.61 0.96 321.45 300.51 306.77 299.00 293.70 297.66 94.57 -0.18 
394.58 58.52 5.10 278.58 0.83 320.28 299.30 304.85 297.58 292.20 296.14 96.10 -0.18 
394.57 58.55 5.77 278.55 0.73 325.00 297.79 303.33 296.20 291.21 294.83 97.44 -0.18 
394.55 58.59 6.43 278.53 0.70 340.77 297.24 302.99 295.63 290.76 294.20 97.90 -0.18 
394.55 58.66 7.09 278.50 0.70 375.12 287.57 303.27 295.96 290.54 294.06 100.22 -0.18 
394.57 58.73 7.76 278.48 0.65 379.55 283.33 303.27 295.66 289.96 293.73 101.52 -0.18 
             397.00 80.52 3.31 278.35 1.92 480.92 318.00 330.40 315.28 305.70 313.83 79.66 -0.16 
397.01 80.54 3.78 278.33 1.69 483.15 315.89 328.17 313.51 303.38 311.70 81.77 -0.17 
397.02 80.74 4.44 278.30 1.51 505.00 313.60 327.58 311.47 301.66 309.85 83.44 -0.17 
397.01 80.92 5.10 278.28 1.36 515.00 312.41 325.45 309.78 299.78 308.01 85.16 -0.17 
397.00 80.97 5.77 278.25 1.21 526.86 310.49 323.06 307.12 298.13 305.86 87.30 -0.10 
397.02 80.93 6.43 278.23 1.13 540.00 308.76 321.65 306.89 296.98 304.55 88.45 -0.17 
397.01 80.98 7.09 278.23 1.03 545.00 308.48 320.77 305.63 295.70 303.62 89.37 -0.18 
397.03 81.03 7.76 278.20 0.98 572.52 295.42 319.15 304.41 295.09 302.32 93.51 -0.16 
397.52 79.06 3.31 278.63 1.82 460.00 330.46 326.77 313.95 305.20 312.25 78.43 0.41 
397.50 79.17 3.78 278.61 1.66 475.71 314.54 327.07 312.86 303.54 311.05 83.00 0.13 
397.51 79.21 4.44 278.58 1.46 491.08 314.10 325.77 310.84 301.42 309.46 84.48 0.12 
397.53 79.27 5.10 278.53 1.28 500.00 311.54 323.38 308.52 299.67 307.15 86.75 0.11 
397.54 79.30 5.77 278.50 1.16 515.00 308.72 320.16 306.90 297.71 304.68 89.17 0.11 
397.49 79.34 6.43 278.48 1.10 537.39 308.67 320.13 306.31 296.92 304.12 89.48 0.09 
397.48 79.38 7.09 278.45 1.00 537.81 307.28 319.17 305.28 295.90 303.03 90.57 0.09 
397.47 79.32 7.76 278.43 0.92 542.64 306.43 316.52 303.68 294.49 301.38 92.19 0.09 
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Table D.16 Data for ethylene glycol, 𝑃∞  = 11.23 kPa.  
Tube B: 𝑠 = 0.6 mm, 𝑡 = 0.3 mm, 𝑕 = 1.6 mm and 𝑑 = 12.7 mm 
𝑇∞  
/K 
𝑈∞  
/m/s 
𝑈c  
/m/s 
𝑇c,in  
/K 
𝑇c,dif  
/K 
𝑞 
/kW/m
2
 
𝑇w,1 
/K 
𝑇w,2 
/K 
𝑇w,3 
/K 
𝑇w,4 
/K 
𝑇wi  
/K 
∆𝑇 
/K 
𝑊  
/% 
416.80 11.11 3.32 279.74 2.09 536.00 329.38 312.81 322.76 335.71 319.53 91.64 0.21 
416.78 11.11 3.78 279.72 1.89 550.00 327.57 310.74 321.00 334.74 317.79 93.27 0.22 
416.79 11.10 4.44 279.69 1.71 574.69 325.95 308.92 319.27 333.09 315.82 94.98 0.22 
416.80 11.09 5.11 279.67 1.56 601.74 316.79 306.95 317.20 331.81 313.79 98.61 0.22 
416.81 11.11 5.77 279.64 1.41 613.48 315.12 304.98 315.71 329.99 311.96 100.36 0.22 
416.80 11.11 6.43 279.62 1.30 634.35 313.77 303.68 314.36 328.94 310.56 101.61 0.22 
416.79 11.11 7.09 279.59 1.23 658.41 312.39 302.50 313.04 327.89 309.16 102.84 0.22 
416.67 11.23 3.32 279.62 2.09 570.00 321.26 311.66 322.04 335.84 318.87 93.97 0.20 
416.66 11.23 3.78 279.59 1.86 565.00 319.13 309.38 319.92 334.07 316.75 96.04 0.20 
416.66 11.23 4.44 279.54 1.69 579.00 317.15 307.38 317.87 332.25 314.53 98.00 0.21 
416.65 11.23 5.11 279.54 1.51 590.00 315.20 305.40 315.81 330.82 312.57 99.84 0.21 
416.67 11.22 5.77 279.51 1.36 600.00 313.67 303.83 314.37 329.44 311.01 101.34 0.21 
416.68 11.22 6.43 279.49 1.28 622.25 312.31 302.76 312.66 327.96 309.37 102.76 0.21 
414.69 11.22 7.09 279.46 1.18 631.51 303.15 301.35 311.71 326.95 308.16 103.90 0.21 
414.68 11.21 7.76 279.44 1.12 660.00 302.21 300.56 310.85 325.36 306.92 104.94 0.22 
             417.90 21.87 3.32 279.72 2.59 685.00 341.22 317.42 330.51 349.24 326.93 83.30 0.13 
417.92 22.02 3.78 279.69 2.34 689.00 339.40 315.18 328.51 348.11 324.98 85.12 0.11 
417.91 22.11 4.44 279.67 2.11 730.00 325.94 313.04 326.72 346.43 322.82 89.88 0.11 
417.90 22.17 5.11 279.62 1.94 747.60 323.73 311.11 324.65 344.61 320.55 91.88 0.10 
417.89 22.21 5.77 279.62 1.76 767.30 322.05 309.35 322.84 343.13 318.74 93.55 0.10 
417.88 22.24 6.43 279.59 1.61 785.00 320.14 307.58 321.07 341.86 316.97 95.22 0.10 
417.90 22.26 7.09 279.57 1.53 820.63 319.19 306.61 319.96 340.81 315.65 96.26 0.10 
417.91 22.27 7.76 279.57 1.40 822.45 317.78 305.12 318.61 339.69 314.28 97.61 0.10 
417.36 22.21 3.32 280.62 2.49 700.00 327.67 317.38 331.53 347.90 326.55 86.24 0.09 
417.36 22.40 3.78 280.62 2.31 719.00 326.73 315.85 330.59 348.14 325.49 87.03 0.09 
417.37 22.55 4.44 280.60 2.11 720.00 325.07 313.79 328.55 347.24 323.46 88.71 0.09 
417.38 22.68 5.11 280.55 1.93 746.38 323.25 311.69 327.01 345.61 321.41 90.49 0.09 
417.35 22.72 5.77 280.52 1.76 766.08 321.34 309.71 325.06 344.01 319.44 92.32 0.09 
417.36 22.76 6.43 280.50 1.65 804.61 313.47 308.57 323.78 342.89 317.93 95.18 0.09 
417.36 22.79 7.10 280.47 1.53 819.32 312.04 307.22 322.33 342.08 316.57 96.44 0.09 
417.35 22.80 7.76 280.45 1.45 850.69 302.92 306.13 321.31 340.75 315.21 99.57 0.08 
             412.60 42.39 3.32 279.69 3.20 801.16 339.58 323.98 341.50 362.11 335.91 70.81 0.07 
412.61 42.54 3.78 279.67 2.94 841.36 337.64 322.06 338.88 360.21 333.51 72.91 0.07 
412.62 42.63 4.44 279.64 2.62 878.94 334.77 319.44 336.21 358.14 330.67 75.48 0.06 
412.60 42.67 5.11 279.62 2.36 912.70 332.58 316.58 333.88 356.18 328.11 77.80 0.06 
412.63 42.71 5.77 279.59 2.16 942.97 330.52 314.15 331.75 354.13 325.69 79.99 0.06 
412.64 42.72 6.43 279.57 2.01 977.30 328.71 312.35 329.61 352.91 323.70 81.75 0.05 
413.63 42.73 7.09 279.54 1.86 996.27 330.81 310.59 328.31 351.00 321.85 83.45 0.05 
413.60 42.72 7.76 279.54 1.75 1029.32 329.77 309.46 326.98 349.87 320.49 84.58 0.05 
411.95 43.51 3.32 280.60 3.24 812.48 338.10 324.89 344.06 363.71 336.72 69.26 0.04 
411.96 43.65 3.78 280.57 2.99 854.38 337.28 323.22 342.33 362.59 335.07 70.61 0.05 
411.95 42.57 4.44 280.55 2.61 877.58 331.23 319.46 338.94 360.04 331.63 74.53 0.04 
412.61 42.65 5.11 280.52 2.39 920.95 331.88 317.23 336.77 357.98 329.21 76.65 0.04 
412.61 42.71 5.77 280.47 2.16 941.52 329.76 315.05 335.04 356.12 327.09 78.62 0.04 
412.60 42.67 6.43 280.45 2.01 975.80 327.34 313.03 332.64 354.40 324.71 80.75 0.04 
412.60 42.70 7.10 280.42 1.88 1008.24 326.16 311.49 331.71 352.57 323.11 82.12 0.04 
412.61 42.74 7.76 280.40 1.75 1027.78 325.02 310.19 329.92 351.16 321.55 83.54 0.04 
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Table D.17 Data for ethylene glycol, 𝑃∞  = 8.15 kPa.  
Tube B: 𝑠 = 0.6 mm, 𝑡 = 0.3 mm, 𝑕 = 1.6 mm and 𝑑 = 12.7 mm 
𝑇∞  
/K 
𝑈∞  
/m/s 
𝑈c  
/m/s 
𝑇c,in  
/K 
𝑇c,dif  
/K 
𝑞 
/kW/m
2
 
𝑇w,1 
/K 
𝑇w,2 
/K 
𝑇w,3 
/K 
𝑇w,4 
/K 
𝑇wi  
/K 
∆𝑇 
/K 
𝑊  
/% 
             401.80 20.19 3.32 279.72 2.09 560.00 332.20 321.28 313.10 320.82 318.02 79.95 -0.11 
401.99 20.19 3.78 279.69 1.91 570.00 330.85 319.51 311.24 319.20 316.20 81.79 -0.11 
401.99 20.19 4.44 279.67 1.71 580.00 329.77 317.86 309.24 317.57 314.41 83.38 -0.11 
401.99 20.18 5.11 279.64 1.56 601.77 328.82 316.30 307.76 316.13 312.86 84.74 -0.11 
401.99 20.18 5.77 279.62 1.41 613.51 327.12 314.71 305.96 314.59 311.12 86.40 -0.10 
402.50 20.18 6.43 279.57 1.30 634.40 326.05 313.19 304.67 313.33 309.68 88.19 -0.11 
403.00 20.19 7.09 279.54 1.23 658.47 324.63 312.04 303.54 312.19 308.30 89.90 -0.11 
404.50 20.18 7.76 279.51 1.15 674.69 324.10 311.08 302.46 311.32 307.32 92.26 -0.11 
             402.90 39.21 3.32 279.67 2.57 665.00 345.36 328.81 317.80 327.70 325.20 72.98 -0.07 
403.00 39.24 3.78 279.67 2.32 685.00 344.28 327.05 315.51 326.06 323.38 74.78 -0.09 
403.10 39.25 4.44 279.62 2.11 710.04 343.19 325.30 313.74 324.57 321.50 76.40 -0.10 
403.10 39.26 5.11 279.59 1.89 728.19 341.00 322.87 311.69 322.44 319.17 78.60 -0.10 
403.10 39.27 5.77 279.54 1.73 756.40 339.63 321.20 309.81 320.52 317.26 80.31 -0.10 
403.10 39.27 6.43 279.51 1.61 775.00 338.44 319.73 308.32 319.32 315.74 81.65 -0.10 
403.80 39.27 7.09 279.49 1.50 798.00 336.87 318.22 307.25 318.09 314.21 83.69 -0.11 
405.00 39.27 7.76 279.46 1.43 815.00 335.94 317.28 306.26 316.96 312.99 85.89 -0.11 
             404.55 56.30 3.32 279.59 3.17 795.01 357.15 337.64 323.58 335.55 332.64 66.07 -0.16 
404.56 56.33 3.78 279.59 2.84 820.00 355.43 335.86 321.44 333.23 330.52 68.07 -0.17 
404.55 56.35 4.44 279.57 2.59 870.62 354.54 335.30 320.00 332.86 329.29 68.87 -0.17 
404.54 56.48 5.11 279.54 2.34 903.10 352.22 332.58 317.28 330.28 326.48 71.45 -0.18 
404.53 56.38 5.77 279.49 2.16 943.12 350.44 329.75 315.10 328.66 324.10 73.54 -0.18 
404.52 56.38 6.43 279.46 1.96 952.98 348.01 327.69 313.25 326.29 321.86 75.71 -0.18 
404.55 56.38 7.09 279.44 1.83 982.93 346.82 326.59 311.50 324.90 320.26 77.10 -0.18 
405.54 56.38 7.76 279.44 1.73 1014.72 349.41 325.43 310.19 323.42 318.70 78.43 -0.18 
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Table D.18 Data for ethylene glycol, 𝑃∞  = 5.6 kPa.  
Tube B: 𝑠 = 0.6 mm, 𝑡 = 0.3 mm, 𝑕 = 1.6 mm and 𝑑 = 12.7 mm 
𝑇∞  
/K 
𝑈∞  
/m/s 
𝑈c  
/m/s 
𝑇c,in  
/K 
𝑇c,dif  
/K 
𝑞 
/kW/m
2
 
𝑇w,1 
/K 
𝑇w,2 
/K 
𝑇w,3 
/K 
𝑇w,4 
/K 
𝑇wi  
/K 
∆𝑇 
/K 
𝑊  
/% 
393.55 29.33 3.32 281.48 1.83 465.00 318.20 309.85 319.88 332.22 316.68 73.51 -0.13 
393.54 29.37 3.78 281.46 1.63 480.00 316.33 307.98 318.12 330.83 314.92 75.23 -0.13 
393.53 29.40 4.44 281.41 1.46 488.66 314.44 305.99 316.39 329.19 312.95 77.03 -0.13 
393.52 29.42 5.11 281.38 1.33 512.72 312.89 304.54 314.93 328.01 311.38 78.43 -0.12 
393.57 29.43 5.77 281.36 1.23 534.96 311.74 303.08 313.49 326.88 309.87 79.77 -0.13 
393.55 29.44 6.43 281.36 1.10 534.68 310.56 302.05 312.27 325.76 308.76 80.89 -0.12 
393.55 29.45 7.10 281.36 1.07 570.00 300.00 301.15 311.56 325.15 307.72 84.09 -0.12 
393.56 29.45 7.76 281.33 1.00 580.00 295.10 300.38 310.79 324.18 306.80 85.95 -0.12 
392.00 30.39 3.32 281.15 1.78 455.00 321.17 308.81 318.89 331.70 315.87 71.86 -0.14 
392.00 30.27 3.78 281.13 1.56 483.00 314.97 306.39 316.52 329.52 313.60 75.15 -0.15 
392.01 30.35 4.44 281.10 1.38 490.00 312.94 304.73 314.63 327.44 311.54 77.08 -0.15 
392.05 30.32 5.11 281.05 1.25 500.00 311.64 303.14 313.03 325.95 309.86 78.61 -0.16 
392.04 30.30 5.77 281.03 1.15 515.00 310.23 301.78 311.59 324.67 308.36 79.97 -0.16 
392.01 30.29 6.43 281.00 1.05 525.00 308.96 300.74 310.51 323.70 307.24 81.03 -0.16 
392.03 30.28 7.10 280.98 1.00 535.43 308.41 299.93 309.68 322.91 306.30 81.80 -0.16 
392.00 30.26 7.76 280.98 0.92 540.21 303.31 299.14 308.90 322.09 305.42 83.64 -0.16 
             394.61 57.60 3.32 281.43 2.29 572.66 325.39 314.72 327.66 344.41 323.85 66.57 -0.02 
394.64 57.96 3.78 281.41 2.08 595.30 323.94 312.70 326.31 343.74 322.28 67.97 0.00 
394.63 58.19 4.44 281.38 1.88 632.03 322.06 310.72 324.42 342.25 320.22 69.77 0.00 
394.60 58.32 5.11 281.38 1.68 648.43 319.91 308.84 322.69 340.89 318.35 71.52 0.00 
394.61 58.42 5.77 281.36 1.55 677.38 318.53 307.21 320.86 339.17 316.49 73.17 0.00 
394.63 58.49 6.43 281.36 1.45 705.73 311.79 305.83 319.60 337.99 315.02 75.83 0.00 
394.59 58.55 7.10 281.31 1.38 737.30 300.67 304.87 318.55 337.15 313.83 79.28 -0.01 
394.60 58.59 7.76 281.28 1.30 761.06 297.55 303.81 317.95 336.31 312.75 80.70 -0.01 
394.00 57.71 3.32 281.13 2.16 541.51 347.10 312.78 325.30 341.48 321.70 62.34 -0.07 
394.02 57.97 3.78 281.10 1.98 566.92 341.74 310.98 323.69 340.58 320.08 64.77 -0.08 
394.04 58.16 4.44 281.05 1.78 598.64 327.88 308.92 322.12 339.35 318.15 69.47 -0.09 
394.00 58.28 5.11 281.03 1.61 619.72 326.37 307.29 320.53 338.02 316.52 70.95 -0.09 
394.01 58.36 5.77 280.98 1.50 655.90 325.09 305.82 319.38 336.99 315.02 72.19 -0.09 
394.03 58.42 6.43 280.98 1.38 669.52 323.71 304.26 317.68 335.73 313.43 73.69 -0.10 
394.02 58.45 7.10 280.95 1.30 697.29 322.92 303.50 316.95 335.30 312.56 74.35 -0.10 
394.00 58.46 7.76 280.93 1.22 717.28 313.82 302.82 316.08 334.20 311.49 77.27 -0.11 
             397.52 79.69 3.78 281.38 2.79 795.94 337.55 322.08 340.25 360.30 334.20 57.48 -0.07 
397.50 79.80 4.44 281.36 2.56 859.53 335.52 321.23 338.63 357.13 331.84 59.37 -0.08 
397.51 79.87 5.11 281.36 2.26 871.24 332.37 317.48 335.85 353.97 328.54 62.59 -0.08 
397.52 79.88 5.77 281.36 2.08 907.27 330.40 315.50 336.28 352.43 327.00 63.87 -0.08 
397.49 79.90 6.43 281.33 1.90 925.50 328.23 313.30 331.36 350.58 324.12 66.62 -0.08 
397.48 79.91 7.10 281.31 1.80 966.29 326.90 312.12 331.41 349.25 322.88 67.56 -0.09 
397.50 79.93 7.76 281.28 1.70 996.78 326.18 311.30 329.50 348.31 321.54 68.68 -0.09 
397.51 79.39 3.32 281.08 3.19 799.26 339.91 327.02 344.30 360.35 337.03 54.62 -0.16 
397.52 79.53 3.78 281.05 2.86 817.86 338.10 324.21 341.97 358.93 334.80 56.72 -0.16 
397.53 79.58 4.44 281.03 2.54 851.57 336.90 321.26 339.31 356.20 332.16 59.11 -0.17 
397.53 79.63 5.11 281.00 2.26 871.76 332.98 318.45 336.22 353.03 328.77 62.36 -0.17 
397.54 79.65 5.77 280.95 2.08 907.89 330.51 315.77 334.31 351.59 326.37 64.50 -0.17 
397.50 79.66 6.43 280.93 1.96 950.57 330.17 314.61 334.05 351.45 325.62 64.93 -0.10 
397.50 79.67 7.10 280.90 1.83 980.45 327.66 313.20 331.63 348.92 323.19 67.15 -0.17 
397.51 79.69 7.76 280.88 1.70 997.45 327.04 311.06 331.09 348.10 322.03 68.19 -0.18 
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Table D.19 Data for ethylene glycol, 𝑃∞  = 11.23 kPa.  
Tube C: 𝑠 = 1.0 mm, 𝑡 = 0.5 mm, 𝑕 = 1.6 mm and 𝑑 = 12.7 mm 
𝑇∞  
/K 
𝑈∞  
/m/s 
𝑈c  
/m/s 
𝑇c,in  
/K 
𝑇c,dif  
/K 
𝑞 
/kW/m
2
 
𝑇w,1 
/K 
𝑇w,2 
/K 
𝑇w,3 
/K 
𝑇w,4 
/K 
𝑇wi  
/K 
∆𝑇 
/K 
𝑊  
/% 
                          
413.00 12.36 3.32 283.97 2.38 595.29 328.02 336.21 299.26 328.11 311.36 90.10 0.13 
413.01 12.41 3.78 283.92 2.13 607.09 327.33 336.46 298.53 325.42 310.30 91.08 0.12 
413.03 12.44 4.44 283.89 1.85 620.98 326.84 336.99 297.96 322.90 309.42 91.86 0.12 
413.02 12.45 5.11 283.87 1.68 635.00 326.41 337.36 297.57 320.73 308.60 92.50 0.12 
413.00 12.45 5.77 283.82 1.55 645.00 326.06 337.44 297.30 318.87 307.81 93.08 0.12 
413.01 12.45 6.43 283.79 1.42 640.00 325.81 337.69 297.01 317.45 307.25 93.52 0.12 
413.00 12.44 7.10 283.77 1.35 645.00 325.68 338.14 296.92 316.54 306.87 93.68 0.12 
413.00 12.43 7.76 283.77 1.24 650.00 325.47 338.51 296.71 315.53 306.55 93.95 0.12 
413.11 12.11 3.32 284.92 2.00 550.00 351.27 351.50 289.67 324.12 321.77 83.97 0.28 
413.13 12.11 3.78 284.87 1.75 550.00 349.06 350.81 289.19 321.59 320.28 85.47 0.28 
413.13 12.11 4.45 284.85 1.57 560.00 347.07 350.32 289.04 319.66 318.93 86.61 0.28 
413.14 12.11 5.11 284.80 1.42 570.00 345.48 349.44 288.99 318.04 317.74 87.65 0.28 
413.12 12.11 5.77 284.77 1.30 575.00 343.85 348.52 288.95 316.31 316.56 88.71 0.28 
413.15 12.12 6.44 284.77 1.17 585.00 342.44 348.15 288.90 314.89 315.69 89.56 0.28 
413.16 12.12 7.10 284.72 1.12 599.09 341.53 347.90 289.01 313.91 314.95 90.07 0.28 
413.15 12.12 7.76 284.72 1.04 610.14 340.73 347.12 289.02 313.09 314.28 90.66 0.28 
             413.83 25.38 3.32 284.57 2.48 625.00 359.02 368.68 290.23 332.16 329.98 76.31 0.06 
413.82 25.49 3.78 284.55 2.28 649.26 357.74 367.39 289.99 330.17 328.57 77.50 0.05 
413.83 25.56 4.45 284.52 2.00 670.66 355.18 365.60 289.77 327.58 326.62 79.30 0.04 
413.81 25.60 5.11 284.47 1.80 693.31 352.86 364.03 289.66 325.21 324.88 80.87 0.04 
413.80 25.63 5.77 284.45 1.62 700.00 351.28 362.87 289.58 323.44 323.65 82.01 0.04 
413.82 25.65 6.44 284.42 1.50 715.00 349.69 362.28 289.64 321.70 322.52 82.99 0.04 
413.83 25.67 7.10 284.40 1.42 750.00 339.81 362.00 289.79 320.60 321.65 85.78 0.03 
413.24 25.68 7.76 284.37 1.34 770.00 332.33 362.19 289.88 319.43 320.96 87.28 0.03 
413.24 25.42 3.32 284.85 2.45 645.00 356.09 359.66 290.39 331.57 327.53 78.81 0.12 
413.27 25.53 3.78 284.82 2.18 655.00 354.26 358.93 289.98 329.49 326.18 80.11 0.10 
413.25 25.59 4.45 284.77 1.95 670.00 351.68 358.41 289.85 326.89 324.50 81.54 0.09 
413.26 25.62 5.11 284.75 1.75 685.00 349.86 357.74 289.76 324.67 323.15 82.75 0.08 
413.27 25.65 5.77 284.70 1.60 695.40 348.28 358.00 289.75 322.92 322.21 83.53 0.08 
413.26 25.66 6.44 284.67 1.47 713.98 346.92 357.86 289.77 321.35 321.32 84.29 0.08 
413.24 25.67 7.10 284.65 1.37 733.20 345.35 357.58 289.85 320.07 320.44 85.03 0.07 
413.25 25.68 7.76 284.60 1.29 756.85 339.66 357.08 289.90 319.07 319.64 86.82 0.07 
             414.72 38.06 3.32 282.86 2.88 721.72 392.57 373.20 288.31 336.29 327.58 67.13 -0.08 
414.70 38.32 3.78 282.86 2.61 743.95 387.21 372.64 288.03 334.12 326.35 69.20 -0.09 
414.71 38.51 4.44 282.84 2.38 798.59 375.23 371.77 288.02 332.28 324.99 72.89 -0.08 
414.73 38.67 5.11 282.81 2.18 840.13 365.16 371.53 288.11 330.82 324.02 75.83 -0.08 
414.70 38.73 5.77 282.81 1.95 850.45 365.52 370.14 288.04 328.53 322.63 76.64 -0.08 
414.71 38.73 6.43 282.76 1.78 862.39 365.91 367.88 288.02 325.96 320.92 77.77 -0.09 
414.72 38.70 7.10 282.76 1.65 883.31 364.80 367.42 288.11 324.45 320.01 78.53 -0.09 
414.72 38.68 7.76 282.74 1.57 920.84 356.25 366.82 288.25 323.21 319.18 81.09 -0.09 
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Table D.20 Data for ethylene glycol, 𝑃∞  = 8.15 kPa.  
Tube C: 𝑠 = 1.0 mm, 𝑡 = 0.5 mm, 𝑕 = 1.6 mm and 𝑑 = 12.7 mm 
𝑇∞  
/K 
𝑈∞  
/m/s 
𝑈c  
/m/s 
𝑇c,in  
/K 
𝑇c,dif  
/K 
𝑞 
/kW/m
2
 
𝑇w,1 
/K 
𝑇w,2 
/K 
𝑇w,3 
/K 
𝑇w,4 
/K 
𝑇wi  
/K 
∆𝑇 
/K 
𝑊  
/% 
                          
402.15 20.36 3.32 282.86 2.06 514.83 329.86 355.70 286.94 322.74 317.89 78.34 -0.02 
402.14 20.33 3.78 282.86 1.83 545.00 319.74 354.32 286.62 320.74 316.61 81.79 -0.04 
402.13 20.31 4.44 282.84 1.65 554.79 318.41 352.59 286.57 318.85 315.13 83.03 -0.04 
402.15 20.30 5.11 282.81 1.48 569.50 317.09 350.89 286.49 317.01 313.77 84.28 -0.05 
402.14 20.29 5.77 282.79 1.35 588.32 316.05 349.31 286.47 315.48 312.60 85.31 -0.05 
402.12 20.29 6.43 282.79 1.22 594.34 314.83 348.00 286.47 313.93 311.56 86.31 -0.05 
402.15 20.28 7.10 282.76 1.17 620.00 314.23 347.12 286.62 312.98 310.71 86.91 -0.05 
402.16 20.28 7.76 282.76 1.07 626.80 313.41 346.13 286.57 311.97 310.00 87.64 -0.05 
402.21 20.36 3.32 284.45 2.13 532.28 301.65 363.18 301.65 324.28 318.80 79.52 -0.02 
402.20 20.41 3.78 284.40 1.85 535.00 300.45 361.03 300.49 320.85 316.85 81.49 -0.02 
402.22 20.41 4.45 284.37 1.60 536.60 308.13 359.42 299.25 318.00 315.06 81.02 -0.02 
402.21 20.37 5.11 284.35 1.45 558.42 298.97 359.51 298.97 316.59 314.43 83.70 -0.02 
402.20 20.35 5.77 284.32 1.32 575.93 298.60 358.97 298.64 315.22 313.66 84.34 -0.02 
402.19 20.35 6.44 284.27 1.25 605.05 291.16 358.50 298.40 313.81 312.86 86.72 -0.03 
402.18 20.35 7.10 284.25 1.17 610.00 294.91 358.16 298.68 312.90 312.41 86.02 -0.03 
402.20 20.36 7.76 284.22 1.09 600.00 297.92 357.44 297.96 311.83 311.62 85.91 -0.03 
             402.59 41.20 3.32 282.86 2.46 615.18 333.86 361.31 287.47 329.55 321.95 74.54 -0.13 
402.58 41.41 3.78 282.86 2.23 636.74 336.97 361.51 287.31 327.73 321.14 74.20 -0.14 
402.60 41.51 4.44 282.84 2.00 672.51 323.59 360.38 287.24 325.82 319.74 78.34 -0.14 
402.61 41.56 5.11 282.81 1.80 695.19 323.99 359.32 287.24 323.47 318.40 79.11 -0.15 
402.62 41.61 5.77 282.81 1.63 708.47 322.77 358.33 287.21 321.90 317.34 80.07 -0.15 
402.60 41.63 6.43 282.79 1.50 728.38 321.63 357.55 287.26 320.13 316.31 80.96 -0.15 
402.59 41.63 7.10 282.76 1.40 730.00 320.70 356.79 287.32 318.71 315.41 81.71 -0.15 
402.59 41.64 7.76 282.74 1.32 745.00 319.72 356.15 287.42 317.80 314.62 82.32 -0.15 
402.72 41.31 3.32 284.37 2.48 619.92 303.72 374.89 303.72 330.11 323.57 74.61 -0.11 
402.72 41.47 3.78 284.37 2.23 635.17 303.20 373.93 303.20 327.85 322.40 75.68 -0.13 
402.71 41.57 4.45 284.32 2.00 670.89 302.59 373.22 302.63 325.52 321.09 76.72 -0.13 
402.73 41.63 5.11 284.30 1.77 683.86 302.12 372.30 302.08 323.22 319.92 77.80 -0.14 
403.70 41.67 5.77 284.27 1.62 706.79 295.89 371.40 301.61 321.33 318.82 81.14 -0.14 
403.72 41.70 6.44 284.22 1.50 700.00 305.32 370.61 301.32 319.93 317.98 79.43 -0.15 
403.71 41.71 7.10 284.20 1.39 700.00 304.92 370.00 300.96 318.56 317.15 80.10 -0.15 
402.72 41.72 7.76 284.17 1.32 750.00 287.05 369.57 300.69 317.18 316.39 84.10 -0.15 
402.36 41.05 3.32 284.22 2.43 607.57 302.14 386.38 303.06 328.86 325.89 72.25 -0.15 
402.35 41.24 3.78 284.20 2.20 628.22 301.84 385.32 302.80 326.92 324.86 73.13 -0.16 
402.34 41.40 4.45 284.17 2.00 665.00 295.77 383.84 302.41 324.85 323.46 75.62 -0.16 
402.36 41.52 5.11 284.15 1.77 680.00 295.23 381.94 301.79 322.86 322.09 76.91 -0.16 
402.37 41.61 5.77 284.12 1.62 700.00 290.92 380.60 301.44 321.09 320.97 78.86 -0.16 
402.38 41.65 6.44 284.07 1.52 710.00 290.63 379.10 301.11 319.59 319.82 79.77 -0.16 
402.35 41.68 7.10 284.05 1.40 730.00 286.11 377.81 300.71 318.03 318.85 81.69 -0.15 
402.36 41.70 7.76 284.05 1.32 745.00 282.01 376.97 300.57 317.09 318.15 83.20 -0.15 
                          
 
 
 
 
266 
 
Table D.20 Continued 
𝑇∞  
/K 
𝑈∞  
/m/s 
𝑈c  
/m/s 
𝑇c,in  
/K 
𝑇c,dif  
/K 
𝑞 
/kW/m
2
 
𝑇w,1 
/K 
𝑇w,2 
/K 
𝑇w,3 
/K 
𝑇w,4 
/K 
𝑇wi  
/K 
∆𝑇 
/K 
𝑊  
/% 
                          
404.75 58.86 3.32 284.32 2.95 738.77 325.78 391.04 306.78 336.98 329.98 64.61 -0.13 
404.75 59.14 3.78 284.30 2.70 770.73 319.22 391.08 306.22 335.68 329.15 66.70 -0.13 
404.76 59.23 4.45 284.25 2.43 813.52 312.65 390.01 305.61 332.99 327.59 69.45 -0.13 
404.77 59.26 5.11 284.22 2.18 838.20 305.00 388.99 304.92 330.78 326.26 72.35 -0.13 
404.75 59.25 5.77 284.20 1.97 859.43 304.32 388.28 304.32 328.41 325.03 73.42 -0.13 
404.74 59.28 6.44 284.17 1.80 872.55 303.83 386.86 303.87 326.42 323.86 74.50 -0.13 
404.73 59.28 7.10 284.15 1.70 908.10 294.56 386.61 303.64 325.04 323.08 77.27 -0.13 
404.75 59.28 7.76 284.12 1.59 933.41 290.50 385.45 303.50 323.67 322.20 78.97 -0.13 
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Table D.21 Data for ethylene glycol, 𝑃∞  = 5.6 kPa.  
Tube C: 𝑠 = 1.0 mm, 𝑡 = 0.5 mm, 𝑕 = 1.6 mm and 𝑑 = 12.7 mm 
𝑇∞  
/K 
𝑈∞  
/m/s 
𝑈c  
/m/s 
𝑇c,in  
/K 
𝑇c,dif  
/K 
𝑞 
/kW/m
2
 
𝑇w,1 
/K 
𝑇w,2 
/K 
𝑇w,3 
/K 
𝑇w,4 
/K 
𝑇wi  
/K 
∆𝑇 
/K 
𝑊  
/% 
             393.55 22.30 3.32 283.77 1.73 432.62 301.91 345.13 319.71 317.68 322.39 72.44 0.10 
393.54 22.30 3.78 283.74 1.55 442.96 300.52 343.96 318.36 316.01 320.93 73.83 0.09 
393.55 22.30 4.44 283.69 1.43 478.38 291.05 343.76 317.29 314.42 319.69 76.92 0.08 
393.53 22.30 5.11 283.67 1.27 491.44 289.82 342.63 316.14 312.80 318.34 78.18 0.08 
393.54 22.29 5.77 283.64 1.15 500.15 288.76 341.31 315.04 311.36 317.03 79.42 0.08 
393.55 22.29 6.43 283.62 1.07 520.48 287.93 340.62 314.17 310.20 315.99 80.32 0.08 
393.54 22.29 7.10 283.59 0.99 533.04 287.25 340.18 313.53 309.29 315.24 80.98 0.08 
393.53 22.29 7.76 283.57 0.94 552.55 279.07 339.44 312.95 308.56 314.44 83.53 0.07 
392.82 22.48 3.32 283.52 1.68 425.00 301.94 349.22 318.66 315.86 322.52 71.40 -0.13 
392.81 29.78 3.32 283.09 1.55 410.00 321.62 350.35 314.38 313.70 320.36 67.80 -0.13 
392.80 29.73 3.78 283.07 1.40 415.00 320.74 349.12 313.54 312.23 319.18 68.89 -0.14 
392.79 29.70 4.44 283.04 1.25 425.00 319.56 347.73 312.40 310.89 317.79 70.15 -0.14 
392.78 29.68 5.11 283.02 1.15 443.59 308.30 346.27 311.38 309.45 316.38 73.93 -0.14 
392.80 29.67 5.77 282.99 1.02 455.00 307.37 344.98 310.37 308.09 315.19 75.10 -0.15 
392.81 29.66 6.43 282.97 0.95 460.09 306.45 343.74 309.41 307.14 314.06 76.12 -0.15 
392.82 29.66 7.10 282.94 0.90 479.83 305.86 342.83 308.78 305.65 313.01 77.04 -0.15 
392.82 29.65 7.76 282.89 0.84 494.33 305.23 341.42 308.15 305.45 312.18 77.76 -0.15 
             394.13 59.30 3.32 283.37 2.11 526.95 324.95 353.06 324.79 322.78 327.49 62.74 -0.16 
394.12 59.56 3.78 283.34 1.90 543.34 324.01 352.78 323.89 321.37 326.50 63.61 -0.17 
394.11 59.63 4.44 282.97 1.65 554.66 319.52 352.31 319.44 318.03 323.24 66.79 -0.17 
394.12 59.72 5.11 282.94 1.50 579.05 318.57 350.78 318.45 316.46 321.80 68.06 -0.18 
394.13 59.79 5.77 282.92 1.38 599.12 317.62 349.97 317.46 314.98 320.59 69.12 -0.18 
394.11 59.84 6.43 282.89 1.27 618.60 314.98 349.04 316.54 313.84 319.47 70.51 -0.18 
394.13 59.87 7.10 282.89 1.20 641.24 310.40 348.61 315.88 313.03 318.66 72.15 -0.18 
394.09 59.55 3.32 284.52 2.23 557.22 314.86 357.87 314.86 325.94 324.30 65.71 -0.18 
394.07 59.77 3.78 284.47 2.00 570.87 314.07 357.37 314.15 323.79 323.19 66.73 -0.16 
394.07 59.88 4.45 284.45 1.75 586.87 313.06 356.27 313.14 321.57 321.74 68.06 -0.16 
394.08 59.95 5.11 284.37 1.62 625.92 304.71 355.37 312.39 319.77 320.40 71.02 -0.16 
394.09 60.00 5.77 284.37 1.45 630.39 300.04 354.65 311.68 318.09 319.42 72.98 -0.16 
394.09 60.04 6.44 284.32 1.32 641.46 303.27 354.47 310.91 316.54 318.52 72.79 -0.17 
394.06 59.87 7.76 282.86 1.12 656.12 307.37 347.44 315.13 312.09 317.65 73.55 -0.17 
             397.52 79.09 3.78 282.97 2.51 715.25 330.24 367.07 330.24 332.50 334.76 57.51 -0.12 
397.50 79.82 3.32 284.30 2.88 720.04 322.91 378.12 322.99 336.81 334.94 57.29 -0.13 
397.51 79.97 3.78 284.27 2.58 735.11 321.38 378.53 321.42 334.41 333.55 58.57 -0.13 
397.49 80.03 4.45 284.25 2.25 754.82 319.95 376.70 320.07 331.92 331.65 60.33 -0.13 
397.50 80.07 5.77 284.17 1.87 815.87 318.00 376.03 318.08 327.60 328.97 62.57 -0.13 
397.51 80.08 6.44 284.15 1.72 836.11 317.05 375.36 317.09 325.80 327.71 63.69 -0.14 
397.52 80.10 7.10 284.10 1.60 854.56 316.85 375.00 316.85 324.03 326.92 64.34 -0.13 
397.52 80.10 7.76 284.05 1.49 874.87 315.72 374.38 315.72 322.54 325.68 65.43 -0.14 
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Appendix E 
Sample Calculation 
 
E.1 Input parameters 
The experimental data point chosen to illustrate the method of calculation (see  
Chapter 7) is run 1 (see Appendix D) for test tube B with 𝑠 = 0.6 mm, 𝑡 = 0.3 mm,      
𝑕 = 1.6 mm and 𝑑 = 12.7 mm. The measurements taken from the apparatus were; 
 
Laboratory room temperature, 𝑇am = 22.5 °C 
Measured barometer reading, 𝑃B   = 756.35 mmHg 
Barometer temperature, 𝑇B  = 20 °C 
 
Coolant flow rate, 𝑉 c  = 10 l/min 
Manometer height, 𝐻1 = 0.447 mm 
        “             “     , 𝐻2 = 0.445 mm 
        “             “     , 𝐻3 = 0.93 mm 
 
Temperature of vapour above the test section (T4) = 371.98 K 
Temperature of vapour below the test section (T5) = 372.29 K 
Average temperature of the test section, 𝑇v  = 372.13 K 
 
E.2 Boiler power, 𝑸𝑩 
The total power dissipated in the boilers with 1 heater was obtained from equation 
5.14 and the values are given in Appendix B, 
 
𝑄B =  𝐼i𝑉i
3
i=1
=  20.60 × 238 +  20.80 × 238 +  20.70 × 240 = 14821.2 W
= 14.82 kW 
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E.3 Test section pressure, 𝑷∞  
The correction, 𝑃BC   given in equation 5.1 is made to the measured barometer value 
𝑃B ,   
 
𝑃BC = 0.015 +   1.6229 × 20 − 0.1188 × 10
−4 × 756.35 = 2.46 mmHg  
 
Therefore, from equation 5.2, 
     
𝑃am = 133.4 756.35 − 2.46 = 100568.8 Pa = 100.57 kPa  
 
The density of mercury is evaluated from equation A.28 at ambient temperature and 
found to be 13535 kg/m
3
. The density of the water in the manometer, also evaluated at 
ambient temperature is found from the equations in Appendix A to be 999.1 kg/m
3
. 
 
𝑃∞ = 100568.8 +  
  0.447 − 0.445 × 13535 × 9.81 −
 0.93 − 0.445 × 999.1 × 9.81
  
= 100749.16 Pa = 100.74 kPa 
 
E.4 Temperature values 
All temperatures were obtained from thermocouple readings in 𝜇𝑉 using the 
calibration equations 5.4a and 5.4b. The corresponding temperatures are as follows; 
 
Temperature at wall position 1, 𝑇w,1 = 347.35 K 
        “     “          “       2, 𝑇w,2 = 352.43 K 
        “     “          “       3, 𝑇w,3 = 344.92 K 
        “     “          “       4, 𝑇w,4 = 351.26 K 
 
Temperature of coolant in, 𝑇c,in  = 285.95 K 
Temperature of coolant out, 𝑇c,out  = 289.49 K 
Temperature of condensate return, 𝑇CR  = 332 K 
Temperature rise in coolant, ∆𝑇c,m  = 3.00 K 
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Temperature in boiler 1, T1 = 372.98 K 
         “                 “      2, T2 = 373.14 K 
         “                 “      3, T3 = 373.08 K  
A mean boiler temperature 𝑇Bwas found as, 
 372.98 + 373.14 + 373.08 3  K = 373.06 K 
 
A second estimate of the coolant temperature rise ∆𝑇c,mwas obtained from the 
thermopile measurement. The thermopile measurement was divided by 10 to obtain 
the reading between inlet and outlet half of this difference was then added to the inlet 
emf to obtain the midpoint value 𝐸m , 
 
𝐸m = 𝐸in +
1
2
 
𝐸diff
10
 = 691 + +
1
2
 
645
10
 = 723.25 μV 
 
The calibration equation for the thermocouple wire was evaluated using equation 
5.4b, it was differentiated and the gradient found at 𝐸m , 
 
 
d𝑇
d𝐸
 
𝐸=𝐸m
= 0.055
K
μV
 
 
The coolant outlet temperature rise is then obtained from, 
 
∆𝑇c,m =  
𝐸diff
10
  
d𝑇
d𝐸
 
𝐸=𝐸m
=  
645
10
 × 0.055 = 3.54 K 
 
The difference between these two estimates is 0.54 K. Values of 𝑇c,diff  are listed in the 
Appendix D.  
 
E.5 Cooling water mass flow rate and velocity, 𝒎 𝐜 and 𝑼𝐜  
𝑉 c = 10
l
min
=
10
 1000 × 60 
=  1.67 × 10−4 m3/s 
𝜌c = 998.4 kg/m
3  
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The cooling water mass flow rate 𝑚 c  is given as, 
𝑚 c = 998.4 × 1.67 × 10
−4 = 0.1664 kg/s 
 
The coolant velocity was obtained from the cross-sectional area of the condenser tube, 
where the internal diameter was reduced to 0.004 m with the tube inserts, in the 
following way, 
 
𝑈c =
𝑉 c
𝜋𝑑i
2 =
1.67 × 10−4
𝜋 × 0.0042
= 3.32 m/s 
 
E.6 Total heat-transfer and heat flux, 𝑸  and 𝒒𝐨 
By using equation 5.8 the total heat-transfer rate, 𝑄   to the coolant was calculated.  
The specific isobaric heat capacity of the cooling water is, 
𝑐P,c = 4186.032 J/kgK 
  
Therefore, 
𝑄 = 𝑚 c𝑐P,c∆𝑇c = 0.1664 × 4186.032 × 3.54 = 2465.906 W = 2.46 kW 
 
The outside surface area of the tube 𝐴d  was given by, 
 𝐴d = 𝜋 × 0.07 × 0.0127 = 2.793 × 10
−3m  
where 0.0127 m was the working length of the tube.  
 
The inside surface area of the tube was given by, 
𝐴i = 𝜋 × 0.07 × 0.008 = 1.759 × 10
−3m  
 
The heat flux based on the outside surface area was found from equation 5.9, 
𝑞o =
𝑄 
𝐴d
=
2465.906
2.793 × 10−3
= 882927.3 W = 882.9 kW 
 
The heat flux based on the inside surface area was found from equation 5.10, 
𝑞i =
𝑄 
𝐴i
=
2465.906
1.759 × 10−3
= 1401647 W = 1401.64 kW 
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E.7 Mean outside wall temperature, 𝑻 𝐰𝐨 
 
An initial mean wall tube wall temperature 𝑇 tc  is found from the four thermocouples 
to be 356.21 K. A small correction was made to account for the fact that the 
thermocouples are embedded in the wall at a radial distance of 0.00455 m. The 
thermal conductivity of the copper was found using equation A.29. Therefore from 
equation 5.7 the mean outside wall temperature was found as follows,  
 
𝑇 wo = 𝑇 tc +
𝑞o𝑑
2𝑘w
ln  
𝑑
𝑑tc
 = 356.21 +
882927 × 0.0127
2 × 397.79
ln  
0.0127
0.0091
 = 360.90 W 
 
The difference across the tube to account for burial of the thermocouple, as ∆𝑇c  is 
found to be 360.90 – 356.21 = 4.69 K. 
 
E.8 Vapour velocity and vapour mass flow rate, 𝑼∞  and 𝒎 𝐯 
The total heat loss to the environment was obtained from equation 5.16, 
 
𝑄L = 7.83 ×  
 𝑇v − 𝑇B 
2
− 𝑇am = 7.83 ×  
 372.99 − 293.15 
2
− 295.65 
= −2002.36 W 
 
Using the procedure described in section 5.5.13 and taking an initial guess of       
𝑇∞ = 𝑇v(= 372.99 K), an iteration was performed to solve equation 5.19. 
 
𝑕fg = 2.33 × 10
6  J/kg 
𝑐𝑃 = 1893.69 J/kgK, evaluated at  𝑇sat  𝑃∞ − 𝑇CR   
𝐴ts = 0.0252 m 
𝑅 = 133.95 J/kgK 
 
The result of the iteration gives a value of of 𝑚 v  of 0.012 kg/s at 𝑈∞ = 2.44 m/s.  
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E.9 Vapour-side temperature difference 
In order to account for the high velocities achieved in the apparatus, the following 
correction was applied to the vapour temperature, where the average temperature of 
the test section, 𝑇v  = 372.99 K. 
  
𝑇∞ = 𝑇v −
𝜂𝑈∞
2
2𝑐𝑃v
= 372.99 −
0.95 × 2.442
2 × 1.874 × 10−3
= 372.988 K 
 
The value of 𝑐𝑃v  was found from the equations in Appendix A to be equal to                 
1.874 × 10−3J/kgK. It can be seen, that for this case, that due to the low vapour 
velocities, the correction makes negligible difference to the vapour temperature. 
 
The mean temperature drop across the condensate film is obtained from, 
 
∆𝑇 =  𝑇sat  𝑃∞ − 𝑇 wo  = 372.99 − 360.90 = 23.99 K 
 
E.10 Mass fraction of non-condensing gas 
With the molar mass of air is equal to 28.964 g/mol and the molar mass of the vapour 
is equal to 18.015 g/mol it is possible to determine the mass fraction of air present in 
the test section using equation 5.21 as follows, 
 
𝑊 =  
𝑃∞ − 𝑃sat (𝑇∞)
𝑃∞ −  1 −
𝑀vap
𝑀air
 𝑃sat (𝑇∞)
 × 100
=  
100743.74 − 100749.16
100743.74 −  1 −
18.015
28.964 100749.16
 × 100 = 0.00 % 
 
This result shows that very little non-condensable gas was present in the test section 
for this particular run. 
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Appendix F 
Estimation of Experimental Uncertainties 
 
 
F.1 Introduction 
For the present data, it was impossible to reproduce the test conditions exactly at any 
given set of vapour and coolant conditions. It was therefore necessary to estimate the 
uncertainties in the experimental results by treating the data as single-sample 
experiments. Kline and McClintock (1953) pointed out that statistical methods of 
calculating variance in experimental results cannot be applied to single-sample 
experiments and therefore suggested the following method of estimating uncertainties 
in measured quantities and the subsequent propagation of these errors in the 
calculated results.  
 
The uncertainty in a variable is expressed as, 
 
𝑥 = 𝑥m ± 𝛿𝑥 
 
where 
𝑥 - best estimate of the variable 
𝑥m  - measured experimental value of the variable 
𝛿𝑥 - estimated uncertainty in the measured value, i.e.  based on fluctuations  
in instrument readings, scale graduations, results of calibration  
experiments etc.   
 
The quantity 𝛿𝑥 is usually accompanied by a confidence interval, indicating the 
amount of measurements which are expected to lie within ±𝛿𝑥 of the true value. In 
practice, the final result of an experiment, 𝑥R  will generally be a function of several 
measured quantities, each having its own uncertainty level, i.e., 
 
𝑥R = 𝐹 𝑥1,𝑥2 …𝑥n  
 
(F.1) 
(F.2) 
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Kline and McClintock (1953) suggested the following equation for calculating the 
resulting uncertainty level, 𝛿𝑥R  in the dependent variable, 
 
𝛿𝑥R =   
𝜕𝐹
𝜕𝑥1
𝛿𝑥1 
2
+  
𝜕𝐹
𝜕𝑥2
𝛿𝑥2 
2
+  …  +
𝜕𝐹
𝜕𝑥n
𝛿𝑥n 
1 2 
 
 
The resulting uncertainty in the dependent variable, 𝑥R  will have the same confidence 
interval as that assigned to the measured variables, 𝑥1−n . Equation F.3 can be non-
dimensionalised to give,  
 
𝛿𝑥R
𝑥R
=   𝑋1𝛿𝑥1 
2 +  𝑋2𝛿𝑥2 
2 +  …  +  𝑋n𝛿𝑥n 
2 1 2  
 
where  
𝑋n =  𝜕𝐹 𝜕𝑥n  𝑥R . 
 
and where 𝛿𝑥R 𝑥R  is the fractional uncertainly level of 𝑥R . 
 
F.2 Application to the present investigation 
In the present investigation, the important variables were the test-section vapour 
pressure, 𝑃∞ , test section vapour-velocity, 𝑈∞ , heat flux, 𝑞, vapour-side temperature 
difference, ∆𝑇, and vapour-side heat-transfer coefficient, 𝛼v .   
 
F.2.1 Test-section vapour pressure 
The pressure in the test section was calculated from equation 5.3 as follows, 
 
𝑃∞ = 𝑃am +  𝐻1 − 𝐻2 𝜌Hg𝑔 −  𝐻3 − 𝐻2 𝜌TF𝑔 
 
where 𝑃am  is found using the Fortin barometer and depends on two measured 
variables, the temperature of the barometer, 𝑇B  and the measured barometer pressure 
𝑃B . Atmospheric pressure 𝑃am  is given by, 
 
(F.3) 
(F.4) 
(F.5) 
(F.6) 
276 
 
𝑃am = 133.4 𝑃B − 𝑃BC   
 
Where 𝑃BC  is a barometer correction to account for different measurement 
temperatures and given in equation 5.1. Memory (1989) showed that the error in test 
section vapour pressure is only dependent on the barometer pressure reading, 𝑃B , and 
the manometer levels 𝐻1−3 and that the uncertainties in 𝑇am  and in the temperature 
correction to the barometer reading were negligible. Using equation F.4, the fractional 
uncertainty in the test section pressure can be calculated from, 
 
𝛿𝑃∞
𝑃∞
=   𝑋𝑃am 𝛿𝑥𝑃am  
2
+  𝑋𝐻1𝛿𝑥𝐻1 
2
+  𝑋𝐻2𝛿𝑥𝐻2 
2
+  𝑋𝐻3𝛿𝑥𝐻3 
2
 
1 2 
 
 
where  
𝑋𝑃B =  𝜕𝑃∞ 𝜕𝑃B  𝑃∞  etc. 
 
Differentiating equation F.6 gives, 
 
𝑋𝑃am = 1 𝑃am  
 
𝑋𝐻1 = 𝑔𝜌Hg 𝑃∞  
 
𝑋𝐻2 = 𝑔  𝜌TF − 𝜌Hg  𝑃∞  
 
𝑋𝐻3 = −𝑔𝜌TF 𝑃∞  
 
The uncertainty levels in the values of the manometer readings, 𝛿𝑥𝐻1−3  are estimated 
to be ±0.0005 m, while the uncertainty level in 𝑃am , 𝛿𝑥𝑃am  is estimated to be          
±0.2 mmHg.  
 
F.2.2 Test section vapour velocity 
The vapour velocity in the test section was calculated from equation 5.19 which can 
be written as, 
 
(F.8) 
(F.9) 
(F.10) 
(F.11) 
(F.12) 
(F.13) 
(F.7) 
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𝑈∞ =
𝑅𝑇sat  𝑃∞ 𝑚 v
 𝜋𝑑ts
2 4  𝑃∞
 
 
The fractional uncertainty level in the vapour velocity can be found using equation 
F.4 as follows, 
 
𝛿𝑈∞
𝑈∞
=   𝑋𝑃∞ 𝛿𝑥P∞  
2
+  𝑋𝑑ts 𝛿𝑥𝑑ts  
2
+  𝑋𝑚 v𝛿𝑥𝑚 v  
2
 
1 2 
 
 
Differentiating equation F.13 gives, 
 
𝑋𝑃∞ =
1
𝑇sat  𝑃∞ 
𝜕𝑇sat  𝑃∞ 
𝜕𝑃∞
−
1
𝑃∞
 
 
𝑋𝑑ts = −
2
𝑑ts
 
 
𝑋𝑚 v =
1
𝑚 v
 
 
where  𝜕𝑇sat  𝑃∞ 𝜕𝑃∞   can be approximated from the equations in Appendix A. 
 
The uncertainty level in 𝑃∞  can be evaluated from the numerator of equation F.8, 
while the uncertainty level in 𝑑ts  was estimated from the manufacturing tolerances as  
±0.0005 m. The vapour mass flow rate, 𝑚 v  was calculated using equation 5.20, which 
was derived by applying the steady-flow energy equation to the apparatus.   Lee 
(1982) also used this method to measure 𝑚 v  and compared it to the value found by 
collecting and weighing the condensate at the exit from the auxiliary condenser.  The 
two methods were found to agree within 1.5 % over the range of heater power 
available. Based on this, the uncertainty level in the mass flow rate of the vapour was 
considered to be 0.015 × 𝑚 v . When this value is substituted into equation F.14 along 
with equation E.17, the final term in the left hand side of equation F.14 reduces to 
 0.015 2, hence the fractional uncertainty in the vapour velocity is independent of 
vapour mass flow rate. 
(F.14) 
(F.15) 
(F.16) 
(F.17) 
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F.2.3 Heat flux 
The heat flux on the outside surface of the test tube was calculated from equations 5.8 
and 5.9, which can be combined to give, 
 
𝑞o =
𝑚 c𝑐P,c∆𝑇c 
𝜋𝑑𝑙
 
  
By assuming negligible error in the property equations, Memory (1989) showed that 
the uncertainty in 𝑐P,c  due to the uncertainty in measuring the coolant temperature was 
negligible. Applying equation F.4 gives the fractional uncertainty in the heat flux as,  
 
𝛿𝑞o
𝑞o
=   𝑋𝑚 c𝛿𝑥𝑚 c 
2
+  𝑋∆𝑇c  𝛿𝑥∆𝑇c   
2
 +  𝑋d𝛿𝑥d 
2 +   𝑋l𝛿𝑥l 
2 
1 2 
 
 
where 
𝑋𝑚 c =
1
𝑚 c
 
 
𝑋∆𝑇c  =
1
∆𝑇c 
 
 
𝑋d = −
1
𝑑
 
 
𝑋l = −
1
𝑙
 
 
The uncertainty level in the coolant mass flow rate was dependent on the flow meter 
and from the calibration experiments performed by Briggs (1991) this was estimated 
to be ±0.5 l/min for the large flow meter. The uncertainty level in the thermocouple 
readings (excluding those in the tube walls, which had larger fluctuations) was 
estimated to be ±0.1 K (corresponding to ±4 𝜇V). For the cooling water temperature 
rise, a 10-junction thermopile was used, giving an uncertainty in this measurement of 
(F.18) 
(F.19) 
(F.20) 
(F.21) 
(F.22) 
(F.23) 
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±0.01 K. The uncertainty in the tube dimensions was estimated from the 
manufacturing tolerances, giving 𝛿𝑥d  = ±0.0001 m and 𝛿𝑥l  = ±0.0005 m. 
 
F.2.4 Vapour-side temperature difference 
The vapour-side temperature difference was calculated from,  
 
Δ𝑇 = 𝑇sat  𝑃∞ − 𝑇 wo  
 
In practice, a correction was applied to the readings to compensate for the depth of the 
thermocouple in the tube wall, but the uncertainty in this correction was small 
compared to the uncertainty in the thermocouple readings. The fractional uncertainty 
in Δ𝑇 was found using equation F.4 as follows, 
 
𝛿∆𝑇
∆𝑇
=   𝑋𝑃∞ 𝛿𝑥𝑃∞  
2
+   𝑋𝑇 tc 𝛿𝑥𝑇 tc  
2
4
𝑘=1
 
1 2 
 
where 
𝑋𝑃∞ =  
𝜕∆𝑇
𝜕𝑃∞
 ∆𝑇 =  
𝜕∆𝑇
𝜕𝑇sat  𝑃∞ 
 ∙
 
𝜕𝑇sat  𝑃∞ 
𝜕𝑃∞
 
∆𝑇
=  
𝜕𝑇sat  𝑃∞ 
𝜕𝑃∞
 /∆𝑇  
 
𝑋𝑇 tc = −
1
4∆𝑇
 
 
and  𝜕𝑇sat  𝑃∞ 𝜕𝑃∞   can be approximated from the equations given in Appendix A. 
 
The uncertainty in 𝑃∞  is found from the numerator of equation F.8. The uncertainty in 
the tube wall thermocouple readings was estimated to be ±0.5 K, since the readings 
from these four thermocouples fluctuated more than the others. 
 
 
 
 
F.2.5 Vapour-side heat-transfer coefficient 
(F.24) 
(F.25) 
(F.26) 
(F.27) 
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The vapour-side heat-transfer coefficient was calculated from equation 5.11, 
 
𝛼v =
𝑞o
∆𝑇
 
 
Equation F.4 gives,  
 
𝛿𝛼v
𝛼v
=   𝑋𝑞o𝛿𝑥𝑞o  
2
+  𝑋∆𝑇𝛿𝑥∆𝑇 
2 
1 2 
 
where  
𝑋𝑞o =
1
𝑞o
 
 
𝑋∆𝑇 = −
1
∆𝑇
 
 
The uncertainty levels in 𝑞o  and ∆𝑇 are found from the numerators of equations F.19 
and F.25 respectively.  
 
F.3 Results and Discussion 
F.3.1 Test section vapour pressure and vapour velocity 
The fractional uncertainty in the test section vapour pressure and vapour velocity were 
calculated from equations F.8 and F.14 respectively. Samples of the uncertainty 
analysis results are displayed in Tables F.1 and F.2 for 𝑃∞  and 𝑈∞  respectively, both 
showing each of the terms on the right hand side of these equations.  
 
It can clearly be seen from Table F.1 that the fractional uncertainty in the pressure 
measurement increased as pressure decreased and that the main contributors to this 
uncertainty were the mercury levels in the manometer, 𝐻1 and 𝐻2. The resulting 
uncertainty in the test section pressure was always less than 1.5 % where the largest 
uncertainty levels in 𝑃∞  were observed at low pressures, particularly for ethylene-
glycol tests. 
 
(F.28) 
(F.29) 
(F.30) 
(F.31) 
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Since the uncertainty in the test section vapour velocity was independent of the 
vapour mass flow rate, results are shown for only one vapour velocity for each fluid 
and pressure combination tested. From Table F.2 it can be seen that the main 
contributors to the uncertainty in the test section vapour velocity were the 
uncertainties in the vapour mass flow rate and the test section diameter. As pressures 
decrease however, the uncertainty in the pressure measurement becomes more 
important. The resulting uncertainty in the test section vapour velocity was always 
less than 2.5 %.  
 
The large uncertainty in the vapour pressure and vapour velocity measurements at low 
pressure was a further reason why pressures lower than 5 kPa were not used (and the 
operational reasons described in section 7.1), in addition to the problems encountered 
with pressure variation around the tube and interphase mass transfer resistance, 
outlined in sections 2 and 5. 
 
F.3.2 Heat flux, vapour-side temperature difference and vapour-side heat-
transfer coefficient 
A selection of the results of the uncertainty analysis for the heat flux, vapour-side 
temperature difference and vapour-side heat-transfer coefficient are shown in      
Tables F.3 to F.5 for the plain tube and for one integral-fin tube with 0.5 mm fin 
spacing (i.e. Tube B). The results are shown for the lowest vapour velocity for each 
fluid and vapour pressure tested, since this gives the lowest coolant temperature rise 
and hence the largest uncertainty in the measured heat fluxes.  
 
Table F.3 shows the results of the uncertainty analysis in the heat flux measurement. 
It can be seen that the major contributor to the heat flux measurement was the 
uncertainty in the measurement of the coolant volume flow rate. This was due to the 
use of a 10-junction thermopile, which gave an accurate measurement of the coolant 
temperature rise. In all cases the uncertainty in the heat flux is well below 4.4 %. 
 
Table F.4 shows the results of the uncertainties in the vapour-side temperature 
difference. For higher pressures for steam, the uncertainty in vapour-side temperature 
difference was dominated by the uncertainty in the tube wall measurement, while at 
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low pressure for ethylene glycol tests, the uncertainty in the vapour pressure and 
hence the calculated vapour saturation temperature was dominant. For steam at low 
pressure, both effects were of similar magnitude. The calculated uncertainties in the 
vapour-side heat-transfer coefficients were, in general, small. An exception to this is 
low pressure steam condensing on finned tubes, where the high vapour-side heat-
transfer coefficients result in very low vapour-side temperature differences, and 
consequently large fractional uncertainties. This reason prevented the use of lower 
operating pressures for steam which would have given higher vapour velocities. 
 
Table F.5 shows the results of the uncertainties in the vapour-side heat-transfer 
coefficient. The fractional uncertainty measurement of heat-transfer coefficient was in 
most cases below 4.5 % but became larger at low values of coolant velocity and test 
section vapour pressure due to the fact that coolant resistance dominates at low 
coolant flow rates.  
 
F.4 Concluding remarks 
Uncertainties in the main measured quantities of the test section vapour pressure and 
vapour velocity, heat flux, vapour-side temperature difference and vapour-side heat-
transfer coefficient were kept within acceptable limits. At low pressure and low 
coolant flow rates however, the uncertainty in the vapour-side heat-transfer coefficient 
and temperature difference can become significant. However, the careful selection of 
test conditions made it possible to keep the uncertainties in the important parameters 
below 4.5 % in almost all cases. 
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Table F.1 Results of uncertainty analysis for test section vapour pressure 
Fluid 
 
     𝑃∞  
/ kPa 
 𝑋𝑃𝑎𝑚 𝛿𝑥𝑃𝑎𝑚  
2
 
/10
-10 
 𝑋𝐻1𝛿𝑥𝐻1 
2
 
/10
-5 
 𝑋𝐻2𝛿𝑥𝐻2 
2
 
/10
-5 
 𝑋𝐻3𝛿𝑥𝐻3 
2
 
/10
-5 
  
𝛿𝑥𝑃∞
𝑃∞
 
×100% 
Steam 101 0.03 0.04 0.003 0.023 0.08 
Steam 27.1 0.54 0.60 0.041 0.324 0.31 
Steam 21.7 0.84 0.93 0.065 0.506 0.38 
Steam 17.2 1.35 1.48 0.138 0.806 0.48 
Ethylene-
glycol 11.2 3.18 3.51 0.244 1.902 0.75 
Ethylene-
glycol 8.1 6.09 6.71 0.468 3.637 1.04 
Ethylene-
glycol 5.6 1.27 14.05 0.979 7.610 1.50 
 
 
Table F.2 Results of uncertainty analysis for test section vapour velocity 
Fluid 
 
𝑃∞  
/(kPa) 
𝑈∞  
/(m/s) 
 𝑋𝑃∞ 𝛿𝑥𝑃∞  
2
 
/10
-5 
 𝑋𝑑ts 𝛿𝑥𝑑ts  
2
 
/10
-5 
 𝑋𝑚 v𝛿𝑥𝑚 v  
2
 
/10
-5 
  
𝛿𝑥𝑈∞
𝑈∞
 
×100% 
Steam 101 10.5 0.001 15.625 22.5 1.95 
Steam 27.1 36.0 0.020 15.625 22.5 1.95 
Steam 21.7 44.2 0.033 15.625 22.5 1.95 
Steam 17.2 57.0 0.054 15.625 22.5 1.95 
Ethylene-
glycol 11.2 38.0 0.069 15.625 22.5 1.95 
Ethylene-
glycol 8.1 58.0 0.135 15.625 22.5 1.95 
Ethylene-
glycol 5.6 82.0 0.270 15.625 22.5 1.95 
 
 
 
 
 
 
 
 
284 
 
Table F.3 Results of uncertainty analysis for heat flux* 
 
Fluid 
 
𝑉 c  
/(l/min) 
 𝑋𝑚 c𝛿𝑥𝑚 c 
2
 
/10
-5 
 𝑋∆𝑇c𝛿𝑥∆𝑇c 
2
 
/10
-5 
 𝑋𝑑r𝛿𝑥𝑑r 
2
 
/10
-5 
 𝑋𝑙𝛿𝑥𝑙 
2 
/10
-5 
  
𝛿𝑥𝑞𝑜
𝑞𝑜
 
×100% 
Plain tube (Tube A) 
Steam  
101 kPa 
12 173.61 0.46 6.2 5.1 4.30 
40 15.62 4.05 6.2 5.1 1.76 
Steam  
27.1 kPa 
12 173.61 2.22 6.2 5.1 4.32 
40 15.62 16.80 6.2 5.1 2.09 
Steam  
21.7 kPa 
12 173.61 2.45 6.2 5.1 4.32 
40 15.62 18.86 6.2 5.1 2.13 
Steam  
17.2 kPa 
12 173.61 2.83 6.2 5.1 4.33 
40 15.62 19.93 6.2 5.1 2.16 
Ethylene-
glycol  
11.2 kPa 
12 173.61 3.23 6.2 5.1 4.33 
40 15.62 4.73 6.2 5.1 1.77 
Ethylene-
glycol  
8.1 kPa 
12 173.61 3.44 6.2 5.1 4.33 
40 15.62 4.87 6.2 5.1 1.78 
Ethylene-
glycol  
5.6 kPa 
12 173.61 3.56 6.2 5.1 4.34 
40 15.62 5.20 6.2 5.1 1.79 
Integral-fin tube (Tube B: s = 0.5 mm) 
Steam  
101 kPa 
12 173.61 0.17 6.2 5.1 4.30 
40 15.62 1.35 6.2 5.1 1.68 
Steam  
27.1 kPa 
12 173.61 1.17 6.2 5.1 4.31 
40 15.62 51.70 6.2 5.1 2.80 
Steam  
21.7 kPa 
12 173.61 1.44 6.2 5.1 4.31 
40 15.62 52.50 6.2 5.1 2.81 
Steam  
17.2 kPa 
12 173.61 1.77 6.2 5.1 4.32 
40 15.62 53.80 6.2 5.1 2.84 
Ethylene-
glycol  
11.2 kPa 
12 173.61 0.81 6.2 5.1 4.30 
40 15.62 7.98 6.2 5.1 1.86 
Ethylene-
glycol  
8.1 kPa 
12 173.61 0.89 6.2 5.1 4.31 
40 15.62 8.20 6.2 5.1 1.87 
Ethylene-
glycol  
5.6 kPa 
12 173.61 0.93 6.2 5.1 4.31 
40 15.62 9.97 6.2 5.1 1.92 
 
* All values are for minimum vapour velocities of the particular fluid 
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Table F.4 Results of uncertainty analysis for vapour-side temperature difference 
 
Fluid 
 
𝑉 c  
/(l/min) 
4 ×  𝑋𝑇wi 𝛿𝑥𝑇wi  
2
 
/10
-5 
 𝑋𝑃∞ 𝛿𝑥𝑃∞  
2
 
/10
-10 
𝛿𝑥∆𝑇
∆𝑇
 
×100% 
Plain tube (Tube A) 
Steam  
101 kPa 
12 5.10 204.08 0.71 
40 2.50 100.00 0.50 
Steam  
27.1 kPa 
12 23.52 940.94 1.53 
40 10.85 434.02 1.04 
Steam  
21.7 kPa 
12 34.29 1371.74 1.85 
40 14.91 5966.28 1.22 
Steam  
17.2 kPa 
12 51.65 2066.11 2.27 
40 24.72 988.88 1.57 
Ethylene-glycol  
11.2 kPa 
12 0.49 19.64 0.22 
40 0.42 17.14 0.20 
Ethylene-glycol  
8.1 kPa 
12 0.58 23.42 0.24 
40 0.51 20.66 0.22 
Ethylene-glycol  
5.6 kPa 
12 0.68 27.41 0.26 
40 0.59 23.76 0.24 
Integral-fin tube (Tube B: s = 0.5 mm) 
Steam  
101 kPa 
12 15.63 625.00 1.25 
40 5.64 225.45 0.75 
Steam  
27.1 kPa 
12 58.91 2356.49 2.42 
40 20.74 829.55 1.44 
Steam  
21.7 kPa 
12 57.78 2311.39 2.40 
40 28.00 1120.00 1.67 
Steam  
17.2 kPa 
12 97.66 3906.25 3.12 
40 28.69 1147.54 1.69 
Ethylene-glycol  
11.2 kPa 
12 0.74 29.80 0.27 
40 0.57 22.72 0.23 
Ethylene-glycol  
8.1 kPa 
12 0.98 39.11 0.31 
40 0.74 29.41 0.27 
Ethylene-glycol  
5.6 kPa 
12 1.21 48.43 0.34 
40 0.85 33.85 0.29 
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Table F.5 Results of uncertainty analysis for vapour-side heat-transfer coefficient* 
 
Fluid 
 
𝑉 c  
/(l/min) 
 𝑋𝑞o𝛿𝑥𝑞o 
2
 
/10
-5 
 𝑋∆𝑇𝛿𝑥∆𝑇 
2 
/10
-8 
𝛿𝑥𝛼v
𝛼v
 
×100% 
Plain tube (Tube A) 
Steam  
101 kPa 
12 185 0.81 4.31 
40 30 0.40 1.77 
Steam  
27.1 kPa 
12 187 3.76 4.36 
40 43 1.86 2.13 
Steam  
21.7 kPa 
12 187 5.48 4.39 
40 45 2.38 2.19 
Steam  
17.2 kPa 
12 187 8.26 4.42 
40 46 3.95 2.25 
Ethylene-glycol  
11.2 kPa 
12 188 0.07 4.33 
40 31 0.06 1.78 
Ethylene-glycol  
8.1 kPa 
12 188 0.09 4.34 
40 31 0.08 1.78 
Ethylene-glycol  
5.6 kPa 
12 188 0.10 4.34 
40 32 0.09 1.79 
Integral-fin tube (Tube B: s = 0.5 mm) 
Steam  
101 kPa 
12 185 1.73 4.33 
40 28 0.90 1.70 
Steam  
27.1 kPa 
12 186 9.41 4.42 
40 79 3.31 2.86 
Steam  
21.7 kPa 
12 186 9.24 4.42 
40 79 4.48 2.89 
Steam  
17.2 kPa 
12 187 9.84 4.50 
40 81 4.59 2.92 
Ethylene-glycol  
11.2 kPa 
12 186 0.11 4.31 
40 35 0.09 1.87 
Ethylene-glycol  
8.1 kPa 
12 186 0.56 4.31 
40 35 0.11 1.87 
Ethylene-glycol  
5.6 kPa 
12 186 0.19 4.31 
40 37 0.35 1.92 
 
* All values are for minimum vapour velocities of the particular fluid 
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